Modeling and Analysis of Chemical
Degradation and Gas Crossover in
Proton Exchange Membrane
Electrolyzers

Modellierung und Analyse chemischer
Degradation und des Gasdurchtritts in
Protonenaustauschmembran-
Elektrolyseuren

Von der Fakultat fiir Maschinenwesen der Rheinisch-Westfalischen
Technischen Hochschule Aachen zur Erlangung des akademischen Grades
eines Doktors der Ingenieurwissenschaften genehmigte Dissertation

vorgelegt von

Sven Michael Dorner

Berichter: Univ.-Prof. Alexander Mitsos, Ph.D.
Asst. Prof. Dr.-Ing. Dominik Bongartz

Tag der miindlichen Priifung: 22.05.2026

Diese Dissertation ist auf den Internetseiten der Universitatsbibliothek
online verfiigbar.



Titel: Modeling and Analysis of Chemical Degradation and Gas Crossover
in Proton Exchange Membrane Electrolyzers

Autor: Sven Michael Dorner

Reihe: Aachener Verfahrenstechnik Series
AVT.SVT - Process Systems Engineering
Band 46 (2026)

Herausgeber: Aachener Verfahrenstechnik
Forckenbeckstrafie 51
52074 Aachen
Tel.: 449 (0)241 80 97717
Fax.: +49 (0)241 80 92326
E-Mail: secretary.svt@avt.rwth-aachen.de
https://www.avt.rwth-aachen.de

Volltext verfiighar: https://doi.org/RWTH-2026-05728


https://doi.org/RWTH-2026-05728

Vorwort

Die vorliegende Arbeit entstand im Rahmen einer Industriepromotion wéhrend meiner
Tatigkeit bei der Siemens Energy AG in Frankfurt am Main.

Mein besonderer Dank gilt zundchst meinen akademischen Betreuern, Prof. Alexander Mit-
sos, Ph. D.; und Prof. Dr.-Ing. Dominik Bongartz, die mich wahrend der gesamten Promo-
tionszeit fachlich wie auch personlich in herausragender Weise begleitet haben. Thre wis-
senschaftlichen Anregungen, ihre konstruktive Kritik sowie ihr Vertrauen haben wesentlich
zum Gelingen dieser Arbeit beigetragen.

Ebenso danke ich meinen Betreuern bei Siemens Energy, insbesondere Dr. Riidiger Schnei-
der und Dr. Markus Kinzl, fiir die kontinuierliche Unterstiitzung, die wertvollen fachlichen
Diskussionen und die Moglichkeit, diese Arbeit in einem industriellen Umfeld mit hoher
praktischer Relevanz durchfithren zu konnen. Mein Dank gilt zudem meinen Kollegen
Dr. Henning Schramm und Dr. Ralf Joh fiir die angenehme Zusammenarbeit, den fach-
lichen Austausch und ihre Unterstiitzung im Arbeitsalltag.

Weiterhin mochte ich mich bei meinen Abschlussarbeitern bedanken, insbesondere bei Jo-
hannes Paduch und Pitt Lucht, fiir ihre engagierte Mitarbeit und die konstruktive Zusam-
menarbeit.

Der grofite Dank gilt meiner Familie fiir ihre bedingungslose Unterstiitzung und ihren
Riickhalt iiber all die Jahre. Mein besonderer Dank gilt meinen Eltern Susanne und
Michael Dorner sowie meiner Frau Anna Dorner fiir ihre Geduld, ihr Verstdndnis und
ihre stetige Ermutigung. Ebenso danke ich unserer Tochter Eliana Dorner, die diese Zeit
auf ihre ganz eigene Weise bereichert hat.

Diisseldorf, Januar 2026 Sven Michael Dorner

III






Contents

Kurzfassung

Summary

Publications and Copyrights

1.

Introduction

1.1. Chemical Membrane Degradation
1.2. Gas Crossover
1.3. Iron Contamination and Ion Exchange
1.4. Objective and Structure of this Thesis

Chemical Degradation Mechanisms in PEM Electrolyzers

2.1.

2.3.

Introduction
2.2. Model Description
Hydrogen Peroxide Formation . . . . . . . ... ... ... ....
Oxygen Crossover . . . . . . . . . v v v v i it i
Degradation Mechanism . . . . . .. ... ... ... .......
Water Flow . . . . . . . . .. ..
Pseudo-Steady State Approach . . . . . . ... ... ... .. ..
Fluoride Release Rate & Parameter Estimation . . . . . ... ..
Results & Discussion
Parameter Estimation & Validation . . . . . . .. ... ... ...
Analysis of Current Density and Water Flow Impact on FRR . . . .
Influence of Pressure on the FRR . . . . ... ... ... ... ..
Time-Dependent FRR Simulations at Various Current Densities . .
Lifetime Estimation of PEM . . . . . . . ... .. ... ... ...
2.4. Conclusion

2.2.1.
2.2.2.
2.2.3.
2.2.4.
2.2.5.
2.2.6.

2.3.1.
2.3.2.
2.3.3.
2.3.4.
2.3.5.

Crossover Phenomena in PEM Electrolyzers

3.1.
3.2.
3.3.

3.4.

Introduction
Experimental Setup
Gas Crossover Models: Literature and New Approach
Cathode Compartment . . . . . . . . ... ... ... .......
Anode Compartment . . . . . . . . .. ... ...
Crossover Models . . . . . . . ... .. ... .. .. ... ...
Implementation . . . . . . .. .. ...
Results & Discussion
Validation and Parameter Estimation . . . . . . . ... ... ...
Parameter Study . . . . .. ... ..o
3.5. Conclusion & Outlook

3.3.1.
3.3.2.
3.3.3.
3.3.4.

3.4.1.
3.4.2.

Xl

X1l

W N DN = -t

co ot

10
11
11
12
13
13
15
17
19
20
21

23
23
24
26
27
29
29
34
34
34
39
43



Contents

4. Multi-Species lon Exchange Modeling for Iron Removal
4.1. Introduction . . . . . . . .. ...
4.2. Model Description . . . . . .. ...

4.2.1. Modeling of the Iron Ion Source in Electrolyzers
4.2.2. Modeling of the Ion Exchange Bed . . . . . ..
4.2.3. Model Implementation and Discretization . . .
4.3. Experiments and Parameter Fitting . . . . . . . . ...
4.3.1. Equilibrium Experiments . . . . . . . .. .. ..
4.3.2. Continuous Experiments and Parameter Fitting
4.4. Sensitivity Analysis and Long-Term Performance . . .
4.4.1. Simulation of Breakthrough Curves . . . . . . .

4.4.2. Sensitivity Analysis for Ion Removal in the Electrolyzer System

4.4.3. Simulation of Long-Term Ion Exchange . . . . .
4.5. Conclusion & Outlook . . . . .. ... ... ... ...

5. Conclusion and Outlook

5.1. Conclusion . . . . . . . . ..
5.2. Outlook . . . . . . . ..,

Appendix

A.  Chemical Degradation Mechanisms in PEM Electrolyzers . . . . . . . . ..

B. Crossover Phenomena in PEM Electrolyzers . . . . . .
C. Multi-Species lon Exchange Modeling for Iron Removal

Bibliography

VI

45
45
48
49
20
o4
o6
26
58
61
62
65
68
71

75
I6)
76

79
79
82
83

85



VII






Kurzfassung

Die vorliegende Arbeit untersucht die Leistungsfahigkeit und Langzeitstabilitét
von Protonenaustauschmembran-FElektrolyseuren (PEM-Elektrolyseuren), einer
Schliisseltechnologie fiir die nachhaltige Wasserstofferzeugung. PEM-Elektrolyseure
zeichnen sich durch hohe Effizienz, schnelle Dynamik und einen kompakten Systemaufbau
aus und gelten daher als vielversprechend fiir die Integration in zukiinftige Energiesysteme.
Ihre breite industrielle Anwendung wird jedoch durch hohe Systemkosten, betriebliche Un-
sicherheiten und eine begrenzte Langzeitstabilitit erschwert, wobei Degradationsprozesse
eine zentrale Rolle spielen.

Ziel dieser Dissertation ist es, das mechanistische Versténdnis der chemischen, transport-
bedingten und verunreinigungsinduzierten Prozesse zu vertiefen, die die Degradation von
PEM-Elektrolyseuren bestimmen. Zu diesem Zweck werden drei komplementédre Model-
le in Kombination mit experimenteller Validierung eingesetzt: (i) ein dynamisches Mo-
dell der chemischen Membrandegradation, (ii) ein experimentell validiertes Modell fiir
den Wasserstoff- und Sauerstoffdurchtritt durch die Membran unter industriell relevanten
Driicken sowie (iii) ein Mehrkomponenten-Ionenaustauschmodell zur Modellierung der Ent-
fernung geloster Eisenverunreinigungen. Aus den Ergebnissen ergibt sich eine konsistente
mechanistische Interpretation, nach der der Sauerstoffdurchtritt die Bildung von Wasser-
stoffperoxid und radikalischen Spezies beeinflusst, der Eiseneintrag die chemische Mem-
brandegradation iiber Fenton-Reaktionen verstédrkt und der Ionenaustausch diese durch
Begrenzung katalytisch aktiver Verunreinigungen mitigiert.

Die chemische Membrandegradation wird mithilfe eines dynamischen, ortsgemittelten Mo-
dells untersucht, das das Reaktionsnetzwerk hydroxylischer Radikale, Peroxidbildungspro-
zesse sowie eine semi-empirische Beschreibung des Sauerstoffdurchtritts kombiniert. Das
Modell reproduziert experimentell beobachtete Fluoridfreisetzungsraten und charakteristi-
sche Degradationstrends, wie ein Maximum bei mittleren Stromdichten, und quantifiziert
den Einfluss von Betriebsparametern wie Druck und Stromdichte. Zur Erweiterung der
Datenbasis fiir Gasdurchtrittsmodelle werden grofiskalige Messungen des Wasserstoff- und
Sauerstoffdurchtritts an einem sechszelligen PEM-Elektrolyseur bei 60°C und Driicken
bis 8,5 bar durchgefiihrt. Die Ergebnisse zeigen eine nichtlineare Abhéngigkeit des Sauer-
stoffdurchtritts vom Druck, die mit bestehenden Modellen nicht erfasst werden kann und
zur Entwicklung eines modifizierten Ansatzes mit stromdichteabhingiger Uberséttigung
und elektroosmotischem Schleppeffekt fithrt. Ergédnzend wird ein rdumlich aufgelostes
Mehrkomponenten-lonenaustauschmodell entwickelt, das die konkurrierende Adsorption
von Fe?"- und Fe3*-Tonen im Prozesswasser beschreibt, auf einer erweiterten Langmuir-
Formulierung basiert und Einblicke in Verunreinigungsdynamik und Minderungsstrategien
liefert.

Insgesamt tragen die entwickelten Modelle und experimentellen Ergebnisse zu einem ver-
tieften Verstdndnis degradationsrelevanter Prozesse in PEM-Elektrolyseuren bei, wobei die
drei Beitrage komplementére Aspekte der chemischen Membranalterung adressieren.
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Summary

This thesis investigates the performance and long-term durability of Proton Exchange
Membrane (PEM) electrolyzers, a key technology for sustainable hydrogen production.
PEM electrolyzers offer high efficiency, fast dynamic response, and compact system design,
making them promising candidates for large-scale integration into future energy systems;
their widespread deployment, however, is challenged by high system costs, operational
uncertainties, and limited long-term durability, with degradation phenomena playing a
central role.

The objective of this dissertation is to advance the mechanistic understanding of the chem-
ical, transport, and impurity-related processes that govern PEM electrolyzer degradation.
To this end, the thesis combines three complementary models with experimental validation:
(i) a dynamic model of chemical membrane degradation, (ii) an experimentally validated
model for hydrogen and oxygen gas crossover under industrially relevant pressures, and
(iii) a multi-species ion exchange model for the removal of dissolved iron impurities. Taken
together, the results support a coherent mechanistic interpretation of how oxygen crossover
influences hydrogen peroxide formation and radical chemistry, how iron ingress amplifies
chemical membrane degradation via Fenton reactions, and how ion exchange mitigates
degradation by limiting the availability of catalytic impurities.

Chemical membrane degradation is examined using a dynamic lumped model that com-
bines the hydroxyl-radical reaction network, hydrogen-peroxide formation pathways, and a
semi-empirical oxygen crossover formulation, reproducing experimentally reported fluoride
release rates and characteristic degradation trends such as a maximum at intermediate
current densities, while quantifying the influence of operating conditions such as pres-
sure and current density. To address the scarcity of high-pressure experimental data, new
measurements of hydrogen and oxygen crossover are presented for a six-cell PEM elec-
trolyzer operated at 60 °C and pressures up to 8.5 bar, revealing a nonlinear dependence
of oxygen crossover on pressure that is not captured by existing approaches and motivat-
ing a modified model incorporating current-dependent supersaturation and electro-osmotic
water drag. A modified oxygen crossover model incorporating current-dependent super-
saturation and electro-osmotic water drag is introduced and shown to provide improved
agreement with experimental results. In addition, a spatially resolved multi-species ion ex-
change model is developed to describe the competitive adsorption of Fe?* and Fe?* ions in
electrolyzer process water; the model extends multi-component Langmuir theory and cap-
tures the essential interaction between ferrous and ferric ions observed in equilibrium and
breakthrough experiments, providing insights into exchanger performance and impurity
transport dynamics.

Overall, the models and experimental results presented in this thesis contribute to a more
comprehensive understanding of degradation-relevant processes in PEM electrolyzers. The
three investigated topics are physically connected by their roles in chemical membrane ag-
ing, addressing complementary aspects of the same degradation pathway spanning trans-
port phenomena, chemical reaction mechanisms, and mitigation strategies.
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1. Introduction

Hydrogen (Hs) has emerged as a critical energy carrier in the global transition toward a
sustainable economy, primarily due to its potential to decarbonize multiple end-use sectors
and its ability to store and distribute energy flexibly [6]. Among the various technologies
for green hydrogen production, Proton Exchange Membrane (PEM) electrolyzers have
gained significant attention. These devices offer high energy efficiency, rapid response to
varying power inputs, and a compact design, making them suitable for integration with
renewable energy sources [7]. However, the widespread deployment of PEM electrolyzers
is constrained by several interrelated challenges, including high system costs, operational
complexity, and long-term durability [7]. The overall performance of a PEM electrolyzer
is typically assessed in terms of its energy efficiency, its durability over the targeted life-
time, and the resulting hydrogen production cost. These metrics are affected by several
loss and degradation mechanisms, including catalyst degradation, mechanical and thermal
membrane failure, contamination, and chemical degradation of the membrane, as well as
by gas crossover. Among these, this thesis focuses on chemical membrane degradation, gas
crossover, and iron contamination, which are closely coupled and directly affect efficiency,
safety margins, and lifetime [8]. In addition to membrane degradation itself, gas crossover
phenomena and impurity-related effects play an important role in both performance losses
and degradation pathways [6].

The objective of this thesis is to enhance the understanding of chemical degradation mech-
anisms in PEM electrolyzer systems and to improve the modeling of degradation and gas
crossover phenomena under varying operating parameters. The modeling-based approach
supports the analysis of degradation-relevant mechanisms and their potential mitigation.
The models are then used to analyze and identify favorable operating regimes. By tackling
these interrelated issues, this work provides guidance relevant to the efficiency, longevity,
and overall performance of PEM electrolyzers.

1.1. Chemical Membrane Degradation

Chemical membrane degradation denotes the irreversible chemical attack on the perfluoro-
sulfonic acid (PFSA) polymer by reactive oxygen species, in particular hydroxyl radicals.
These radicals cleave the polymer side chains and backbone, causing fluoride release, mem-
brane thinning, and loss of mechanical and ionic integrity, ultimately leading to pinhole
formation and failure. The performance of PEM electrolyzers is highly dependent on
the integrity of the polymer electrolyte membrane. Chemical degradation poses a signifi-
cant threat to membrane structure, leading to reduced efficiency, increased gas crossover,
and shortened operational lifespan [9, 10]. Factors contributing to this degradation in-
clude temperature, oxygen (Oy) crossover, and the transport of ferrous ions (Fe?*) from
corroding iron-containing components within the electrolyzer [11]. A major mechanism
driving chemical degradation is the formation of hydrogen peroxide and radical species
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via Fenton-type reactions, which exacerbates membrane deterioration and increases the
electrical resistance of the membrane [9]. In addition, elevated gas crossover can reduce
hydrogen production efficiency and pose safety risks due to the formation of explosive gas
mixtures, particularly under pressurized operation [12].

Understanding these degradation mechanisms is crucial for developing accurate predictive
models. Initial models in the literature focused on fuel cells, considering fundamental
kinetic mechanisms and transport phenomena. For example, Shah et al. developed a time-
dependent 1D fuel cell model that included kinetic degradation mechanisms and transport
phenomena, providing insights into diffusion within the material [13]. Gubler et al. ex-
tended this approach by designing a 0D chemical degradation model that described the
formation and consumption of radical intermediates [9]. Further advancements were made
by Ghelichi et al., who discretized the Nafion membrane structure, offering deeper insights
into degradation processes [14].

In the context of PEM electrolyzers, Chandesris et al. developed a 1D model that incor-
porated temperature and current density effects, highlighting operational conditions that
accelerate degradation [11]. Frensch et al. expanded this model by including additional
reaction pathways, validating it with experimental data, and emphasizing the impact of
iron ions and hydrogen peroxide on fluoride emissions [15]. However, these models ei-
ther address fuel cells rather than electrolyzers, are restricted to steady state, or neglect
key operating parameters such as pressure and the dynamic, time-dependent evolution
of degradation. A dynamic, electrolyzer-specific cell-level model linking these operating
parameters to the degradation rate is therefore still missing.

1.2. Gas Crossover

Accurate modeling of gas crossover is crucial for optimizing electrolyzer performance and
avoiding the risk of explosive gas mixtures. Various models have been developed to address
fundamental phenomena, such as those by Choi et al. [16], which focused on basic gas
and water crossover mechanisms, and by Ito et al. [17], which introduced solubility and
diffusion coefficients to calculate permeability. Schalenbach et al. [12] employed Fick’s law
to establish crossover rates, fitting hydrogen diffusion coefficients to experimental data,
while Trinke et al. [18] extended these models to include supersaturation effects. Further
studies by Afshari et al. [19] and Omrani et al. [20] explored the impact of various operating
conditions on crossover, but lacked large-scale experimental validation.

Recognizing these gaps, this thesis adapts and extends an established supersaturation-
based hydrogen crossover model to describe oxygen crossover and validates it through
large-scale experiments to bridge the gap between theoretical models and practical appli-
cations [18].

1.3. Iron Contamination and lon Exchange

Ion exchange systems can significantly mitigate membrane degradation by effectively re-
moving Fe ions from process water. Initial models focused on single-ion removal, but Melis
et al. [21] developed a competitive adsorption model for multiple species. Van Assche et
al. [22] further refined this approach by considering the size of adsorbent molecules. How-
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ever, these models have not been tailored specifically for PEM electrolyzers. This thesis
addresses this gap by developing a comprehensive ion exchange model for PEM electrolyz-
ers, predicting competitive adsorption of Fe?t and Fe?" ions, and solving mass balances
dynamically. The model is discretized along its length to account for spatial distribution in
the ion exchanger, and validated against laboratory experiments to provide critical insights
for designing and operating ion exchange systems that mitigate membrane degradation and
enhance performance.

1.4. Objective and Structure of this Thesis

This dissertation is structured as follows. Chapter 2 investigates the chemical degrada-
tion of the polymer electrolyte membrane in PEM electrolyzers by developing a dynamic,
lumped model that captures radical-driven degradation mechanisms and their dependence
on operating conditions. Chapter 3 focuses on hydrogen and oxygen crossover across the
membrane, combining experimental measurements under industrially-relevant pressures
with the evaluation and refinement of existing crossover models. Chapter 4 addresses the
role of metal-ion impurities by developing a dynamic multi-species ion exchange model for
the removal of dissolved iron ions from the electrolyzer process water. Finally, Chapter
5 summarizes the main findings of the dissertation and discusses their implications and
limitations, as well as directions for future research.

To provide an overview of the physical context of the investigated phenomena, Figure 1.1
illustrates a schematic PEM electrolyzer and highlights the specific components and trans-
port pathways addressed by the modeling approaches developed in this dissertation. The
figure indicates where the phenomena addressed in this dissertation are located within the
electrolyzer: chemical membrane degradation (Chapter 2) and gas crossover (Chapter 3)
both occur within and across the membrane and are therefore closely related, while ion
exchange (Chapter 4) takes place in a distinct domain, the anode water circuit.
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Chapter 4: Multi-Species lon Exchange Chapter 3: Crossover Phenomena in PEM
Modeling for Iron Removal Electrolyzers
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Figure 1.1.: Schematic representation of a PEM electrolyzer indicating the physical domains
addressed by the modeling approaches developed in this dissertation. Chapter 2 focuses on
chemical membrane degradation processes within the membrane and catalyst layers. Chapter 3
addresses hydrogen and oxygen crossover across the membrane between anode and cathode
compartments. Chapter 4 investigates ion exchange systems integrated into the anode stream
for the removal of dissolved iron impurities.



2. Chemical Degradation Mechanisms
in PEM Electrolyzers

2.1. Introduction

Following the motivation and scope outlined in Chapter 1, this chapter focuses on chemical
degradation of the polymer electrolyte membrane as a key durability limitation in PEM
electrolyzers. Chemical membrane degradation is a dynamic process that evolves over the
lifetime of an electrolyzer and can ultimately lead to irreversible loss of membrane func-
tion [23]. In the present work, we restrict the scope to chemical degradation. Under the
fully hydrated, high-potential conditions of PEM electrolyzers, radical-induced chemical
attack on the membrane is a particularly relevant degradation pathway, whereas mechani-
cal and thermal degradation are governed by different driving forces and require separate,
specialized model formulations [24]. The chapter develops a dynamic model-based descrip-
tion of the degradation mechanism and uses it to analyze operating-condition effects on
the fluoride release rate (FRR) and membrane lifetime.

Chemical membrane degradation is mainly affected by (i) temperature, (iz) oxygen (O,)
crossover from the anode to the cathode side, and (i) the flux of ferrous ions (Fe*")
from corroding cell and balance-of-plant components into the membrane [11]. Oxygen
crossover causes hydrogen peroxide (HyOz) formation at the cathode catalyst layer. HyOq
diffuses into the membrane and forms radicals that degrade the polymer. This mechanism,
known as the Fenton reaction, is accelerated by Fe?'. These radicals attack the side
chains and backbone of the PFSA polymer, causing chain scission and fluoride release.
This progressively thins the membrane, raises gas crossover and ohmic resistance, and
can ultimately lead to pinhole formation and membrane failure. Thus, the diffusion of
H,0, and the influx of Fe?* collectively contribute to membrane degradation and limit the
lifetime of PEM electrolyzers [24].

The desire to increase electrolyzer lifetime motivates the prediction of operating-condition
effects on chemical membrane degradation and an improved understanding of the under-
lying mechanism. Several previous works have taken a model-based approach to analyze
degradation, using the fluoride release rate (FRR) as an indicator. These models range
from fundamental kinetic models, which provide a microscopic view of degradation reac-
tions, to cell-level models, which combine kinetics with species transport and provide a
macroscopic view.

The scientific community initially focused on fuel cell models. Shah et al. [13] developed a
1D time-dependent fuel cell model incorporating transport phenomena, H,Oy formation,
and radical generation. The model includes side-chain cleavage and backbone unzipping
as degradation pathways and considers three reaction domains: anode, cathode, and mem-
brane.

Building on Shah et al., Gubler et al. [9] developed a 0D (lumped) fuel cell degradation
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model that includes a more detailed radical mechanism. In contrast to the three-domain
structure of Shah et al., all reactions take place in the membrane. Gubler et al. report a
hydroxyl radical (*OH) formation rate five orders of magnitude lower than that of Shah et
al. and attribute this to different assumptions regarding the Fe*™ /Fe3" ratio.

Ghelichi et al. [14] introduced a more detailed PFSA degradation approach by dividing
the membrane structure into headgroup, trunk, and backbone segments and modeling the
degradation of each. This approach improved the mechanistic understanding of membrane
degradation. Coms [25] proposed a fuel cell degradation model focusing on sulfonyl radical
formation via peroxide intermediates, which dominates under dry, low-humidity fuel cell
conditions.

While fuel cell models provide valuable insights, PEM electrolyzers operate under fully
hydrated conditions and at higher potentials [6, 26]. These conditions suppress sulfonyl-
radical formation and increase hydroxyl radical formation [27], leading to degradation
pathways that differ from fuel cells and require dedicated electrolyzer-specific models.
Frithwirt et al. [28] recently presented the most comprehensive lumped kinetic PFSA degra-
dation model to date, combining 23 reactions into a complete cause-and-effect chain. Their
model simulates PFSA degradation over time using FRR as an indicator and shows good
agreement with experimental data. Importantly, the model of Frithwirt et al. emphasizes
the role of hydroxyl radicals , which are more relevant under the fully hydrated and high-
potential conditions typical of PEM electrolyzers, making this model the most suitable
basis for our study.

Chandesris et al. [11] developed a 1D PEM electrolyzer model incorporating chemical
degradation based on the Gubler kinetics and an Oy crossover and H,O, formation mecha-
nism, considering the cathode catalyst layer as only reaction domain. Their simulated FRR
showed good agreement with experimental data. Frensch et al. [15] extended this model
with additional reactions and experiments, confirming that FRR is strongly influenced by
Fe?™ and H,O, concentrations.

In summary, existing PEM electrolyzer cell-level models build upon chemical degradation
mechanisms and combine them with transport phenomena, but they do not account for the
dynamic PFSA degradation process as in the model of Frithwirt et al. [28] or incorporate
the influence of pressure on degradation, except in the conference contribution by Eckert
et al. [29]. Furthermore, previous PEM electrolyzer models assume that all reactions occur
in the cathode catalyst layer, whereas the latest kinetic degradation models are formulated
for the membrane domain.

To bridge this gap, we propose a dynamic lumped cell-level model of chemical membrane
degradation in PEM electrolyzers. We incorporate the dynamic PFSA degradation mech-
anism of Frithwirt et al. [28] and investigate key parameters that influence degradation,
including pressure. The model includes two reaction domains: the membrane, where degra-
dation occurs, and the cathode catalyst layer, where HyO4 is formed. Because chemical
membrane degradation exhibits a long quasi-steady-state phase and experimental data of-
ten come from this regime, we employ a pseudo-steady-state approach (PSSA) to facilitate
parameter estimation. This approach is also used to analyze the influence of current den-
sity and water flow on the FRR, while time-dependent simulations are used to study the
full degradation dynamics.

The remainder of this chapter is structured as follows: First, the model is described in
detail, including all equations. Then the results are discussed, starting with parameter
estimation and validation, followed by the influence of current density, water flow, and
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pressure on FRR, the time-dependent FRR simulations, and the lifetime estimation. Fi-
nally, conclusions and potential future work are presented.
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2.2. Model Description

In the following, we describe the proposed dynamic lumped cell-level model, which com-
bines three literature models. The proposed model is implemented with Aspen Custom
Modeler (AspenTech, Version 14.3), and all equations and parameters (see Table 2) are
explained below. Aspen Custom Modeler was chosen because it allows the formulation
of stiff DAE systems with user-defined reaction networks and supports both steady-state
and fully dynamic simulations in one environment, which is required for the combination
of PSSA-based parameter estimation and long-term degradation simulations in this work.
Aspen Properties was not used; instead, all thermophysical parameters (such as densities,
solubilities, and humidification-dependent proton concentration) were taken directly from
the literature and are listed with their sources in Tables 1 and 2.

The model combines the extended kinetic reaction model proposed by Frithwirt et al. [28],
which outlines the complete time-dependent cause-and-effect chain of membrane degra-
dation, with the HoOy formation mechanism from the work of Chandesris et al. [11] and
the oxygen crossover mechanism from the work of Trinke et al. [30]. The original reac-
tion model proposed by Frithwirt et al. was formulated for a batch experiment, where
degradation of a piece of membrane material in a beaker cell was investigated. For the
present work, we adapt it to a cell-level model of an electrolysis cell that includes the
transport of water across the membrane. This inclusion is important because it accounts
for the washout of reaction products, ions, and reactants. In addition, the model is fur-
ther enhanced by integrating a semi-empirical oxygen crossover model developed by Trinke
et al. [30] that accounts for two key operating parameters: pressure and current density.
These parameters significantly affect the oxygen crossover rate, which in turn affects the
production rate of HyOs, and thus the overall degradation process.

A schematic representation of the dynamic lumped cell-level model developed in this work
is given as an overview in Figure 2.1. The model considers two reaction systems: the
membrane and the cathode catalyst layer, both modeled as concentrated systems.

In the cathode catalyst layer, only the formation of HyOs is considered, under the as-
sumption that it diffuses into the membrane and is involved in reactions to form radicals.
Although radicals may be also formed at the catalyst, they are expected to have such short
lifetimes that the diffusion length is much smaller than the thickness of the membrane.
This assumption is largely supported by the results shown by Gubler et al. [9]. It is as-
sumed that all of the Oy transported from the membrane to the cathode catalyst layer is
entirely converted to HyOs, since this is the dominant reaction pathway in the catalyst
and the formation of water can be neglected (as shown below). It is also assumed that all
the HyO, produced in the catalyst layer is completely transferred to the membrane. This
is a conservative assumption, since in reality there will be less HyO5 inside the membrane
causing chemical degradation.

In the membrane, the entire degradation mechanism of Frithwirt et al. [28] is considered.
In addition, the washout of ions and degradation products by the transfer water flow from
the anode to the cathode is included. However, the primary membrane components, such
as sulfonic acid headgroups (-SO3H), side chains, and backbone structure, are not washed
out due to their size and interconnection (as shown below). In the following, we describe
the occurring reactions and transport processes in more detail.
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Figure 2.1.: Schematic of the PEM electrolyzer membrane degradation model. The reactions
occur in two reaction systems (cathode catalyst and membrane). The species H™ and O, are
transported from the anode to the cathode catalyst and Fe®" is transported from the GDL to
the membrane. The formed H,O, is transported from the cathode catalyst to the membrane.
The reaction products inside the membrane are washed out towards the GDL by H,O that flows
from the anode through both reaction systems to the GDL.

2.2.1. Hydrogen Peroxide Formation

The model of hydrogen peroxide formation is based on the work of Chandesris et al. [11].
At the cathode catalyst layer, HyOy is formed through the 2-electron oxygen reduction
reaction (ORR)

Oy +2H" +2e” —— H50,. (2.1)

The potential on the cathode side is low, more specifically negative compared to the stan-
dard hydrogen electrode (SHE). Under these conditions, Reaction (2.1) becomes dominant
over the 4-electron ORR

Oy +4H" +4e” — 2H,0, (2.2)

and thus the latter can generally be neglected [11].

The electrochemical reaction rate of HyOs is calculated based on third-order kinetics [11]:
Ru,0, = k1 co, 02H+. The concentration in the ionomer phase of the catalyst cy+ is a result
of the membrane properties:

P + 32.4 A
(1+0.0648 \) EW,’

CH+ = (23)
where p,, is the density of the PFSA membrane and EW, the equivalent weight. The
proton concentration cy+ depends on the degree of humidification A of the membrane [31].
The rate constant k; related to the 2-electron ORR (2.1), which is defined per unit of the
electrochemically active surface area, is given by the following equation [11]:

—AH — F
ki1 = kg exp (R—TH_,202) exXp (Oég;%n%) ) (24)

where ag,0, is the transfer coefficient and 79, the cathodic overpotential, with the equi-
librium potential set to be 0.695 V compared to the SHE. The activation energy for the



2. Chemical Degradation Mechanisms in PEM Electrolyzers

electrochemical reaction is denoted as AHp,0,. The pre-exponential factor ky is taken
from the work of Sethuraman et al. [32].

Given the reaction rate per electrochemical surface area, Ry,0,, the formation rate of H,O4
Ruy04 7o

per volume of the catalyst is computed as r; = , Wwhere v¢ is the rugosity of the

dcat alyst

cathode electrode and deatalyst the thickness of the cathode catalyst layer [11].

2.2.2. Oxygen Crossover

Trinke et al. [30] formulated a semi-empiric equation for oxygen crossover that considers a
supersaturation effect of Oy at the anode side. It computes the O, flux at the membrane-
cathode interface as
ndrag ? péQ SOZ Ssat
qO5,mem = F pi,0 ) (25)
Mm,0

where n4yag is the drag coefficient, i the current density and péz the partial pressure of Og
at the anode. Sp, is the O4 solubility in water and s, the supersaturation factor.

Here, the original crossover correlation of Trinke et al. [30] is used; an improved oxygen
crossover model, validated against large-scale high-pressure experiments, is developed in
Chapter 3.

2.2.3. Degradation Mechanism

In the degradation process of PFSA membranes, radicals target multiple structural points:
Carboxylic acid (~COOH) end groups and tertiary carbons within the main chain, sulfonic
acid headgroups (-SO3H), ether groups and tertiary carbons within the side chain [33].
The complete main- and side-chain degradation mechanism is implemented as described
by Frithwirt et al. [28] in Table 1. The reaction rates r; are calculated using the equations
described in Table 1 with Arrhenius-type temperature dependence for the reaction rate
coefficient k;:

k; = A; ex (—%) (2.6)

(A 1 p R T ) °

where the parameters A; and E,; are given in Table 1 and were determined experimentally
by several authors and collected by Frithwirt et al. [28].
To calculate the concentration of species j in the membrane, the following general approach
is used:

de; j,in j.out
dt Z(Vjﬂ Tl) —"_ dmembrane dmembrane’ <27)
where v;; is the stoichiometric factor, dmembrane the thickness of the membrane, and g¢; i,
and gjoue describe species entering and leaving the membrane, respectively. The only two
species that enter the membrane and take part in the reactions there, in accordance with
our assumptions, are Fe?" and H,0,, so ¢j,in 1s non-zero for these species (see Figure 2.1).
To calculate gp,0,,n, the HyO9 formation rate r; in the cathode catalyst is multiplied
with the catalyst thickness dcatalyst, Whereas gpe2+ 5, is used as fitting parameter (as shown

below). The outgoing molar fluxes ¢; out are due to washout and are calculated as

qj,out = Cj VH,0, (28)

10
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where vp,0 is the velocity of the water flowing from the anode to the cathode. The side
chain and backbone structures of the membrane (-SO3H, SC-O® and BB-O°) are linked
together and therefore do not go with the water, but their degradation products do.

This approach, derived from Chandesris et al. [11], simplifies the behavior of water and
species within the membrane, treating water similarly to bulk water in terms of solvation
and ion transport under the highly hydrated conditions typical of PEM electrolyzers.
Equation (2.8) reflects this simplification, consistent with Chandesris et al.’s model. Al-
though water in the membrane acts more as a solute in the ionomer phase, and a full
phase equilibrium for all species isn’t modeled due to a lack of specific data, this approach
effectively captures the essential aspects of membrane degradation under the operational
conditions of PEM electrolyzers.

We note that membrane proton conductivity is not part of the present model formulation,
as no cell voltage or ohmic-loss model is included; the time evolution of SO3H groups is
therefore used exclusively within the chemical degradation mechanism.

2.2.4. Water Flow

In the model, temperature and pressure are spatially uniform and the water supply to
both half-cell chambers is equal, with electro-osmosis being the primary factor in water
transport across the membrane: The movement of H' ions from the anode to the cathode
results in the “dragging” of multiple water molecules. As water is consumed on the anode
side, a gradient could be developed that leads to back diffusion of water from the cathode
to the anode side as an opposing effect. The combination of both effects leads to the
volumetric flow rate Qf,o of the transfer water, which is calculated by using a semi-
empirical formulation derived by Chandesris et al. [11]:

1
Qzﬁgo = <_O-322 log (m) + 5.59> tho, (2.9)

where Qf, is the volumetric flow rate of the water consumed in the reaction to Hy and

02:

My,01 A
= —————— 2.10
Firo 2 F pu,o (2.10)
The velocity vy,o is derived from the net flow of water through the membrane:
Qlo

It is important to note that no pressure-driven water transport term is included. In the
present model, both half-cell chambers are operated at equal pressure, and therefore no
trans-membrane pressure difference exists that could induce additional water flux. As a
result, the transferred water flow varies only through its dependence on current density
via the empirical correlation of Chandesris et al. [11], which captures the combined effects
of electro-osmotic drag and back-diffusion under electrolyzer operating conditions.

2.2.5. Pseudo-Steady State Approach

After setting up the model, we use the PSSA to make parameter estimation and validation
with experimental steady-state data points more computationally tractable.

11
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Our results of the time-dependent simulations show that there is a long plateau period of
the FRR (see Figure 2.2). The motivation for PSSA is that (a) we suspect that experi-
mental data of Chandesris et al. [11] is conducted during this plateau period or close to
it, since the largest increase in FRR is during the first 200-300 hours of the simulation,
and (b) that with PSSA we can introduce a (pseudo-)steady state for the FRR in the
plateau region, which can then be conveniently be located via the steady-state mode of
Aspen Custom Modeler. Consequently, by capturing this pseudo-steady state behavior -
where the FRR levels off without being affected by the whole depletion of the membrane
structure - we enable application of the parameter estimation algorithm in steady-state
mode to fit the model to experimental data.

To capture the plateau regime without long transients during parameter estimation, we
enforce PSSA by treating the rate of the first reaction step in the degradation mechanism
as a constant during the steady-state fitting runs. This first reaction step is Reaction 14
in Table 1, which describes the attack of *OH radicals on the SC-SO3H headgroup. It
represents the initiation of the degradation chain and is comparatively slow, and therefore
governs the build-up of downstream intermediates. For the steady-state fitting runs, only
the rate of Reaction 14 is held constant; all other reactions, species balances, and washout
terms remain fully dynamic.

This produces a (pseudo-)steady FRR near the plateau while all downstream reactions
and washout terms remain active. Consequently, the long plateau observed in the dynamic
model is represented as a steady state close to its maximum, which is suitable for parameter
estimation with steady-state experimental data (see Figures 2.2 and 2.7).

By using PSSA, we are able to run simulations in Aspen Custom Modeler’s steady-state
mode, so we can vary certain parameters such as pressure or water flow rate and compare
the results (as shown below). However, we do not use the PSSA for time-dependent
simulations. For these simulations, we use the model without the PSSA applied and run
them using the dynamic mode of Aspen Custom Modeler (as shown below). In such
simulations, the full complexity of the system, including the time-dependent consumption
of reactants, is taken into account.

2.2.6. Fluoride Release Rate & Parameter Estimation

The resulting FRR (Rpgrr), which is a measure of the intensity of degradation, can be
determined by summing the fluoride formation rates of the individual reactions (cf. Table 1,
R 15 - 23) and then multiplying this aggregated rate by the membrane thickness dyemprane-
The FRR is fitted to the experimental data of Chandesris et al. [11] by using the Aspen
Custom Modeler least squares algorithm. In line with other literature, the Fe*™ flux Qe+ in
is taken as the fitting parameter, since experimentally determined literature values for this
flux are inconsistent or not available [15].

Chandesris et al. [11] proposed three source term models for the Fe’* flux: constant
flux, current-density dependent flux and temperature-dependent flux. The current-density
dependent model deviated from the experimental data, unlike the other two, as confirmed
by the simulations in this work.

Consistent with previous PEM electrolyzer degradation models [11, 15], we fit a constant
Fe?* source term (gp2+;,). In a lumped (0D) formulation, FRR is governed by Fe*"
availability rather than its net direction of ingress, so we do not analyze directionality
further.

12
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2.3. Results & Discussion

2.3.1. Parameter Estimation & Validation

In this subsection, we focus on the parameter estimation and validation of the dynamic
lumped cell-level model of chemical membrane degradation. First, the use of the PSSA
is motivated. Then the model is used for the parameter estimation. The estimation
aims to align the FRR (Rpgrgr) simulation results with the experimental data presented by
Chandesris et al. [11]. Table 2 details the parameter values used for the model, including
the estimated parameter value gge2+ ;. This estimated value is subsequently set as a
parameter for all succeeding simulations.
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Figure 2.2.: Time-dependent evolution of (-SO3H) headgroup concentration without PSSA
applied and comparison of FRR with (Rgrr PSSA) and without PSSA (Rerr) applied over
operating hours. The FRR increases sharply at the beginning and develops a long plateau
for several thousand hours for both simulations before the FRR drops sharply to zero for the
simulation without PSSA. With PSSA, the FRR reaches a steady state that closely approximates
the plateau.

In the simulation without the application of PSSA, the initial reactant (-SO3H) experiences
a steady decrease over time, while the FRR approaches its maximum within the first
quarter of the total run time (see Figure 2.2). For instance, over the first 1000 operational
hours, the (-SO3H) concentration reduces from 1.81 to 1.51 mol L™, while the FRR shows
a steep increase from 0 to 0.4 pgem=2h~!. Over the next approximately 10500 operational
hours, the FRR concentration remains relatively constant, despite a gradual decrease in
the (-SO3H) headgroup concentration. This constant level of FRR is maintained until all
(-SO3H) and its subsequent products are exhausted, at which point there is a rapid drop
in the FRR concentration to zero.

In comparison, in the simulation with the application of PSSA, the initial reactant (-SO3H)
is constant and does not change its value, whereas the FRR approaches its maximum within
the first quarter of the total run time (see Figure 2.2) similar to the other simulation. The
difference is that the FRR levels off and reaches a steady state, without a rapid drop in
the FRR concentration to zero.

13
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When the two simulations are compared, the maximum values of both simulations are close
to each other (see Figure 2.2), so the error introduced by this approximation is small and
justifies the use of the PSSA. Since we suspect the experimental FRR data comes from
or near this plateau period, we use the PSSA to fit our model and to characterize what
happens for the longest period of degradation.

Using the PSSA, the simulated (pseudo-)steady state FRR is fitted to the available (pseudo-
)steady state experimental data points, which represent average FRR values over a range
of time intervals. In the model, gg.+ ;, is the only fitting parameter (as shown above).
The parameter estimation simulation results shown in Figure 2.3a were obtained using the
PSSA integrated model adjusted to a cell temperature of 333 K, which is consistent with
the experimental data and is a practical operating temperature. Additionally, we validated
our model at a higher temperature of 353 K, as shown in Figure 2.3b, to compare its
performance with the experimental data and simulation results from Chandesris et al. [11].
The root mean square (RMS) error at 333 K at the optimal solution is 0.1 pgecm=2h=1.

Fluoride Release Rate at 333 K Fluoride Release Rate at 353K
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Figure 2.3.: Comparison of fitted model output with experimental and simulation results from
Chandesris et al. [11] at different temperatures: (a) 333 K and (b) 353 K. The Fe®" flux
was used as a fitting parameter to achieve a reasonable agreement between the model and the
experimental data.

Starting at a current density of 0 A cm~2, the degradation rate increases from low current
density up to a peak near 0.3 A cm~2, then decreases more gradually. The fitted model
accurately reflects this qualitative behavior of the FRR. Compared to the simulation by
Chandesris et al. [11], our model achieves a closer fit to experimental data. Chandesris et
al. based their electrolyzer cell-level model on the degradation kinetics of Gubler et al. [9],
extended with Oy crossover and HyOs formation, and assumed all reactions take place in
the cathode catalyst layer. In contrast, our model embeds the more detailed hydroxyl-
radical network of Frithwirt et al. [28] directly in the membrane rather than using the
carboxylic-acid—centered scheme emphasized by Ghelichi et al. [14]. This choice reflects
fully hydrated electrolyzer conditions. By calculating the RMS error from the graphical
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results of Chandesris et al., we find their relative RMS error at 353 K to be about 0.1538,
closely matching our relative RMS error of 0.1562 at 333 K. This demonstrates that our
model’s performance at a lower, more practical temperature is comparable to their model’s
performance at a higher temperature.

2.3.2. Analysis of Current Density and Water Flow Impact on FRR

The experimental data in Figure 2.3a shows that FRR initially increases with increasing
current densities, peaking at about 0.3 A cm™2 for 333 K, and then decreases at a slower
rate. This pattern of FRR with respect to current density inspired a more in-depth analysis
to better understand the driving forces behind this unusual shape.

Chandesris et al. [11] presented a fundamental investigation of the relationship between
current density and FRR. Their work revealed the distinct nonlinear trend in FRR as a
function of current density shown in Figure 2.3a. They attributed their findings to the
interplay of various electrochemical reactions and their subsequent impact on the dynamics
of *OH in the system. Their explanation for this pattern is that it results from the balance
between reactions that generate *OH radicals and those that consume them. At very low
current densities, a reaction that consumes most of the *OH becomes dominant, resulting
in reduced fluoride release. At high current density, they suggest that the decrease in
fluoride release is due to the decrease in the molar percentage of Oy and thus the HyOq
formation. However, they did not examine the potential impact of increased water flow
resulting in greater washout of radicals and reaction products, especially at higher current
densities.

Extending the basic findings of Chandesris et al, our study further examines the pattern
of the FRR curve. We focus on the influence of water flow velocity on the degradation
dynamics and the resulting washout of Fe*" ions, HyO,, and *OH. Based on our simulation
results, our interpretation is as follows: As the current density increases, the water flux
across the membrane also increases due to electro-osmotic drag. This increased water
flux concurrently leads to an increased transport of Oy molecules through the membrane.
Consequently, there is a higher production of H,O,, as shown in Figure 2.4a. The increased
concentration of HyOy in combination with Fe?T ions leads to an increased formation of
*OH radicals, which enhance membrane degradation by participating in the reactions that
degrade the membrane and release the fluoride.

However, the increased water flux at higher current density also leads to more HyO,, Fe**
and *OH being washed out of the membrane and cathode catalyst layer. This causes
the Fe*™ concentration to stabilize due to the diffusion-limited supply of Fe*" ions (see
Figure 2.4a vs. 2.4b). This limitation leads to the fact that fewer *OH radicals are formed,
and a maximum point is reached beyond which the washing out is greater than the new
formation, and thus, the *OH concentration decreases again as current density increases
further.

In summary, at higher current densities, the degradation rate decreases due to two factors:
(1) the decrease in Fe?' ion concentration due to its increased consumption and limited
supply, and (77) the increased water flow through the membrane and thus more significant
washout of Fe?" ions, HyO,, and *OH.

In order to confirm whether the washing-out of species through the increased water flux
indeed determines the observed shape of H,O, and Fe?", and *OH concentration as function
of current density, we conducted simulations in which the water flux was artificially fixed to
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a constant value (see Figures 2.4c and 2.4d). With such a constant water flux, no maximum
point of the *OH concentration is observed (see Figure 2.4d), but the concentration keeps
increasing with increasing current density. This provides further evidence that the washing
out of HyOy, Fe*™ and *OH is indeed a primary factor contributing to the decline of *OH
concentration observed in Figure 2.4b.

Overall, the reaction network in Table 1 shows distinct dominant steps depending on
operating conditions. At low current densities, reactions consuming *OH (such as R3
and R7) limit the availability of radicals, resulting in low FRR. At intermediate current
densities, the combination of elevated HyO, levels and sufficient Fe?* supply promotes
*OH formation through R1, leading to the observed FRR maximum. At higher current
densities, increasing water flux enhances the washout of HyOs, Fe?t, and *OH, while Fe?*
availability becomes diffusion-limited, which suppresses further radical formation. These
mechanistic insights suggest potential mitigation strategies such as minimizing Fe?* ingress
from hardware corrosion, reducing HyOy formation or crossover, or introducing radical
scavengers to suppress *OH generation from R1.
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of the y-axes compared to Figure 2.4a.

Figure 2.4.: PSSA simulations comparing current density dependent and fixed water flow
effects on species concentrations and FRR in the membrane.

2.3.3. Influence of Pressure on the FRR

A second factor affecting the FRR (besides the current density) is the partial pressure of
Oy in the anode chamber, which in turn is determined by the overall operating pressure.
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Existing degradation models are not suitable to investigate this aspect, since they use a
fixed HyO4 concentration or oxygen flux, thereby not incorporating the impact of changes
in Oy flux across the membrane affected by the O, partial pressure in the anode chamber.
In contrast, our model includes the oxygen crossover equation of Trinke et al. [30], which
considers the pressure as a parameter to be used in the calculation of the O, partial pressure
and is validated by experiments.

We analyzed the relationship through a series of steady-state simulations, as shown in
Figure 2.5. As discussed in the previous section, the simulation at a current density of
0.5 A cm~2 has the highest fluoride release values.
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Figure 2.5.: PSSA - Simulation of the Fluoride Release Rates by Variation of the Pressure.
Greatest degradation occurs at intermediate current densities around 0.5 A cm~2. After a steep
increase of the FRR with increasing pressure, it levels off starting at around 6 bar.

As the pressure is increased from 1 bar to 29 bar, the FRR increases steeply for all curves
up to a point where the increase in FRR slows. From the shape of the curves, it can
be concluded that pressure changes in the low-pressure range influence the evolution of
the FRR more than in the higher-pressure range. Increased pressure leads to increased
dissolution and subsequent transport of O, across the membrane to the cathode. As a
result, the rate of HyO5 formation in Reaction (2.1) is influenced by the Oy concentration at
the membrane-catalyst interface, which is directly affected by changes in pressure. Because
H50s is the primary reactant in the Fenton reaction, the concentration of HyO, affects the
degradation and, thus, the rate at which fluoride is released. However, this increase in
FRR levels off at higher pressures. This flattening effect is likely due to the Fe*™ flux
remaining unchanged despite variations in pressure, thereby limiting further increases in

FRR.
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2.3.4. Time-Dependent FRR Simulations at Various Current
Densities

To understand the dynamics of chemical membrane degradation at different operating
conditions, we conducted time-dependent simulations with our dynamic model (see Fig-
ure 2.6).

The initial 500 hours of the simulation show a rapid increase in the FRR for all applied
current densities, with the maximum rate being highest at intermediate current densities
(0.5A cm™2), consistent with the previous section observation. Between 500 and 1000
hours, the FRR increase slows down and finally becomes approximately constant after
4500 hours. The slopes of the curves are steeper at intermediate current densities and
gradually decrease as they approach the maximum value.

Each curve reaches a plateau, and in order to understand this behavior we re-examine
the reaction system. According to the degradation mechanism proposed by Frithwirt et
al. [28], degradation starts at the side chain headgroups (-SO3H), as shown in Reaction 14
(see Table 1). This reaction produces the subsequent side chain degradation intermediate
SC-O°, but does not itself release any HF per molecule of reactant. In contrast, the degra-
dation of SC-O® contributes significantly to the release of HF per molecule of reactant,
as seen in Reaction 15 in Table 1. Initially, the concentration of headgroups is high and
the concentration of side chains is low; over the course of the reaction, the concentration
of headgroups decreases and the concentration of side chains increases. The increase in
side chain concentration is highest at the beginning and slows down until an equilibrium
is reached, as these side chain structures are simultaneously consumed during degrada-
tion and a balance between the rate of new side chain formation and its consumption is
reached. As this equilibrium is gradually approached, it manifests itself in the FRR plot
as a maximum point that is slowly approached, providing a plausible explanation for the
observed curve.

The simulation results suggest that the time scale for reaching the maximum FRR is in
the thousands of hours, and the steepest increase of the FRR is in the hundreds of hours.
This could have important implications for the operation of PEM electrolyzers: It would
mean that short-term operation at current densities near the degradation maximum at
intermediate current densities around 0.5 A cm~2 would not significantly affect chemical
membrane degradation, as long as the electrolyzer is not operated at these conditions for
longer periods.
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Figure 2.6.: Time-dependent simulation of FRR at different current densities. Greatest degra-

dation occurs at intermediate current densities around 0.5 A cm~2, and it takes more than 1000
hours to reach maximum FRR.

2.3.5. Lifetime Estimation of PEM

Predicting membrane lifetime is of importance for operational planning, safety consid-
erations, and cost-effectiveness. Using the dynamic model, which includes the complete
cause-and-effect chain of the degradation mechanism, we can estimate the lifetime of the
membrane, until including its total consumption. This approach provides an estimate of
membrane lifetime while highlighting the influence of FRR on overall lifetime predictions.
The potential reason for the initial shape of the curves was already explained (as shown
above), while now we conduct simulations until all reactants are consumed, eventually
leading to a complete dissolution of the membrane, in order to be able to estimate the
lifetime.

The simulation results are shown in Figure 2.7, which compare the FRR at two constant
current densities. Both simulations start with a steep increase in the FRR, followed by
a leveling off to form a plateau over several thousand hours to the point where the FRR
drops sharply to zero. In the first simulation a current density of 0.3 A cm~? is set, resulting
in a maximum FRR of around 0.5pgcm™2h™!. In the second simulation, the current
density is set to a higher value of 1 A cm~2, resulting in a lower maximum FRR of around
0.23pgcm2h~!. At the simulation with 0.3 A cm~2 and a higher FRR maximum, it takes
approximately 12,000 hours before all of the starting materials have been decomposed,
and there is no more fluoride release, which is equivalent to complete dissolution of the
membrane. It takes approximately 25,000 hours to dissolve the membrane at the simulation
with 1Acm™? and the lower maximum FRR. The time until the membrane dissolves is
about half as long when the FRR doubles. This result seems explainable because the
reactant start concentrations are the same, and the total amount of fluoride dissolved from
the membrane is also the same. Moreover, the 12,000-25,000-hour range presented here is
tied to our base parameter set, particularly the specific membrane and the constants from
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Table 2. Different membranes or contamination levels may exhibit earlier or later failure.
However, the lifetime estimates generated here should be interpreted with caution: On
the one hand, the model assumes a uniform elevated concentration of HyOy across the
membrane. This assumption strongly influences the overall degradation time, since in
reality concentrations are higher at the cathode—-membrane interface than at the anode
interface [31]. On the other hand, we assume complete dissolution of the membrane, which
will not occur in practice. Instead, at a certain degree of degradation, pinholes form that
already limit the membrane’s function [34, 35]. Pinhole formation is a multi-dimensional
effect that this lumped model cannot account for.
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Figure 2.7.: Time-dependent Simulation of FRR at a Current Density of 0.3 and 1 A cm~2.

Steep increase in the FRR, followed by a leveling off to form a plateau over several thousand
hours to the point where the FRR drops sharply to zero.

2.4. Conclusion

We developed a dynamic lumped cell-level model of chemical membrane degradation, by
combining state-of-the-art models from the literature for the chemical degradation mecha-
nism [28], hydrogen peroxide formation [11] and oxygen crossover [30]. The model is split
into two reaction systems, the cathode catalyst and the membrane, taking into account
where the reactions take place. The flux of Fe*™ ions into the membrane is a crucial pa-
rameter for membrane degradation and was estimated from literature data, resulting in
good agreement between observed experimental and simulated values on the FRR. We
used the model to examine the effect of performance parameters on the FRR and to study
the dynamic degradation behavior during PEM electrolyzer operation.

A maximum degradation is observed at an intermediate level of 0.3 Acm™2 for PSSA
associated with current density variations. This peak in FRR results from a condition
where *OH radical generation is maximized. Beyond this point, however, the increased
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water flux and Fe,™ ion limitations begin to dominate, resulting in rapid washout of key
species and reduced degradation. This highlights the role of the balance between radical
production and washout processes in determining membrane degradation.

Simulations at different operating pressure suggest that FRR increases with increasing
pressure before leveling off. This effect can be attributed to the increasing HoO5 concen-
tration due to elevated O, crossover, which increases *OH formation and thus the FRR,
which is then eventually limited due to limited availability of Fe*".

The time-dependent simulation results confirm that the maximum degradation rates are
observed at intermediate current density ranges, and the simulations show that the time
scale for reaching this maximum degradation extends to thousands of hours. For PEM
electrolyzer operators, this suggests that operating their systems close to this intermediate
current density range for short-term periods would not significantly accelerate chemical
membrane degradation, since these high degradation rates are realized only after a longer
period of time. However, prolonged operation at these intermediate current densities will
eventually drive the degradation to its maximum plateau level.

Furthermore, dynamic simulations were performed to provide an estimate of membrane
lifetime, indicating that the assumed lifetime of the membrane is between 12,000 and
25,000 hours at a constant current density when compared between a maximum and low
degradation operating point.

Despite yielding valuable insights, the current model does have several limitations: The
lumped nature of the model limits its ability to capture spatial variations or account for
differences in cell design. The model simulates complete dissolution of the membrane and
does not take into account mechanisms such as pinhole formation that can cause earlier
failure of the membrane. Additionally, it requires the prior knowledge or estimation of the
Fe?' flux, which may not always be possible.

Future improvements to the model should aim to address these limitations. To provide a
more comprehensive representation of the degradation process, the model could be adapted
to include additional degradation mechanisms and multi-dimensional effects such as pinhole
formation. This would improve the predictability of the model and its ability to more
accurately simulate real-world conditions in PEM electrolyzers. Strategies to determine
Fe?' concentrations and methods to measure them directly inside the membrane should be
explored. The development of multidimensional models will extend the scope of the model
considerably. In future extensions, the time-dependent SOsH concentration predicted by
the degradation mechanism could also be coupled to a membrane conductivity model to
link chemical aging with electrochemical performance more directly.

While the present chapter focuses on chemical degradation within the membrane, several of
its limitations—most notably the lumped model formulation and the simplified treatment
of transport phenomena—are directly linked to gas crossover effects. Oxygen crossover
enters the degradation model as a boundary condition through H,O5 formation, but its
magnitude and dependence on operating conditions are not resolved in detail here. For
this reason, the following chapter is dedicated to the modeling and experimental analysis
of hydrogen and oxygen crossover in PEM electrolyzers.
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3. Crossover Phenomena in PEM
Electrolyzers

3.1. Introduction

In the preceding chapter, oxygen crossover was identified as a key driver of chemical mem-
brane degradation, since it controls hydrogen peroxide formation and thus radical genera-
tion. Because crossover depends strongly on operating conditions and additionally governs
gas purity and safety, this chapter examines hydrogen and oxygen crossover in more detail
as a central operational process governing species transport across the membrane. Reli-
able crossover modeling is required to quantify gas mixing effects under relevant operating
conditions and to support the subsequent degradation and performance analyses [36, 37].
Early PEM electrolyzer models did not consider gas crossover across the membrane. For
example, one of the earliest PEM electrolyzer models was introduced by Choi et al. [16],
which focused on fundamental phenomena such as polarization behavior, Butler-Volmer
electrode kinetics and electrolyte transport resistance. However, although the model con-
sidered the production rates of hydrogen and oxygen, it did not model gas crossover and
only included water transport across the membrane.

Later models started including gas crossover, considering molecular diffusion as the primary
transport mechanism. For example, Ito et al. [17] developed a more comprehensive cell
model that included molecular diffusion of hydrogen and oxygen through the membrane.
Crossover was estimated using permeability coefficients derived from a literature-based
meta-analysis. However, the model was not experimentally validated, limiting its applica-
bility for realistic conditions. Similarly, Schalenbach et al. [12] also modeled hydrogen and
oxygen crossover via diffusion. They experimentally measured anodic hydrogen content
to determine the hydrogen permeability coefficient, but used literature values, specifically
those from Ito et al., for oxygen permeability, without conducting their own measurements.
For hydrogen crossover, a more advanced model was introduced by Trinke et al. [18], which,
like earlier models, still assumes molecular diffusion as the primary transport mechanism.
However, it additionally incorporates the effect of hydrogen supersaturation in water, as
initially proposed by Bessarabov et al. [38] and supported by experimental studies [39,
40]. Supersaturation here refers to the dissolved gas concentration in the ionomer phase
exceeding Henry’s law equilibrium values. The model of Trinke et al. [18] accounts for the
effect of current density on crossover, includes membrane thickness as a parameter, and
shows good agreement with their experimental data under a subset of conditions.

Recent studies have applied the above hydrogen crossover models to analyze PEM elec-
trolyzer behavior under varying conditions. Afshari et al. [19] employed the model of
Schalenbach et al. [12] to investigate the influence of temperature, cathode pressure, and
membrane thickness on anodic hydrogen content, concluding that thicker membranes sub-
stantially reduce crossover. Omrani et al. [20] implemented the Trinke et al. [18] model
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within a cell-level simulation to study the role of hydrogen supersaturation. While these
works provide valuable insights into crossover trends, they lack experimental validation,
limiting their applicability to real-world electrolyzer systems.

For oxygen crossover, Trinke et al. [30] proposed a model based primarily on electro-osmotic
drag as main oxygen transport mechanism, rather than molecular diffusion. Supersatura-
tion was included as a constant multiplier of the Henry equilibrium concentration, inde-
pendent of current density. The model predicted increasing oxygen crossover with current
density due to increasing water drag, but assumed a fixed supersaturation level. Although
experimental observations qualitatively confirmed a general rise in crossover with increas-
ing current density, the model was not validated against measured oxygen concentrations.
In summary, although numerous studies have proposed gas crossover models for PEM elec-
trolyzers, experimental validation remains limited, especially under realistic, industrially-
relevant conditions. Most available data have been obtained at low pressures or from
small-scale laboratory setups, which do not adequately represent industrial environments.
For example, Schalenbach et al. [12] measured hydrogen crossover at various current den-
sities, but only under low-pressure conditions. Likewise, Trinke et al. [18] investigated
both hydrogen and oxygen crossover at laboratory scale and ambient pressure. Industrial
PEM electrolyzers typically operate at significantly higher pressures, often tens of bars,
to reduce downstream compression requirements, and improve overall system efficiency.
Such conditions influence gas crossover behavior, highlighting the need for experimental
validation under industrially-relevant, high-pressure operating scenarios. Despite valuable
insights from previous studies at low pressures and laboratory scale, a clear gap remains
in validating crossover models under elevated pressures and industrial conditions.

We address this gap by presenting new experimental data from a large-scale, high-pressure
laboratory PEM electrolyzer operated at constant temperature (60 °C) and then validating
existing models and introducing a refined oxygen crossover model. Specifically, we mea-
sured hydrogen and oxygen concentrations at the gas outlets of both the anode and cathode
compartments. Measurements were conducted under steady-state conditions across a range
of current densities (0.2-2 A cm™2) and operating pressures (1-8.5bar) at a constant tem-
perature of 60°C. These data are used to evaluate the performance of existing hydrogen
and oxygen crossover models. We compare model predictions both with the original liter-
ature parameters and after fitting selected empirical parameters (e.g., permeability, mass
transfer coefficients) to our experimental data. Noting shortcomings in current oxygen
crossover models, we introduce a new model that incorporates current density-dependent
supersaturation of oxygen, following the approach used in the hydrogen crossover model
by Trinke et al. [18].

The remainder of this chapter is structured as follows: Section 3.2 provides an overview
of the experimental setup. Section 3.3 presents the crossover models, including both
literature-based and newly developed formulations. In Section 3.4, the models are vali-
dated against experimental data and applied to simulate crossover behavior under varying
pressures and membrane thicknesses. Finally, Section 3.5 summarizes the key findings and
discusses implications for electrolyzer design and operation.

3.2. Experimental Setup

The experimental setup is summarized schematically in Figure 3.1.

24



3.2. Experimental Setup

0, H, H Uzl[
X |
Separator ) Separator

PEMStack :

‘®

H,0

’ RUa=g RSSO

Water !
Tank

Figure 3.1.: Process-flow diagram of the laboratory PEM electrolyzer test bench used for
crossover measurements. The experimental setup is designed according to the Siemens Process
Analytics and Instrumentation guidelines for green hydrogen production [41]. Deionized water
is recirculated from the tank through the anode (left) and cathode (right) loops. Gas-liquid
separators remove entrained water before the dry gas streams are analyzed. Both compart-
ments are operated at equal pressure (1.15bar or 8.5 bar); therefore, no bulk pressure-driven
convection across the membrane occurs, and crossover is governed by diffusion and, for O,,
electro-osmotic water drag. Heat exchangers maintain 60 °C and pumps set the loop flow rates.
Gas compositions (H in O, and O, in H,) are sampled downstream of the separators.
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We used a proprietary laboratory-scale PEM electrolyzer stack consisting of six cells with
an active area of 300 cm? per cell, designed to emulate industrial operation. All cells are
equipped with perfluorosulfonic acid (PFSA) membranes, selected for their high proton
conductivity and chemical stability. This configuration ensures performance and opera-
tional characteristics representative of commercial electrolyzers.

The system includes a complete balance of plant comprising gas-liquid separators, pumps,
pressure regulators, and temperature controllers. The gas—liquid separators remove liquid
water from the outlet streams, enabling accurate quantification of the dry hydrogen and
oxygen concentrations. (Gas compositions were determined using gas chromatography,
calibrated with certified reference mixtures to ensure accuracy and reproducibility. Pumps
control water and gas flow rates, while the pressure and temperature controllers maintain
stable operating conditions throughout each experiment.

Experiments were performed at industrially-relevant conditions, particularly under ele-
vated pressures, and with varying current densities and controlled temperatures. Specif-
ically, experiments were performed with both the anode and cathode compartments op-
erated at equal pressure, either both at 1.15 bar or both 8.5 bar. Consequently, no total
pressure difference across the membrane was imposed; i.e., no bulk pressure-driven convec-
tive permeation could occur in our experiments. The pressures were selected to represent
both near-ambient and elevated-pressure operation, allowing systematic analysis of pres-
sure effects on gas crossover. They should be understood as representative conditions, but
not as economically optimized set points. All measurements were conducted at a constant
temperature of 60 °C, also chosen to reflect industrially-relevant operation. No experiments
at variable temperatures were performed. The current density was varied between 0.2 and
2 A cm ™2, with each measurement series lasting several hours. Hydrogen and oxygen con-
centrations, as well as current, voltage, pressure, temperature, and water flow rates, were
continuously recorded. Steady-state conditions were typically reached within a few min-
utes at all investigated current densities, and no systematic dependence of the equilibration
time on current density was observed. Only values obtained during steady-state operation
were used for analysis. Concentrations of hydrogen and oxygen were specifically measured
at the gas outlets of the corresponding gas-liquid separators. The generated gas crossover
measurement data are presented here for the first time as discrete data points in the figures
throughout the chapter.

3.3. Gas Crossover Models: Literature and New Approach

Several modeling frameworks have been proposed to describe gas crossover phenomena in
PEM electrolyzers, ranging from detailed multi-dimensional simulations to simplified em-
pirical correlations. In this work, we adopt a zero-dimensional, lumped-parameter modeling
approach, formulating steady-state mole balances for each compartment without explic-
itly resolving spatial gradients. Steady-state assumptions are justified as our experimental
conditions reach equilibrium rapidly, and transient variations in species concentrations and
fluxes become negligible over the measurement periods. Our focus is strictly on calculating
gas crossover fluxes across the membrane. In line with the experimental dataset, all models
herein are formulated at constant temperature. No explicit temperature is included beyond
evaluating literature correlations for diffusion or solubility coefficients at the considered,
constant temperature of 60 °C.
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The behavior of a PEM electrolysis cell is primarily governed by electrochemical reactions
at the electrodes and gas transport across the membrane. A schematic overview of these
processes is illustrated in Figure 3.2. The models explicitly incorporate hydrogen and
oxygen diffusion, as well as oxygen advective transport via electro-osmotic water drag
(commonly termed convection in PEM electrolyzer literature, though distinct from bulk
pressure-driven convection). However, transport phenomena such as diffusion and bulk
convection within the cathode and anode compartments are implicitly accounted for, based
on the assumption of perfect mixing inherent in the lumped-parameter approach.

All crossover models considered in chapter, including the newly proposed oxygen model,
assume that gas transport occurs predominantly through the water-swollen hydrophilic do-
mains of the PFSA membrane. This assumption is consistent with the high-hydration op-
erating conditions of PEM electrolyzers, where membranes are continuously water-flooded.
While alternative transport pathways through hydrophobic domains have been discussed
in the literature [42], these are expected to play only a minor role under the present con-
ditions.

Two-phase phenomena, including bubble nucleation, growth, and coalescence in both com-
partments, are also implicitly represented in some of the presented models through current
density-dependent supersaturation models and empirical mass transfer parameters. Ex-
plicit modeling of bubble dynamics or detailed two-phase flow phenomena is beyond the
scope of this lumped-parameter approach.

In this section, we first introduce simple models for the cathode and the anode com-
partment of a PEM electrolyzer, followed by a summary of literature models for hydrogen,
oxygen and water crossover in PEM electrolyzers. Subsequently, we introduce an improved
oxygen crossover model specifically developed to overcome limitations observed in existing
formulations when compared to our new experimental data.

3.3.1. Cathode Compartment

In the cathode compartment, protons are reduced to molecular hydrogen via the half-cell
reaction:

2H' +2¢~ — H,. (3.1)

The corresponding hydrogen production rate per unit active area, assuming 100% Faradaic
efficiency, is given by [43]:
J

Ry = 7 (3.2)

where J is the current density and F' is the Faraday constant.
The steady-state mole balance for hydrogen in the cathode compartment is:

0= hin, cat, Ho + RHQ A— nout, cat, Ho — q‘Crossover7 Ho A> (33)

where Min, cat, 71, and 7out, cat, H, Tepresent the molar flow rates of hydrogen entering and
leaving the compartment through the inlet and outlet of the half cell, A the cell area, and
{Crossover, H, denotes the hydrogen crossover flux from cathode to anode.

The mole balance for oxygen is:

0= hin, cat, Oy — nout, cat, Oq + q.Crossover, O2 A, (34)
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Figure 3.2.: Schematic representation of the anode and cathode control volumes used for
mole balance derivation. Species production (R), inlet/outlet flows, and gas crossover fluxes
across the membrane are indicated. Flux directions correspond to typical operating conditions;
negative fluxes are permitted but not physically expected. All three species (hydrogen (Hs),
oxygen (O3) and water (H50)) are shown at both compartment inlets due to impurities and
recirculation after gas-liquid separation. Electrochemical reactions (R) are detailed in the
respective model section. The embedded schematic illustrates the proposed oxygen crossover
model (Section 3.3.3, Eq. (3.24)), which extends the formulation of Trinke et al. [30] by
introducing a current-density—dependent supersaturation of oxygen in the anode ionomer film.
Oxygen generated by the oxygen evolution reaction can leave the ionomer either by mass
transfer to the bulk water phase or through advective transport via electro-osmotic water drag.

where 7y, cat, 0, and 7out, cat, 0, represent the molar flow rates of oxygen entering and
leaving the compartment through the inlet and outlet of the half cell, and gGcrossover, 0,
represents the oxygen crossover flux from the anode to the cathode compartment. Oxygen
recombination is not explicitly included in the mole balance equations but rather lumped in
the semi-empirical crossover models presented below, that implicitly account for the effects
of oxygen recombination on crossover rates. This is done in analogy with the literature [12,
30], as there is currently no deep understanding of the recombination mechanism.

Lastly, the water balance is given by:

0= hin, cat, HoO — hout, cat, HoO + q.Clrossover7 H2O A» (35)

where 7y cat, H,0 a0 Tout, cat, 7,0 represent the molar flows of water entering and leaving
the compartment through the inlet and outlet of the half cell and cyossover, H,0 TepPresents
the water crossover flux from the anode to the cathode compartment.
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3.3.2. Anode Compartment

In the anode compartment, water is oxidized to produce oxygen, protons, and electrons
according to:

2H20—>OQ+4H++48_. (36)

The corresponding oxygen production rate per unit active area, assuming 100% Faradaic
efficiency, is given by [43]:

(3.7)

where J is the current density and F'is the Faraday constant.
The steady-state mole balance for hydrogen in the anode compartment accounts for
crossover from the cathode:

0= nin, an, Hy — hout, an, Ho + QCrossover, Ho A7 (38)

where 7y, an, H, and Tout, an, H, Tepresent the molar flow rates of hydrogen entering and
leaving the compartment through the inlet and outlet of the half cell.

Similar to the cathode mole balance, hydrogen recombination is not explicitly included in
the mole balance equations. Instead, it is assumed that the effects of hydrogen recombina-
tion on the crossover rates are implicitly accounted for during the empirical fitting process
for the crossover models with the measured data.

The mole balance for oxygen is given by:

0= hin, an, Oy — hout, an, O2 + ROQ A— (erossover, Og A7 (39)

where 7y an, 0, and Nout, an, 0, represent the molar flow rates of oxygen entering and leaving
the compartment through the inlet and outlet of the half cell. The water balance in the
anode includes consumption via the oxygen evolution reaction and transport across the
membrane:

0= 7;Lin, an, HoO — nout, an, HoO — QCrossover, H20O A— RHQO A7 (310)

where 7ip, an, 1,0 and Tout, an, H,0 represent the molar flow rates of water entering and leav-
ing the compartment through the inlet and outlet of the half cell, Ry,0 = 2 Ro, represents
the consumption rate of water per unit area inside the compartment and ¢crossover, H,0
represents the water crossover flux from the anode to the cathode compartment.

3.3.3. Crossover Models

In this section, we present hydrogen and oxygen crossover models for PEM electrolyzers.
Hydrogen and oxygen are treated separately because the dominant transport mechanisms
and thus the modeling approaches may differ for each gas. Hydrogen crossover is primar-
ily diffusion-driven, while oxygen crossover according to some models is influenced more
strongly by electro-osmotic drag. Besides established crossover models, we introduce a
newly developed oxygen crossover model. All presented models are later evaluated against
experimental data in Section 3.4 to assess their predictive accuracy under industrially-
relevant conditions.
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Hydrogen Crossover Models Several hydrogen crossover models have been proposed in
the literature, primarily based on diffusion through the membrane. The two most widely
referenced models are those of Schalenbach et al. and Trinke et al., which differ in their
treatment of supersaturation effects.

30

1. Schalenbach et al. Model [44]: This model assumes that hydrogen crossover

occurs solely by molecular diffusion, without supersaturation effects, and neglects
hydrogen partial pressure in the anode. The flux is given by:

€tz Peathode.ty (3.11)

{Crossover, Hy = )

dmembrane
with ey, as the permeability coefficient of hydrogen in PFSA membranes, peathode, s,
as the partial pressure of hydrogen in the cathode and demprane as thickness of the
membrane.

In this and following models, the permeability coefficients for hydrogen and oxygen
are treated as independent empirical parameters, consistent with prior literature and
reflective of their distinct transport behaviors in PFSA membranes.

. Trinke et al. Model [18]: This model also considers diffusion but in contrast to

the model by Schalenbach et al. [44], Trinke et al. [18] introduces the effect of hydro-
gen supersaturation in the ionomer film of the cathode catalyst layer. Their model
assumes that the generated molecular hydrogen initially dissolves in the water phase
within the ionomer film. Once solubility is exceeded, hydrogen is thermodynamically
expected to transition into the gas phase; however, this process is limited by mass
transport from the ionomer to the bulk water. As a result, supersaturation increases
with current density. Based on these assumptions, Trinke et al. [18] formulated a

mass balance to compute the supersaturated hydrogen concentration in the ionomer
film:

H
(2 + ksrras, o)
super
P = (3.12)
Ho eff Y N
Ho

kvra, + 7

membrane

with J as the current density, cgznry as the equilibrium concentration of hydrogen in

water according to Henry’s Law, DL as the effective diffusion coefficient of hydro-
gen in PFSA membranes, I as the Faraday constant, kyrp, as the mass transfer
coefficient for transport of hydrogen from the ionomer film to the bulk water in the
cathode, and dempbrane as the thickness of the membrane.

The effective diffusion coefficient is defined as:

Dy = %DHW (3.13)

with Dy, denotes the diffusion coefficient of hydrogen in PFSA membranes, ¢ is the
volume fraction of water in the membrane, and 7 represents the tortuosity of the
water channels within the membrane. The effective permeability is proportional to
¢ /7, indicating that it increases with porosity and decreases with tortuosity. Follow-
ing Trinke et al. [30], the effective diffusion coefficient of oxygen in the membrane is
corrected by the water volume fraction ¢. While ¢ is not a literal porosity, it serves
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as an approximate measure of the water-filled free volume within the polymeric mem-
brane. In this way, ¢ provides a physically motivated correction factor for molecular
diffusion in hydrated membranes. This simplified approach captures the dominant
effect of water uptake on gas transport without requiring a detailed microstructural
model.

The equilibrium concentration of dissolved hydrogen at the gas—ionomer interface is
given by Henry’s law:

Henry
CH2 = SH2 Pcathode,Hs s (314)

with Sy, as the solubility of hydrogen in water.

Trinke et al. [18] consider different approaches to model the mass transfer coefficient
Faron,, which they interpret as describing the diffusive transport of dissolved hydro-
gen from the ionomer film to the surrounding liquid phase. This coefficient does not
represent phase change (e.g., degassing into gas bubbles), but rather the limited mass

transfer that gives rise to local supersaturation within the ionomer. In particular,
they consider kyirp, to either be constant,

Fai,m, = constant (3.15)

or a linear function of current density,
Eyro, = Gtting J + Datting (3.16)
or proportional to the square root of current density,
kT, = Chiting VI (3.17)

With Ggiting, Dfitting, and Caging as fitting parameters.

Inserting the supersaturated concentration cjy) " into Fick’s law, and assuming neg-
ligible hydrogen concentration on the anode side, yields the final crossover flux ex-
pression:

ff ([ J
. DEQ (ﬁ + kMT,HQ SHQ pcathode,Hg)
{Crossover, Hy =

(3.18)

iid
kMT,HQ dmembrane + D%Q

When comparing the two models in Equations (3.11) and (3.18), they both predict that
crossover increases with increasing hydrogen partial pressure in the cathode and with
decreasing membrane thickness. However, the second model also predicts that hydrogen
crossover increases with current density.

Oxygen Crossover Models Three oxygen crossover models are considered in this study:
two from the literature and one newly proposed. The first, by Schalenbach et al. [44], is
based solely on diffusion through the membrane. It assumes that advective transport via
water drag and supersaturation effects are negligible. This simplification is justified by the
authors with the statement that supersaturation is difficult to quantify and has a minor
impact under typical operating conditions. However, previous studies in electrochemical
systems have shown that gas concentrations can exceed solubility limits, particularly at
elevated current densities [40, 45, 46]. As a result, neglecting supersaturation may lead to
underestimation of crossover, especially in industrially-relevant regimes.
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1. Schalenbach et al. Model [44] Despite this limitation, the Schalenbach model

remains widely used and computes the oxygen crossover flux as:

€0, panode,Og (3 19)

hCrossover, Oy —
dmembrane
where €, is the permeability coefficient of oxygen in PFSA membranes, panode,0,
is the partial pressure of oxygen in the anode and dyemprane iS the thickness of the
membrane.

. Trinke et al. Model [30]: This model adopts a fundamentally different approach

from Schalenbach et al., assuming advective oxygen transport via electro-osmotic
drag as the dominant transport mechanism for oxygen, while neglecting diffusion.
Unlike the corresponding hydrogen model discussed in Section 3.3.3, this model only
includes the effect of oxygen supersaturation as a constant factor, independent of
current density.

The crossover flux is given by:

. TWK Jpanode,O SO Ssat
{Crossover,0o = F PH202 2 s (320)
Mpuz0

where TWK is the number of water molecules per HT ions transported across the
membrane, ppoo is the density of water and My, is the molar mass of water, Sp,
is the solubility of oxygen in water and sy, the supersaturation factor. While this
model introduces supersaturation, its fixed value may not capture the observed non-
linear dependence of oxygen crossover on current density in large-scale systems, as
will be shown in Section 3.4.1. We note that, unlike diffusion-driven models, the
oxygen crossover model of Trinke et al.[30] as well as our extension do not contain
an explicit membrane thickness term. In diffusion-based formulations, thickness en-
ters as the transport length L in Fick’s law (D/L). By contrast, in the framework
of Trinke et al., oxygen transport is modeled via electro-osmotic drag, and the em-
pirical parameter kv, describes transfer between the ionomer film and the bulk
water phase, independent of membrane thickness. As a result, the three empirical
expressions evaluated for kv, are formally thickness-independent. Dedicated ex-
periments varying membrane thickness would be required to investigate thickness
effects on oxygen crossover within this modeling framework.

. Proposed model incorporating effect of current density on supersatura-

tion:

Our experimental results with the setup described in Section 3.2 revealed a nonlinear
increase in oxygen crossover with current density (see Section 3.4.1), which is not
captured by existing models. Thus we additionally propose the following modification
of the model of Trinke et al. [30]: Instead of considering a constant supersaturation
factor, we assume that the supersaturation increases with current density, as was
done in the hydrogen crossover model of Trinke et al. [18] discussed in Section 3.3.3
(but not in their oxygen crossover model [30]).

To derive the equations of this oxygen crossover model, we adapt the approach Trinke
et al. [18] used to derive the supersaturation in their hydrogen model. Specifically,
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we consider a mole balance around the ionomer film in the anode catalyst layer, in
which oxygen is formed via Reaction (3.6), and which the oxygen can leave either via
transfer to the bulk phase of water in the anode compartment, or through advective
transport with water carried by electro-osmotic drag:

super
0= J L super Henry TWKJ COQ 3.91
- 4F — AMT,02 (COQ - COz ) o PH0 ) ( : )
~ h ~~ Mm20
. Mass transfer
O2-Evolution Adveeti
vection

where ky,0, is the mass transfer coefficient, and cg) " is the supersaturated molar

concentration of oxygen in the ionomer film in the anode catalyst layer, which is
unknown. The mass transfer coefficient kyr o, is also not known a priori and may
vary with operating conditions. To account for this, we evaluate different functional
dependencies of kyt,0, on current density J, including constant, linear, and square-
root forms, as part of the model validation (see Section 3.4.1).

Solving (3.21) for the supersaturated concentration yields:

J Henry

super _ E + kMTon COQ (3 22)

O2 7 TWKJ +k ’ )

FPHQO MT, Oz
Mp,0
with the Henry concentration defined as:

oMy = S (3.23)

(o2 = OO0y Panode,0 - .

Now the supersaturated molar concentration can be inserted into the advective trans-
port term of Equation (3.21) to compute the crossover flux:

J
iF + kMT,OQ SOQ Panode, 04

(Crossover,0y — 1+ F pri20 kit oy . (324)

Miao TWK J

The three models differ fundamentally in how they capture the dependence of oxygen
crossover on operating parameters:

The Schalenbach et al. model (Eq. (3.19)) is purely diffusive and predicts that crossover
increases with oxygen partial pressure and decreases with membrane thickness. However, it
is independent of current density and does not account for supersaturation effects, making
it best suited for systems operating at low current densities.

The Trinke et al. model (Eq. (3.20)) incorporates a constant supersaturation factor and
models crossover as an advective process driven by electro-osmotic drag. It predicts a
linear increase in oxygen crossover with current density, but may underpredict crossover
at high currents where supersaturation is more pronounced.

The proposed model (Eq. (3.24)) combines two mechanisms: electro-osmotic drag and
current-dependent supersaturation. As current density increases, it captures the dual ef-
fect of increased water transport and increased oxygen solubility in the ionomer phase.
This leads to a nonlinear rise in oxygen crossover, consistent with our experimental obser-
vations (see Section 3.4.1). Moreover, the mass transfer coefficient kv o, in this model
can be treated as a function of current density, following the approach used for hydrogen
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crossover in Trinke’s earlier work [18], offering additional flexibility for parameter fitting
and refinement.

Water Crossover Model In PEM electrolyzers with equal anode and cathode pressure,
water is primarily transported across the membrane via electro-osmotic drag. This mech-
anism arises from the movement of H ions through the membrane, which simultaneously
carry water molecules from the anode to the cathode.

The resulting water crossover flux can be described by [47]:

) TWK J
{Crossover, HoO = T, (325)

with TWK as the number of water molecules per H' ions transported across the membrane,
J as the current density and F' as the Faraday constant.

This water transport plays a central role in advective gas crossover, particularly for oxygen,
as discussed in the preceding section. In this study, water crossover was included in the
modeling framework via the electro-osmotic drag relation, but no experimental measure-
ments of water crossover were performed with the available setup. As a result, the water
crossover description was not validated against data and is treated as a modeled effect
only.

3.3.4. Implementation

The crossover models were implemented in Aspen Custom Modeler (ACM), a platform
well-suited for steady-state, equation-oriented modeling. ACM enables efficient handling
of algebraic systems, parameter estimation, and numerical optimization, which aligns with
the lumped-parameter approach and steady-state mole balances employed in this study.
Parameter estimation was carried out using ACM’s built-in Newton-based solver combined
with a least-squares fitting algorithm. This enabled the adjustment of key model parame-
ters, such as permeability and mass transfer coefficients, to match experimental data across
a range of operating pressures and current densities.

The implemented models are not publicly available due to intellectual property consider-
ations.

3.4. Results & Discussion

The following section is divided into two main parts: The first part (Section 3.4.1) presents
the validation and parameter estimation of the models, while the second part (Section
3.4.2) presents predictions made with the best-performing models regarding the effects of
pressure and membrane thickness.

3.4.1. Validation and Parameter Estimation

To assess the predictive accuracy of the literature models, we compare them to experimen-
tal data obtained from the setup described in Section 3.2.

Empirical model parameters, primarily permeability coefficients, diffusion coefficients, and
mass transfer coefficients related to gas transport from the ionomer phase, were considered.
In our analysis, solubility and diffusivity coefficients were fixed to literature values, as they
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are well established and less uncertain under the studied conditions. By contrast, the mass
transfer coefficient kyir 0, from the anode ionomer film to the anode bulk liquid water was
selected as the adjustable parameter because it directly controls the supersaturation level
in our proposed oxygen model, and thereby determines the slope of the crossover—current
density relationship. The main discrepancies between literature predictions and our mea-
surements were observed in this slope, making Ky o, the most effective parameter for
calibration. This choice is consistent with the methodology of Trinke et al. [18].

Table 3.1 summarizes the model parameters used in this study, while Table 3.2 lists those
subject to data fitting.

Table 3.1.: Model parameters and their values

Parameter Symbol Value

Faraday constant F 96 485 C mol

Water density PH,0 997kgm™3

Water molar mass Mo 18 gmol ™!

Volume fraction of water in the membrane ¢ 0.37 [48]

Tortuosity T 1.5 [48]

Membrane thickness dermbrane 9 X 107° m

Active area (per cell) A 300 cm?

Solubility of hydrogen in water SH, 7 x 1075 mol Pa~ ' m™3 [49]
Solubility of oxygen in water So, 9.8 x 107 mol Pa~' m~3 [17]
Diffusion coefficient of Hy in PFSA Dy, 1.26 x 10 ¥ m?s~! [50]
Operating temperature T 60°C

Number of water molecules per Ht TWK 2 [51]

While formal identifiability analysis was not performed, we limited the number of fitted
parameters to avoid overparameterization and focused only on those directly influencing
gas crossover. The fitted models reproduced the experimental trends well across all tested
conditions, supporting both the practical identifiability and relevance of the selected pa-
rameters.

Hydrogen Crossover Models In this subsection, we evaluate the performance of the
hydrogen crossover models described in Section 3.3.3 using experimental data at 1.15 and
8.5 bar. Figure 3.3 compares the measured and modeled hydrogen crossover flux under
both conditions.

The Schalenbach et al. [44] model, which assumes purely diffusive transport and does not
account for current density effects or pressure-induced supersaturation, predicts a constant
crossover flux. As a result, it fails to capture the experimentally observed increase in
hydrogen crossover with current density.
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In contrast, the Trinke et al. [18] model, which accounts for the effects of current den-
sity, performs better overall in predicting hydrogen crossover. In particular, the model
captures the increasing trend of hydrogen crossover flux with increasing current density.
Qualitatively, the linear relationship assumed by the model aligns well with the shape of
our experimental data, reinforcing its utility as a first-order approximation under varying
operational regimes. However, slight deviations from linearity are observed at higher cur-
rent densities, which may arise from pressure effects, local mass transport limitations, or
recombination phenomena not explicitly captured by the original formulation.
Quantitatively, there is a noticeable difference in slope between the experimental data and
predictions using the original parameter values from Trinke et al. [18]. This discrepancy
may also reflect differences in mass transfer conditions, such as the interaction between
the ionomer and bulk water in our setup compared to assumptions in the literature or
more fundamentally, differences in the membrane material itself, including manufacturer,
fabrication process, or membrane history. Notably, our setup uses a significantly thinner
membrane (90 pm) than the 200 pm membranes employed by Trinke et al. [18], which
affects diffusion resistance and overall gas transport. While such effects do not directly
influence the intrinsic membrane permeability, we treat permeability as an effective fitting
parameter that captures these system-level influences during model calibration.

To address this, we fitted both the permeability coefficient (epz) and the mass transfer
coefficient (kmt,) to our experimental data, achieving a more accurate representation of
gas crossover under our specific operating conditions. A comparison between the original
and fitted parameter values highlights the importance of system-specific calibration (see
Figure 3.3).

While the qualitative performance of the models is similar at both 1.15 and 8.5 bar, we
further examined the model’s ability to match elevated-pressure data. Figure 3.3b presents
the simulation results at 8.5 bar, comparing predictions using the original literature param-
eters from Trinke et al. [18] with predictions using parameters refitted to our high-pressure
measurements. The Trinke et al. [18] model, which incorporates the effect of current
density on hydrogen crossover via supersaturation, shows a noticeable discrepancy when
applied with the original mass transfer coefficient (kyrp,) from the literature, particularly
in the slope of the crossover—current density relationship. By refitting this parameter to our
experimental data, the model’s agreement with the measurements improves significantly.
In both cases, the fitted values for kypp, differ from those reported in the literature
(see Table 3.2), underscoring the sensitivity of empirical model parameters to operating
conditions and system-specific factors. These deviations reinforce the need for pressure-
specific calibration and, ideally, the development of more mechanistic models that can
capture such dependencies without repeated empirical refitting. Notably, the membranes
used in their experiments were more than twice as thick as the ones we employed, and
such differences in membrane thickness increase the diffusion path length and thus the
diffusion resistance, whereas membrane microstructure and fabrication can influence the
intrinsic diffusion coefficient (Dys). Additionally, variations in mass transfer conditions
from the ionomer to bulk water may contribute to the discrepancies between their model
predictions and our experimental results.
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Figure 3.3.: Comparison of hydrogen crossover flux from Schalenbach et al. [44] and Trinke et
al. [18] models with experimental data from the setup described in Section 3.2. The permeability
coefficient in Schalenbach’s model and the mass transfer coefficient in Trinke's model were also
re-fitted to this experimental data.

Oxygen Crossover Models Following the hydrogen crossover validation, we now assess
the predictive accuracy of the oxygen crossover models described in Section 3.3. As with
hydrogen, we aim to evaluate whether these models capture the experimentally observed
trends across varying current densities and pressures. To this end, we compare both the
original formulations, with parameter values taken from literature, and versions calibrated
to our own data through parameter fitting.

Before turning to the comparison between literature models and our proposed formulation,
we first evaluated whether the mass transfer coefficient ko, in our model should be
treated as constant or current-dependent. Specifically, we tested constant, linear, and
square-root dependencies, following the approach by Trinke et al. [18]. Among these, the
linear form provided the best fit across both 1.15 and 8.5 bar. Details and a comparative
visualization of the different fits are provided in Appendix B.

Figure 3.4a compares the oxygen crossover predictions at 1.15 bar using literature models
and the proposed model with a linearly fitted mass transfer coefficient. The Schalenbach
et al. model [44], which assumes purely diffusive transport and excludes any current de-
pendence, significantly underpredicts crossover and fails to reflect the experimental trend.
The Trinke et al. model [30], which includes a constant supersaturation factor and models
crossover via electro-osmotic drag, captures the increase with current density, but fails to
capture the nonlinear shape of the relationship.

In contrast, the proposed model aligns better with the data across all current densities and
shows a nonlinear behavior more closely resembling the experimental observation. This is
because of the dual effect of current density on crossover as discussed in Section 3.3.3:
increasing current density increases both the supersaturation in the ionomer due to oxygen
increased production, as well as the water drag through the membrane.
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To evaluate the performance of the oxygen crossover models at elevated pressure, Fig-
ure 3.4b presents a comparison of predictions and measurements at 8.5 bar. The results
are qualitatively consistent with the 1.15 bar case: the Schalenbach et al. model [44] again
underestimates crossover due to its lack of current dependence and omission of advective
transport. The Trinke et al. model [30], while more accurate than the Schalenbach model,
does not fully capture the nonlinear shape of the experimental data.

In contrast, the proposed model shows improved agreement with the experimental data
across the full current range, also at 8.5 bar, although some deviations remain. Table 3.2
summarizes the fitting parameters and root mean square (RMS) errors for all oxygen
crossover models, evaluated at 1.15 bar and 8.5 bar.

To assess how well the models capture the pressure dependence of gas crossover, we per-
formed separate parameter fits at 1.15bar and 8.5 bar using the respective experimental
datasets. In both cases, the resulting root mean square (RMS) errors were low (see Ta-
ble 3.2), indicating that the model structures are robust across different pressures. For
instance, the Trinke model for oxygen yielded RMS errors of 1.4 x 1072 at 1.15bar and
1.8 x 1072 at 8.5bar; for hydrogen, the errors were 5.1 x 1072 and 5.9 x 1072, respec-
tively. This close agreement suggests that the models successfully represent the dominant
pressure-dependent transport mechanisms, such as changes in gas solubility, convective
driving forces, and electro-osmotic drag, without requiring structural modification. While
experimental data are only available at two discrete pressures, the consistently low er-
rors support the conclusion that the models reliably capture crossover behavior across the
tested pressure range.
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(a) Oxygen crossover at 1.15 bar. (b) Oxygen crossover at 8.5 bar.

Figure 3.4.: Validation of the proposed oxygen crossover model (Eq.3.24) through comparison
with the literature models of Schalenbach et al. [44] and Trinke et al. [30], fitted to experi-
mental data at (a) 1.15 bar and (b) 8.5 bar. The Schalenbach model assumes purely diffusive
transport and is independent of current density, while the Trinke model includes constant su-
persaturation. For clarity, the original (unfitted) Trinke model is excluded from panel (b) due
to being significantly off-scale. Mass transfer coefficients in the fitted models are optimized to
reflect system-specific conditions. Among the tested approaches, the proposed model provides
the best agreement across both pressures. All simulation curves are interpolated between com-
puted data points.

3.4.2. Parameter Study

In the following, we use the best-performing crossover models identified above to analyze
the influence of key operating parameters on gas crossover behavior at varying current
densities. Specifically, we investigate the effects of pressure, membrane thickness, and
current density, which play dominant roles in determining gas crossover behavior. Pressure
directly influences gas solubility (via Henry’s law) and thereby the driving force for diffusive
transport. While electro-osmotic drag is governed by current density (i.e., the water flux
is pressure-independent under constant hydration), the advected O, still increases with
pressure because the dissolved concentration in the liquid phase rises with po, via Henry’s
law. Membrane thickness controls the effective transport resistance for both diffusion
and electro-osmotic drag, and current density determines the rate of gas evolution and
affects local saturation conditions. Together, these parameters are central to balancing
performance, gas purity, and safety in PEM electrolyzers.

The investigated parameter ranges reflect values commonly encountered in industrial sys-
tems. Pressure was varied between 1.15 and 31 bar, covering typical operating conditions
from ambient to elevated pressures used for high-density hydrogen storage and system
integration. Membrane thickness was varied between 50 pm and 200 pm, encompassing
commercially available PFSA membranes used in practice. Current density was varied
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Table 3.2.: Fitting parameters and root mean square (RMS) errors for oxygen and hydrogen
crossover models at 1.15 bar and 8.5 bar. The table includes parameter values from the original
literature (Literature Values) and parameters obtained by fitting to our experimental data
(Fitted Values). For the proposed model, the table reports the results of fitting using different
approaches, assuming constant (no dependence), linear (proportional to current density), and
square-root (proportional to the square root of current density) dependencies.

Model Parameter(s) Literature Value(s) Fitted Value(s) RMS Error
1.15 bar 8.5 bar 1.15 bar 8.5 bar

Schalenbach et al. (Hydrogen) e, / molPa~'m™! 5.32- 1071 (14 - - 29-107"  2.8-107!
Schalenbach et al. (Hydrogen, Fitted) e, / molPa~'m™! - 6.18- 10710 1.31-1071° 21-1070 24-107!
Trinke et al. (Hydrogen) kar / ms™! 1-1073 18 - - 53-107"  3.6-107!
Trinke et al. (Hydrogen, Fitted) ke / ms™! - 6.72- 107 9.87-107% 51-1072 591072
Schalenbach et al. (Oxygen) €0, / molPa~'m~! 2.52- 10711 44 - - 3.56-107% 4.54-1072
Schalenbach et al. (Oxygen, Fitted) €0, / molPa~'m™! - 1.11-1071 2.19- 10712 35-1072  4.4-1072
Trinke et al. (Oxygen) Ssat [/ - 15 30 - - 2.40-1072 2.40-1072
Trinke et al. (Oxygen, Fitted) Ssat [/ - - 9.25 11.8 1.4-1072  1.8-1072
Proposed Model (Oxygen, Constant) Fyr / ms™! - 5.47-107% 1.66 - 1072 5.88-107% 1.61-1072
Proposed Model (Oxygen, Linear) Qfgting, Dosting / M*s™TA7!, ms™! - —3.36-1077, 1.17-1072  —1.53-107",3.17-10~" 3.54-107% 1.28-1072
Proposed Model (Oxygen, Square Root) fitting / mz/s/\/K - 1.81-107° 2.23-107° 9.31-107% 2.84-1072

between 0 A cm™2 and 2 A cm™2, capturing the full range of typical electrolyzer operation
from low-load to high-load conditions.

For pressures where experimental data were available (1.15 and 8.5bar), we used the cor-
responding pressure-specific parameter fits for the hydrogen and oxygen crossover models.
For simulations at higher pressures (above 8.5 bar), we extrapolated using the parameter
set fitted at 8.5 bar without further adjustment. This choice reflects the lack of experi-
mental crossover data at pressures beyond 8.5 bar and the absence of a mechanistic model
that fully captures the pressure dependence of transport phenomena such as gas solubility,
membrane permeability, and electro-osmotic drag. We chose the 8.5 bar parameter set
as the basis for extrapolation because it lies closer to the upper end of the investigated
range and more likely reflects the nonlinear transport effects relevant to elevated-pressure
operation. However, it is important to emphasize that predictions at pressures above 8.5
bar are extrapolations and should be interpreted with appropriate caution, particularly
when used for quantitative design decisions.

While the models presented here were fitted separately to data at 1.15 bar and 8.5 bar,
we did not evaluate whether a single parameter set could accurately predict crossover
behavior across pressures. Such a test would provide a more rigorous assessment of whether
the model structure itself captures pressure-dependent transport phenomena. However,
due to the lack of experimental data at higher pressures, this evaluation could not be
performed. Accordingly, extrapolations to pressures above 8.5 bar should be interpreted
with additional caution. A more systematic evaluation of model generalization across
pressure levels would require additional data and is beyond the scope of this study.

Hydrogen Crossover Behavior For hydrogen crossover, we employ the Trinke et al. [18]
model (Eq. (3.18)), fitted to our measurement data. Here, we examine the concentration
at the gas outlet of the separator, where both hydrogen and oxygen are present in the gas
phase. To ensure safe operation, we set the acceptable concentration of hydrogen in oxygen
below 2%, incorporating a safety margin relative to the 4% lower explosive limit [52].

Figure 3.5a illustrates the effect of pressure on hydrogen crossover, showing the predicted
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molar fraction of hydrogen in the anode-side oxygen stream as a function of current density.
At low current densities, hydrogen concentrations exceed the 2% safety threshold at nearly
all pressure levels, except near atmospheric pressure. As current density increases, the
relative hydrogen content decreases and eventually plateaus.

This trend is governed by two interacting effects. First, higher pressure enhances the dif-
fusional driving force for hydrogen, thereby increasing crossover. Second, at low current
densities, oxygen production is limited, amplifying the relative contribution of the crossover
flux. Since hydrogen crossover declines only moderately with current, while oxygen pro-
duction increases linearly, the relative hydrogen content remains disproportionately high
at low loads.

Membrane thickness also strongly influences crossover behavior. As shown in Figure 3.5b,
thinner membranes reduce diffusion resistance and lead to higher hydrogen concentrations,
only the 50 pm membrane exceeds the 2% threshold at low current densities.

From a safety perspective, operating near atmospheric pressure or at sufficiently high
current density is essential to avoid forming flammable mixtures. While thinner membranes
improve efficiency by lowering ohmic losses, they also elevate gas crossover risks. Design
strategies such as using thicker membranes can mitigate this trade-off, albeit at the cost
of reduced electrical performance. These findings underscore the importance of balancing
safety, efficiency, and gas purity through careful selection of membrane and operating
conditions, particularly for industrial systems operating across a wide load range.
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Figure 3.5.: Predicted molar percentage of H, in the O, gas leaving the separator using the
Trinke et al. [18] model (Eq. (3.18)). Temperature is 60 °C; curves are interpolated between
computed points. The horizontal line marks the 2% safety limit for H, in O,. Panel (a)
uses parameters obtained by fitting to measurement data at both 1.15 bar and 8.5 bar. For
simulations at pressures above 8.5 bar, the model employs the 8.5 bar fit without further
adjustment. Panel (b) uses the parameter set fitted at 1.15 bar only. Hydrogen impurity in the
oxygen outlet stream is reported in mol %, reflecting its safety relevance at the percent level.
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Oxygen Crossover Behavior For oxygen crossover, we apply the model proposed herein
(Eq.(3.24)), fitted to the measurement data. The goal is to minimize oxygen impurity
in the product hydrogen stream, thereby avoiding costly purification processes and re-
ducing membrane degradation associated with peroxide formation and subsequent Fenton
reactions [11]. Unlike hydrogen in oxygen, small amounts of oxygen in hydrogen do not
pose an immediate safety risk, as they remain well below flammability limits under typical
operating conditions.

Figure 3.6 presents the simulated oxygen concentration in the cathode-side hydrogen
stream as a function of anode pressure. At a fixed current density of, e.g., 0.2 A cm~2,
oxygen concentrations rise steeply with increasing pressure, from a few hundred ppm at
1.15 bar to several thousand ppm at 31 bar. Notably, the dependence of oxygen concen-
trations in hydrogen on current density is opposite to that of hydrogen concentrations in
oxygen: while hydrogen concentrations in oxygen decreases with increasing current density
(see Section 3.4.2), oxygen concentration in hydrogen increases (see Figure 3.6). This dif-
ference arises from the distinct transport mechanisms governing each species. In the case
of oxygen, higher current densities enhance electro-osmotic water drag, transporting larger
amounts of dissolved oxygen across the membrane. As this convective flux scales with
both current density and the local oxygen concentration, the resulting oxygen crossover
increases nonlinearly with current density, whereas hydrogen production increases only
linearly.

At elevated pressures, the solubility of oxygen increases, leading to a further nonlinear
increase in crossover with pressure. This compounds the current density effect and un-
derscores the importance of jointly considering both variables when evaluating oxygen
impurity levels.

These findings highlight a key challenge: minimizing oxygen impurity in the hydrogen
product stream under high-pressure operation, where gas separation becomes more costly
and less efficient. For industrial applications, reducing oxygen crossover is critical to avoid
downstream purification steps and to limit membrane degradation. The results presented
here suggest that operating at lower anode pressures or employing thicker membranes
may mitigate crossover, but must be weighed against efficiency penalties. The proposed
model provides a valuable tool for guiding electrolyzer design trade-offs involving pressure,
current density, membrane characteristics, and downstream purification requirements.
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Figure 3.6.: Prediction of the molar fractions of oxygen in the hydrogen gas leaving the system,
using the model proposed herein (Eq. (3.24)). The predictions are made by varying the pressure
at a temperature of 60°C. Lower oxygen concentrations in the hydrogen product gas reduce the
effort required for oxygen removal, which is achieved more effectively at lower anode pressures
and current densities. Curves are interpolated between computed points. Parameters for both
the 1.15 bar and 8.5 bar cases were obtained by fitting to measurement data. For simulations
at pressures above 8.5 bar, the model uses the 8.5 bar fit without further adjustment. Oxygen
impurity in the hydrogen outlet stream is reported in ppm, reflecting the different order of
magnitude compared to hydrogen impurity in oxygen, as well as its relevance for product purity
rather than safety considerations.

3.5. Conclusion & Outlook

In this chapter, hydrogen and oxygen crossover models are evaluated using experimen-
tal data obtained from a large-scale, high-pressure laboratory PEM electrolyzer operated
under industrially-relevant conditions. While established hydrogen crossover models gen-
erally captured the observed trends, they fail to capture the observed nonlinear increase of
oxygen crossover with current density, leading to under- or overestimation depending on
the operating point.

To resolve this limitation, we proposed an oxygen crossover model that combines cur-
rent density-dependent supersaturation in analogy to an existing Hy crossover model with
electro-osmotic water transport. The model demonstrated generally good agreement with
the experimental data across the considered pressures and current density range, though
deviations remained. Compared to existing approaches, the new formulation more ac-
curately reproduces the nonlinear increase of crossover with increasing current density
observed in the present experiments.

Overall, reliable crossover models enable more informed electrolyzer design by quantify-
ing the trade-offs between gas purity, membrane thickness, operating pressure, and effi-
ciency. In particular, they provide a means for identifying safe operating regions where
gas crossover remains within acceptable limits without compromising energy performance.
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These improvements in modeling may also help optimize the operation and maintenance of
industrial electrolyzers by enabling more accurate monitoring and adjustment of operating
conditions.

A limitation of this study lies in the treatment of temperature and pressure. All experi-
ments were performed at a single temperature (60°C), and the presented models therefore
do not include explicit temperature dependence. Extending the dataset and model vali-
dation to variable-temperature conditions represents an important avenue for future work.
In addition, although model parameters were fitted and validated separately at 1.15 bar
and 8.5 bar, we did not assess whether a single set of parameters could reproduce crossover
behavior across a wider pressure range. This is primarily due to the lack of experimental
data at higher pressures, which prevents a systematic evaluation of model generalizabil-
ity. As a result, extrapolations to higher pressures, beyond the validated range, should be
interpreted with caution. Another limitation of this work is that water crossover was mod-
eled but not experimentally validated. Future work should include direct measurement of
water transport to complement the validation of hydrogen and oxygen crossover models.
Future work should also aim to incorporate gas recombination kinetics into the modeling
framework to better capture losses due to catalytic reactions at the opposite electrode.
Moreover, extending the model to one-dimensional spatial resolution could help resolve
local gradients near the catalyst layer, especially under dynamic operating conditions.
Further research should examine how electrolyzer components such as membrane thickness
can be optimized to balance crossover, efficiency, and system-level trade-offs. For instance,
thicker membranes reduce crossover but increase ohmic resistance, while higher pressures
and current densities can intensify crossover but reduce compression costs. Balancing these
factors is essential for achieving optimal electrolyzer performance.

Extending crossover models to also incorporate transport through hydrophobic domains,
as suggested by Schalenbach et al. [42], represents a worthwhile direction for future work,
particularly when considering low-hydration operating conditions. Finally, future studies
should include experimental validation at elevated pressures and the development of mod-
els that capture pressure effects without requiring parameter re-fitting, thereby enabling
broader predictive capability.

The crossover analysis in this chapter quantifies the hydrogen and oxygen transport across
the membrane, as a function of the operating conditions. This transport affects gas pu-
rity, safety margins, and the availability of oxidizing species. As discussed in Chapter 2,
chemical membrane degradation in PEM electrolyzers is governed by radical-driven path-
ways that require both an oxidant source (e.g., HoOs formed from oxygen crossover) and
catalytic metal ions. The following chapter therefore focuses on ion exchange as a system-
level approach to control dissolved iron impurities and mitigate Fenton-type degradation
mechanisms.
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4. Multi-Species lon Exchange
Modeling for Iron Removal

4.1. Introduction

As shown in Chapter 2, chemical membrane degradation in PEM electrolyzers is gov-
erned by radical-driven pathways, with the Fenton reaction playing a central role. While
Chapter 3 quantified hydrogen and oxygen crossover, which governs the availability of ox-
idizing species relevant to radical formation, the presence of catalytic metal ions remains
an independent and critical factor controlling degradation intensity.

In practical PEM electrolyzer systems, iron ions enter the process water due to corrosion
of metallic components in the cell hardware and balance-of-plant. Once present in the
membrane environment, dissolved Fe?t /Fe3* ions catalyze the decomposition of hydrogen
peroxide into highly reactive radicals, thereby accelerating chemical membrane degrada-
tion. Controlling iron contamination is therefore a necessary complement to managing gas
crossover when aiming to mitigate Fenton-type degradation mechanisms.

This chapter focuses on ion exchange as a system-level strategy to remove dissolved iron
impurities from the process water of PEM electrolyzers. A mechanistic ion exchange model
is developed to describe the competitive adsorption and transport of Fe?t and Fe?* jons,
providing a quantitative framework for assessing impurity removal performance and its
implications for long-term membrane durability.

Ion exchange is a widely applied end-of-pipe water treatment technique for removing dis-
solved metal ions from aqueous streams. Ion exchangers consist of porous matrices bearing
functional groups that selectively bind ionic species from solution, enabling targeted re-
moval of impurities such as iron ions from electrolyzer process water [53].

The kinetics of ion exchange processes are described by the capacity of the ion exchange
materials (i.e., the mass of currently adsorbed adsorbate per mass of adsorbent), which is
calculated using adsorption rate constants and equilibrium via the adsorption isotherm [54,
55]. At a low capacity, the functional groups are charged with compensating ions. When
ions from a solution come into contact with the adsorbent, one or more balancing ions may
be released as the adsorbed ion establishes a connection with the new free space [53]. Multi-
charged ions can form chelating bonds with multiple active groups. Temperature affects
the kinetics of the process and the equilibrium by influencing adsorption and desorption
rates [56]. The hydrogen ion concentration (which determines pH) affects the maximum
capacity, since hydrogen ions interact with the functional groups of cation exchangers [57].
Despite the widespread use of ion exchangers for water purification, current models do not
adequately capture the specific dynamics of iron ion removal in PEM electrolyzer systems.
Most existing ion exchange models focus on single-species behavior or generic multi-species
systems, and do not reflect the transient, competitive adsorption processes between Fe**
and Fe* ions under electrolysis conditions. Furthermore, these models often omit the dy-
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namic oxidation of Fe?" to Fe*" and their spatial displacement within the ion exchange bed.
To address this gap, we develop and validate a dynamic and spatially resolved multi-species
ion exchange model that explicitly captures the competitive adsorption and replacement
of Fe*™ by Fe**. The model is tailored to conditions relevant for PEM water electrolysis
and is calibrated against new experimental data to ensure practical applicability.

To examine and predict the specific adsorption behavior, numerical simulations based on
mathematical models are useful. In batch experiments, pseudo-first-order and pseudo-
second-order rate equations are commonly employed to describe the change in adsorption
capacity over time, where the ion concentration in the liquid phase is measured periodically.
Typically, kinetic rate constants are fitted to experimental data [55]. Azizian’s work [58]
offers a theoretical approach to derive kinetic rate constants for pseudo-first and pseudo-
second order reactions, combining adsorption and desorption rates. The theory aligns well
with experimental data.

In a continuous ion exchange process, the ion exchange material is filled in a packed bed.
Concentration and capacity gradients occur as a result of ion adsorption. For single-species
adsorption, the Thomas model [59] can be used to predict the breakthrough curve [60].
While most models in the open literature are designed to simulate the removal of a sin-
gle ion, Melis et al. [21] introduced a model to address the competitive adsorption of
multiple species in multi-species systems which, after fitting, showed good agreement to
experiments. Van Assche et al. [22] improved the extended Langmuir multi-species model
by accounting for the effect of the size of the adsorbate molecules for species with Lang-
muir adsorption behavior. This model can be used to simulate multi-species behavior.
Both models provide valuable foundations for capturing competition among multiple ionic
species, yet neither focuses on iron speciation relevant to PEM electrolysis, nor the unique
replacement dynamics of Fe*" by Fe** ions.

In this work, we extend these concepts and specifically incorporate the replacement of
weaker Fe?T ions by the stronger Fe* ions in the context of water refinement loops for PEM
electrolyzers. Existing multi-species models have not been specifically tailored or validated
for ion exchangers operating under conditions relevant to PEM electrolyzer systems. PEM
electrolyzers present distinct challenges, such as fluctuating concentrations of Fe*™ and
Fe*' ions due to dynamic corrosion and oxidation processes, which are not adequately
captured by current models. In particular, they do not capture the competitive adsorption
behavior of Fe?* and Fe*" ions, including the process where Fe?' ions are displaced by
Fe3' ions over time. This competitive adsorption affects the dynamic interactions between
an electrolyzer and an ion exchanger, where the ion input fluctuates, and Fe?" ions enter
through corrosion and are oxidized to Fe*™. Both ions contribute to degradation reactions
inside the cell, impacting overall efficiency and lifespan.

Thus, a model is needed to capture the dynamic and spatial behavior within the ion
exchanger, as well as to account for the competitive adsorption of Fe*™ and Fe*" ions,
which influence each other’s adsorption and affect the ion concentrations in the system.
This type of model can predict key characteristics such as breakthrough curves, time
until exhaustion, and performance under various operating conditions. To the best of our
knowledge, no existing ion exchanger models specifically address the removal of Fe*™ and
Fe3' ions in the context of PEM electrolysis or adequately describe their interactions with
the ion exchange material used in this study.

To address this challenge, we present a model that captures the interactions between
iron ions and the ion exchange material under conditions relevant to PEM electrolyzer
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systems. Our ion exchanger model is developed by extending the single-species Thomas
model [59] using the multi-species Langmuir model [61], enabling us to simulate the com-
petitive adsorption and dynamic replacement of weaker ions (Fe®t) by stronger ions (Fe®*).
In contrast, while the approaches of Melis et al. [21] and Van Assche et al. [22] also address
multi-species Langmuir systems, they do not explicitly capture the replacement of weaker
ions by stronger ions.

We calculated key adsorption parameters based on measurements (e.g., Langmuir constants
and maximum capacities) specifically for Fe?t and Fe*" removal using commonly used ion
exchanger materials, like Lewatit TP 207@®), providing previously unavailable data on the
interaction between this material and Fe*™ and Fe*" ions. To further refine the model, we
fitted the surface diffusivity parameters to our experimental data, as described in detail
in Section 4.3. The fitting showed good agreement between the simulated and observed
results. By integrating this enhanced ion exchange model with a simplified iron ion con-
centration source term that accounts for the amount of Fe-ions added to the stream by the
electrolyzer, we can analyze ion dynamics without the need for a full-blown electrolyzer
model. In other words, the electrolyzer model does not consider electrochemical reactions,
such as hydrogen (Hs) and oxygen (O) production. This targeted simplification increases
the model’s computational efficiency by focusing solely on the ion exchange processes crit-
ical for Fe?" and Fe* removal. The omission of these electrochemical reactions introduces
only a negligible error because they have minimal impact on the overall iron ion dynamics
within the system under the operating conditions studied.

The ion exchange process is modeled under constant flow conditions with ideal mixing
in the liquid phase, assuming adsorption behavior dictated by multi-species Langmuir
isotherms. The ion exchanger is axially discretized into sections using the 1D finite volume
method to capture the spatial distribution of ions. By combining the ion exchanger model
with a model for the iron ion source in electrolyzer, we capture the dynamics of ion con-
centration and the interactions between these species within the PEM electrolyzer system.
This approach, also considering the effects of temperature, pH, and ion selectivity on the
ion exchange process.

The experimental setup, which used Lewatit TP 207@®) as the ion exchange material,
maintained a constant temperature and flow rate to replicate the conditions within the
electrolyzer system. Corrosion and oxidation rates were based on literature, providing
the basis for simulating iron ion input and interaction within the system. These boundary
conditions allowed for accurate simulation of breakthrough curves, offering insights into the
design and operation of the ion exchanger in combination with the electrolyzer, enhancing
performance predictions and operational lifespan estimations.

The remainder of this chapter is organized as follows: Section 4.2 describes the development
of the multi-species ion exchanger model and the model for the iron ion source in the
electrolyzer. Section 4.3 outlines the experiments conducted, and explains how the model
was fitted to the experimental data. In Section 4.4, simulation results are presented for a
case study examining the performance of ion exchange within an electrolyzer system. This
section includes simulations of breakthrough curves to analyze the competitive adsorption
behavior of Fe*™ and Fe®" ions, a sensitivity analysis to determine the effect of varying
operating parameters (such as flow rate, initial loading, and corrosion intensity) on the ion
exchange process, and simulations of long-term performance to predict the ion exchanger’s
behavior under continuous operation over time. Finally, Section 4.5 concludes the chapter
with a summary and outlook.
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4.2. Model Description

This section presents the multi-species ion exchange model, adapted from existing models
and integrated with a simplified iron ion source. It aims to predict key characteristics
of the ion exchanger, such as breakthrough curves and time until exhaustion, while also
enhancing the understanding of the competitive adsorption behavior between Fe*™ and
Fe3' ions. The model’s surface diffusivity parameters were fitted to our experimental
data, ensuring its suitability for the specific interactions of Fe*™ and Fe®' ions with the
ion exchanger material. The model has been implemented in Python.

The overall system model consists of two main components: a simplified iron ion source
representing the electrolyzer (index E) and an ion exchanger model (index IE), focusing
on ion dynamics specific to the integration of these systems, as shown in Figure 4.1.

A stream of water with a volumetric flow rate, V, containing Fe*" and Fe*" ions, flows from
the electrolyzer to the ion exchanger and vice-versa. The volumetric flow rate V, is assumed
to remain constant throughout the system (inlet equals outlet), as the concentration of iron
ions is small and does not significantly alter the density of the water. In the ion exchanger,
the competitive adsorption of Fe*™ and Fe*" ions is modeled, and a portion of these ions is
removed. As a result, the flow returning to the electrolyzer has reduced levels of Fe*™ and
Fe3' ions. The model captures the time-variable behavior of the ion concentrations within
the ion exchanger, allowing for predictions of iron ion levels across different sections of the
ion exchanger and the influence of process parameters on adsorption efficiency.

Electrolyzer (E) lon Exchange Bed (IE)

v

Figure 4.1.: General model structure: On the left, the model for the iron ion source in
electrolyzers, and on the right, the ion exchanger model divided into sections. Water, containing
iron ions, flows from the electrolyzer to the ion exchanger at a volumetric flow rate V and then
returns to the electrolyzer.
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4.2.1. Modeling of the Iron lon Source in Electrolyzers

The model for the iron ion source in electrolyzers is a simplified approach only designed
to capture the changes in iron concentration within the electrolyzer. The electrolyzer
is treated as a single control volume representing the liquid phase, where iron ions are
ideally mixed in a fixed water volume, Vg; this simplification is due to the lack of detailed
geometrical information about the electrolyzer. It allows the model to focus on average
concentration changes rather than resolving spatial variations, which are not essential for
this analysis. By using such a lumped-parameter model, the overall behavior of the system
is captured.

The model includes a source term for Fe*™ ions, representing corrosion occurring on the
surfaces of pipes, tanks, and other stainless steel components. The corrosion rate is based
on the literature, with the surface area for corrosion estimated based on an equivalent
pipe surface area. Additionally, Fe* ions are oxidized to Fe*™ ions within the electrolyzer
cell, modeled by an oxidation term. The model excludes other species and electrochemical
processes within the cell. Corrosion rates for stainless steel, including both non-welded
and gas tungsten arc welded (GTAW) conditions, are based on measurements reported by
Bernardi et al. [62]. These corrosion rates r. are used in the sensitivity analysis, ranging
from 2.14 to 10.36 pmyr—!.

According to Benson et al. [63], corrosion primarily releases Fe®' ions into the solution,
with OH™ ions also generated to maintain electrochemical neutrality. The source term for
Fe?" inside the electrolyzer control volume is calculated via

RF62+ o Apipesrcp316L 5

with the specific pipe surface area per water volume A;,es, corrosion rate 7. and density
p3161, = 7.9kg L1 for common stainless steel 316L [64]. The specific pipe surface area is
calculated via the ratio of surface to volume Apies = T assuming a cylinder with an
estimated average pipe diameter of dpipes = 0.5m, taking into account the different sizes of
equipment and pipe diameters in typical electrolyzers. The oxidation of Fe*™ ions to Fe®*

inside the system is simplified here by calculating the oxidation rate constant via [63]

. 10_3.9 d—l7 pH < 3.75
ox 10 2.02pH — 11.77 dfl, pH > 3.75.

Based on the corrosion term for Fe?* and the oxidation term for Fe*™ formation, the overall
source terms for the iron ions in the electrolyzer are:

RF62+7E - RF62+7CF - kOX CF62+,E’

Ryt g = Kox Cpe2+ g

where ¢; i denotes the concentration of ion ¢ in the electrolyzer system.

The source terms in this model thus depend on the concentrations in the electrolyzer.
These in turn are also influenced by the volumetric flow rate of water V' (assumed constant)
coming from the ion exchanger, as well as the concentrations of the ions i at the outlet of
the ion exchanger (¢;,IE). Thus, the iron ion concentrations in the electrolyzer, ¢; g, are
calculated by a mass balances assuming ideal mixing:

dci,E o V
dt Vg

(cigp — ¢ip) + Rig, (4.1)
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with the liquid volume in the electrolyzer Vi, g, exchange volumetric flow rate V and the
concentration c¢; g in the stream coming from the ion exchanger for the iron ions i =
Fe?t Fe*T.

4.2.2. Modeling of the lon Exchange Bed

To model the ion exchange process, it is essential to consider both the solid and liquid
phases. As shown in Figure 4.2, the model accounts for the volume of ion exchange
particles Vig, the fluid volume within the voids V1, and the superficial fluid velocity vsyper,

which represents the volumetric flow rate of the fluid per unit cross-sectional area of the
v
A

exchanger, i.e, Usyper = where A is the cross-sectional area, including both liquid and

solid phases.

Vsuper

Figure 4.2.: Schematic representation of the ion exchange bed model. Vig denotes the volume
of the ion exchange particles, V| represents the volume of fluid within the void spaces, and
Usuper 1S the superficial fluid velocity. The darker ion exchange particles represent full saturation
with adsorbate, the lighter ones partial saturation with remaining capacity, and the white ones
no loading; overall the figure illustrates a saturation gradient where particles near the inlet
saturate first.

The key underlying phenomena in the liquid phase are advection and interaction with the
adsorbent phase. We model the ion exchange bed by dividing it into multiple dynamic con-
trol volumes (sections) along its length, each representing a segment of the bed where ion
concentrations and adsorption/desorption processes are monitored. The one-dimensional
representation is motivated by the need to reduce computational complexity, as 2D or 3D
modeling would be too resource-intensive for the simulation. The justification for focusing
on axial transport is the slow, steady flow typical in ion exchangers, resulting in longer
ion exchange times. In a specific packed bed setup, ion removal happens uniformly across

20



4.2. Model Description

many small granules throughout the bed, not just at the walls, which minimizes radial
gradients. In the following, we first outline the standard techniques for related transport
phenomena and adsorber modeling that are common for single-species systems, before
deriving the extension to multi-species systems that is required for our application.

4.2.2.1. Single-species Systems

We begin with the total mass balance equation, which inherently accounts for both the
liquid and solid phases. Following Sherwood [65], the overall mass balance is given in the
differential form:

Eb% + pb% + Usuper% =0, (4.2)
where ¢;(t, z) denotes the mass concentration of ion 7 (i.e., Fe** or Fe®*) in the liquid phase
as a function of time ¢ and position z, and ¢;(t, z) represents the adsorbed capacity (i.e.,
the mass of adsorbed ions per mass of adsorbent) also as a function of time ¢ and position
z. The bulk density of the adsorbent bed, p,, represents the mass of the adsorbent per
total bed volume (Vig+V1,). The bed porosity €, is defined as ¢, = ﬁ

Since the total mass balance already represents both the liquid and solid phases, it forms
the primary governing equation. To close the system, we use the exchange rate R; that
links the change in the solid loading ¢; to the overall balance. This ensures that both ¢;

and ¢; evolve consistently. For each ion ¢, the solid-phase relation is given by:

dq;
Pb It

where R;(t, z) is the exchange rate of ion 7, i.e., the net rate at which ions are adsorbed onto
or desorbed from the solid phase at time ¢ and position z. By substituting p, %ii = R; back
into the total mass balance equation (4.2), we express the governing equation in terms of
¢; and R;. Although the resulting equation appears to focus primarily on the liquid-phase
concentration ¢;, it still represents total mass conservation since R; inherently accounts for
the solid phase. By keeping R; as an algebraic variable, we retain the flexibility to modify
it later (e.g., for multi-species systems). Together with the solid-phase balance (4.3), this

formulation yields a coupled system that captures the dynamics of both phases.

=R, (4.3)

To approximate R; under the given conditions, we use the Thomas model [59], which
provides a constitutive relationship for the kinetics of ion adsorption and desorption:

q;
Ri = k{(in (Ci (Qmax,i - QZ) - KL > 5 (44)

where ki, is the adsorption rate constant, ¢;(t,z) is the concentration of the adsorbate
in the liquid, gmax; is the maximum adsorption capacity of the given adsorbent material,
¢i(t,z) is the capacity and K,; is the Langmuir constant. While the Thomas model
is limited to single-species systems, it forms the basis for our work and is adapted in
Section 4.2.2.2 to capture multi-species dynamics, incorporating competitive adsorption
effects. A detailed derivation of the adsorption rate constant and associated transport
parameters is provided in Appendix C.
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4.2.2.2. Extension to Multi-species Systems

While multi-species adsorption has been studied by Melis et al. [21] and Van Assche et
al. [22], these approaches do not explicitly consider the continuous replacement of weaker
ions (Fe*") by stronger ions (Fe*"), which is crucial in PEM electrolyzer systems. In
the present system, the strong Fe®" ions have a higher equilibrium capacity and their
adsorption is thermodynamically preferred to that of the weak Fe?' ions. Initially, the
strong ions are adsorbed in the first parts near to the inlet of the ion exchanger, blocking
the adsorption sites for the weak ions. The weak ions are thus initially adsorbed further
downstream in the ion exchanger. Over time, if the influx of new strong ions does not stop,
these weak ions are replaced by strong ions. During this replacement, more weak ions are
replaced in the last sections of the bed and more weak ions are released than adsorbed for a
short time, causing the outlet concentration to temporarily exceed the inlet concentration
and resulting in a peak for the breakthrough curve of Fe*™ ion [66].

To the best of our knowledge, there are no models that can be used in the case of iron ion
exchangers to include multi-species adsorption and accurately capture the replacement of
weak ions by strong ones. To fill this gap, we take the fundamental Thomas model, which
is designed for the adsorption of single species, and extend this model to the simultaneous
adsorption of multiple ions (FeQJr and Fe?’+), including the competitive adsorption behavior.
To develop the multi-species adsorption model, we start from the multi-species Langmuir
equilibrium model [61]:

KL,iCi
Qe,i = (max,i )
L+ Kuci + 320 54(Kr i)

(4.5)

where ¢ ;(t, z) is the equilibrium capacity. To simplify the examination of the upcoming
modifications, especially weak ion replacement, we reorganize Equation (4.5) to obtain:

1 1
Ge,i (KLz + ¢ + KLi Z(KL,jcj)) = Gmax,iCi,

and further into:

qe,i Qe,i
0 = Ci(Qmax,i - e,i) - - = _ Z(KL,]'C]')- (46>

The first two terms are equivalent to the driving-force term in the single-species Thomas
model, cf. right-hand side of (4.4), except that (4.6) uses the equilibrium capacity g¢.;
while (4.4) uses the actual (potentially non-equilibrium) capacity ¢;. The last term in
Equation (4.6) includes the effect of competitive adsorption in multi-species systems. Based
on this, a straightforward extension of the Thomas model to multi-species systems would
be:

4d; d;
R; = k‘f{in (Ci(Qmax,i —qi) — E - K., Z(KL,J‘CJ')> (4.7)

However, such a model cannot adequately describe the replacement of weak ions (e.g.,
F62+) by strong ions (e.g., Fe3+), as it assumes equal probabilities of site occupancy for
all ions, regardless of their binding strength. Strong ions, such as Fe*", exhibit prefer-
ential adsorption due to their higher charge density and greater electrostatic attraction
to exchange sites. This behavior arises from differences in ion hydration energies and
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charge-to-radius ratios, which influence the thermodynamics of ion exchange. Competitive
adsorption processes like this are well-described in studies on Langmuir adsorption and ion
exchange thermodynamics [61, 67].

Therefore, we propose a modification of the driving force term of the following form:

Z KL,jCj> (4.8)

J#i

qi

q
R; = ki, (ci (Gmaxi — @) — -~ Ko

%
Ky

K,

by introducing the replacement factor Kgc, which is a function of the capacities ¢;(¢, z).
For the functional form of Kpc, we use the boundary conditions that Kgc ~ 0 for low
capacities, where competition is irrelevant since there are many available free adsorption
positions, and Kgc = 1 at equilibrium, where competition is governed by the multi-
species equilibrium according to (4.6). More specifically, based on schematic diagrams
from theoretical studies [66], which illustrate the typical behavior of competitive adsorption
between weaker and stronger ions, we assume the following functional form:

w = () @

npc = nBC,O <1 — %:qz;) 5 (410)

with npco as an adjustable parameter. This form of Kpc is motivated by its ability to
capture the nonlinear progression of competitive adsorption observed in theoretical replace-
ment curves [66], which show a transition from negligible competition at low adsorbent
loading to full competition as equilibrium is approached. To reproduce this characteristic
shape in simulations, we introduced a dynamically decreasing exponent ngc that modulates
the replacement intensity as a function of current versus equilibrium loading.

Initial trials with simpler alternatives, such as a constant exponent or a linear scaling
of Kgc, were unable to match both the steep onset of competition and its saturation
near equilibrium. In particular, a constant ngc could not replicate the overshoot of Fe?*
breakthrough curves, which depend on localized replacement dynamics. The selected for-
mulation introduces only a single adjustable parameter npc( while respecting the correct
boundary behavior, and thus provides the minimal nonlinear structure necessary to capture
the observed and theoretical dynamics of competitive ion replacement.

Table 4.1 summarizes the main model equations and assumptions for clarity and quick
reference. Additional components, including corrosion, oxidation, and adsorption kinetics,
are detailed in Section 4.2.1 and Appendix C.
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Table 4.1.: Main equations and modeling assumptions used in the ion exchange system model.

Model Component Equation or Assumption

dCiE V
E_ 7 (eE— 5 (Eq. 4.1
g VL,E(C’IE cip) + Rig (Eq. 4.1)

1D mass balance in exchanger ¢, %Cti + pb% + vsuper% =0 (Eq. 4.2)

Electrolyzer mass balance

Solid-phase loading balance Pb %qti = R; (Eq. 4.3)

Single-species exchange rate R; = ki, <ci(qmax,i —qi) — qu > (Eq. 4.4)
L.

Ky, ¢
1+ Krici + 32, Kuje

Multi-species Langmuir equi- gei = Gmax,i (Eq. 4.5)

librium
Extended  Thomas model R; = ki, | ¢i(qmaxi — @) — % _ KBC& Z Ky, jcj
. . Ky Ky, <
(multi-species) i
(Eq. 4.8)

Z' q nBpc
Replacement factor Kpc = ( Lt ) (Eq. 4.9)

Zi Qe,i

Zi qi >
ngc =nc,o | 1 — Eq. 4.10
i e, ( )

)

Modeling Assumptions

The ion exchanger is modeled in one dimension along the axial direction.
The volumetric flow rate V is uniform across the entire system.

The electrolyzer is assumed to be ideally mixed with no spatial gradients.
Electrochemical reactions such as Ho and Os generation are not included.

Only Fe?* and Fe*' ions are considered in the model.

4.2.3. Model Implementation and Discretization

The model of the overall system consists of the iron ion source in electrolyzers and the ion
exchanger model. It contains ordinary differential equations (ODEs) for the iron ion con-
centration in the electrolyzer and both ordinary and partial differential equations (PDESs)
for the ion exchanger.

To solve the partial differential equations in the ion exchanger, we use the method of
lines by discretizing the spatial domain of the ion exchanger into N sections using a 1D
finite volume approach. This transforms the partial differential equations governing mass
transport and adsorption into a system of ordinary differential equations. These are then
solved together with the ordinary differential equations of the electrolyzer.

The method of lines with finite volume discretization is a classical and robust approach
for one-dimensional reactive transport problems and provides stable and accurate results
for the current application. As the primary focus of this work is the development and val-
idation of the multi-species ion exchange model, rather than numerical solution strategies,
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4.2. Model Description

more advanced discretization methods were not pursued. For discussions on numerical
stiffness, solver stability, and alternative schemes such as nonstandard finite difference
methods or finite element methods, we refer interested readers to standard textbooks on
numerical methods [68] and, for the foundational development of nonstandard finite dif-
ference (NSFD) schemes, to the monograph by Mickens [69], as well as representative
expository works [70, 71].

In the implementation, we start from the total mass balance equation (4.2), which in-
herently accounts for both the liquid and solid phases. Discretizing it along the length
coordinate z of the ion exchanger, for each species ¢ and section k, we obtain:

dCi .

AAZ GbT’k + Pb AAZ Ri,k + V(Ci,k — Ci,(k—l)) = 0, (411)
where A is the cross-sectional area of the ion exchanger, and Az is the length of the finite
volume in the z-direction. To ensure stability and accuracy in advection-dominated flow,
we apply the upwind scheme to the convective term from Eq. (4.2). Additionally, the
solid-phase mass balance (4.3) is discretized for each species ¢ and section k as

dgix  Rig

= Lk 4.12
TR (4.12)

In both (4.11) and (4.12), the rate R;j is determined from the chosen kinetic model,
especially (4.8), with the local ¢; x, ¢; .

To solve the set of ordinary differential equations (4.1), (4.11) and (4.12), we use the
Forward Euler method. Although the Forward Euler method is not the best method for
solving ODEs [72], it was chosen for its ease of implementation. To ensure numerical
stability and accuracy, we started with a Courant—Friedrichs—Lewy number of 1, resulting
in an upper time step bound of At = A‘f"’, ensuring that the entire liquid volume is
exchanged in each discrete step. A step size study was conducted (not shown here for
brevity), in which the number of steps per minute was increased by factors of 2, 3, and up
to 10. The results indicated that beyond a factor of 9, the solution changed by less than

1%, so a factor of 9 was used in all subsequent simulations.
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4. Multi-Species Ion Exchange Modeling for Iron Removal

4.3. Experiments and Parameter Fitting

This section outlines the experimental procedures used to study the adsorption of Fe* and
Fe®t ions on the adsorbent material Lewatit TP 207 ®). It was chosen due to its excellent
adsorption properties for iron ions, availability, and the research team’s prior laboratory
experience with it. In the following, we first describe our equilibrium experiments to
determine Langmuir constants and maximum capacity of the Lewatit TP 207 ®) adsorbent.
Afterwards, we discuss the measurement of breakthrough curves and results of fitting our
model to this data.

4.3.1. Equilibrium Experiments

In this experiment, we determined the equilibrium capacity of Lewatit TP 207 ®) for Fe?*
and Fe’" at a temperature of 60°C. The Lewatit TP 207 (R) was pretreated with strong
acid to ensure its functional groups are fully protonated. First, we mixed a certain amount
of iron sulfate with ultra pure water for 30 minutes. Then we made a first measurement of
conductivity and pH using an EC meter (ISM 3/4” NPT 0.1C Ti 34mm, 2-Pol-LF sensor)
and a pH meter (InPro3100i/SG/120), both normalized to 25°C. In a next step, Lewatit
TP 207 ® in the form of solid beads was added to the solution. After a few minutes,
the experiments showed a color change of the Lewatit TP 207 ®), indicating an exchange
of ions, which is consistent with previous findings by Ahmetli et al. [73]. After 24 hours,
measurements showed that there was no more change in conductivity, so we assume that
the equilibrium conductivity had been reached. The results of these batch experiments
after 24 hours, including initial and equilibrium conductivity and pH, are presented in
Table 4.2.

Table 4.2.: Measured initial conductivity o, conductivity at equilibrium state o. and pH in
equilibrium state for 0.5 g of Lewatit TP 207 (R) in 500 mL of ultrapure water (UPW) with the
given initial iron ion concentrations. The total experimental error is estimated to be 1%.

UPW Fe2t Fe3+
50mgL~t 500mgL~! 50mgL~' 500mgL~!
op pSem~! 0 223 1405 672 3085
g, pScm~! 9.5 511 1806 764 3806
pH - 4.7 2.96 2.73 2.68 1.99

From this measurement data, equilibrium concentrations of iron ions in the solution were
computed using agion® [74], an aqueous chemistry software package. Input parameters
included the measured pH, measured conductivity values and the calculated molar concen-
trations of sulfate ions based on the initial amounts of dissolved iron salts. We iteratively
adjusted the iron ion concentrations in the model until the charge neutrality condition
was satisfied within an acceptable error margin (below 0.3%). The computed equilibrium
concentrations and corresponding capacities are presented in Table 4.3.
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4.3. Experiments and Parameter Fitting

Table 4.3.: Computed iron ion concentrations in the solution at equilibrium state c.; and
computed equilibrium capacities ge; for Lewatit TP 207(R)in 500 mL UPW with the given
initial iron ion concentrations via aqion®, open CO, system with its default parameter for
partial pressure calculation of pCO, = 3.408. For the computation of the iron concentrations,
the pH and conductivity values are taken from our measurements.

Fe?t Fe3t
50mgL~t 500mgL~! 50mgL~' 500mgL~!
Cei G L=t 13 388 3 170
ge; mgg ' 37 112 47 330

To compute the maximum equilibrium capacity and Langmuir constants, the equilibrium
concentration and capacity data points from Table 4.3 were inserted into the Langmuir
model:

Goi = Gmax,i KL,i Ceyi
e — .
1+ Kyjcei

This yields two equations each for Fe*™ and Fe®* that can then be solved for the K7,; and
Jmax,i- The results are presented in Table 4.4 and illustrated in Figure 4.3.

Table 4.4.: Maximum capacities ¢y,ax; and Langmuir constants K| calculated for Lewatit TP
207 (R) from the equilibrium concentrations in Table 4.3.

Fe?t+ Fe3t

(max,i mgg~t 120 370
Ky, Lmg=! 0.034 0.048
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Figure 4.3.: Langmuir isotherms (lines) and equilibrium data points computed using parameters
from Table 4.4, based on experimental results in Table 4.3.

In this step, we did not perform a detailed identifiability analysis, which can be found in
classic parameter-estimation literature (e.g., [75, 76]).

4.3.2. Continuous Experiments and Parameter Fitting

The ion exchange model contains parameters, such as surface diffusivities, that are missing
and difficult to measure directly. To address this, the parameters were estimated by fitting
the model to experimental data. For this purpose, a simplified experimental setup was
designed to replicate the processes occurring in the refinement loop of a PEM electrolyzer.
In this setup, water is pumped from a tank into the ion exchange cartridge, with con-
ductivity and pH measured before the cartridge inlet using an EC meter (ISM 3/4” NPT
0,1C Ti 34mm, 2-Pol-LF sensor) and a pH meter (InPro3100i/SG/120), both normalized
to 25 °C. The entire system is housed within an oven to maintain a constant temperature
of 60 °C, ensuring consistent operating conditions during the experiment.

The inlet stream passes through a backflow filter (consisting of two layers of fine mesh
secured by sealing rings) before entering the cartridge, where the ion exchange particles
reside. This design prevents ion exchange particle backflow when the pump is stopped.
The flow moves through the cartridge, proceeds upward, and finally exits the cartridge.
A solution containing 50 mg L~ each of Fe?" and Fe*™ in 2 L of UPW was circulated
with the ion exchange cartridge in bypass mode until the process temperature of 60°C was
reached.

To validate the model described in Section 4.2, the material properties, experimental design
data, and measured values are used to match the simulation to the experiment and the
ion exchange material used. The corresponding parameter values are listed in Table 4.5.
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4.3. Experiments and Parameter Fitting

Table 4.5.: Parameters values used for the fitting of the ion exchange model to experimental
data.

Parameter Symbol  Value
Effective particle diameter d,, 550 pm [77]
Ion exchanger height h 0.06 m
Langmuir constants KFe*” 0.034 Lmg*

KF"" 0.048Lmg ™!
Maximum capacity Gmaxpe2+  120mgg™!

C]max,FeB7L 370 mg gil

Particle density Pp 1170g L™t [77]
Bulk density Db 720g L1 [77]
Molecular diffusivities DEe** 7.19 x1071% cm?s7! [78]

DE*™ 6.04 10710 cm?s7! [78]

Total particle mass mp 8.83b¢g
Volumetric flow rate 1% 40 mL min~*
Initial pH pH 3.28

The ion exchange cartridge was modeled as an axial cylinder, with additional process
parameters determined in accordance with Section 4.2. In our scope, it is not possible to
accurately measure the concentrations of iron ions (Fe** and Fe®*) and thus the specific ion
exchange rates. Since direct measurement of iron ion loading is challenging in continuous
systems, we used pH as an indirect proxy for iron ion exchange. Therefore, the change
in pH value is utilized for parameter estimation. During the ion exchange process, HT
ions are released, which influences the pH. However, pH is affected by other species and
interactions in the solution. Therefore, while pH serves as an indirect indicator of ion
exchange dynamics, it may not exclusively reflect HT ion release from the ion exchange
material. The experimental data of the change of the pH in a continuous ion exchange
process is shown in Figure 4.4. The graph presented begins at the point where iron ions
are added to the experiment. This coincides with a period of stable pH following an initial
decrease (not shown in Figure 4.4), after the ion exchange material is brought into contact
with the water. We have intentionally excluded this initial pH drop from our analysis.
This exclusion is based on the assumption that this initial change likely reflects the self-
dissociation of the protonated active groups within the ion exchange material upon contact
with water, which is not included in our model.

In the first minutes after the addition of the iron ions, a sharp drop in pH can be observed.
Subsequently, the pH decreases steadily and levels off toward the end of the experiment.
To achieve a suitable fit for the pH curve, surface diffusivities D; pe2+ and Dy pes+ (Equa-
tion (C.1)) were estimated. For simplicity, we assumed a priori that the surface diffusivities
of Fe*™ and Fe** are equal. This is based on their similar ionic sizes and charges. The value
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4. Multi-Species Ion Exchange Modeling for Iron Removal

of these surface diffusivities was then determined by least-squares regression under two con-
ditions: charge neutrality (cn), where two or three H ions are released per adsorbed Fe**
and Fe®' ion, respectively, and the condition (c2), where two H* ions are released per
adsorbed iron ion. For the charge neutrality condition (cn), the surface diffusivities were
estimated to be D pe+ = Dgpes+ = 0.15 - 107 %cem?s™!. For the two H' ions release
condition (c2), the estimated value was found to be D pe2+ = Dy pes+ = 0.3-10"Pcm?s ™.
However, the estimated diffusivities fall outside the range reported for anion exchange ma-
terial surface diffusivities in the literature [79]. This discrepancy suggests that the fitted
parameter may be compensating for unmodeled factors such as channeling, dead zones, or
uneven flow distribution. These low fitted values arise in part due to model assumptions:
the surface diffusivity used here is an effective parameter that lumps together several trans-
port resistances, including intraparticle diffusion, film diffusion, and any nonidealities in
flow or particle packing. The model assumes homogeneous porosity and does not explicitly
resolve spatial distributions of voidage or channeling effects. As such, the fitted diffusiv-
ity compensates for these unmodeled factors by appearing lower than literature values for
idealized systems.

In addition, the observed deviation from typical diffusivity ranges may also reflect char-
acteristics of anomalous diffusion, as commonly reported in packed beds and porous me-
dia [80, 81]. In such systems, effective transport is reduced due to pore structure effects
such as tortuosity, dead-end pores, and constricted channels, which lead to sub-Fickian
behavior. These effects are not captured explicitly in the present model but are known to
significantly reduce apparent diffusivity even when molecular transport remains unchanged.
Moreover, the breakthrough curve shape was found to be sensitive to the value of Dy,
particularly influencing the steepness of the front and the timing of iron ion breakthrough.
This sensitivity supports the relevance of the chosen fitted value and highlights the impor-
tance of D, in accurately capturing the system dynamics.

The fitting in Figure 4.4 indicates that the case cn agrees better with the experimental
data. Consequently, the cn case is used as a base case for the subsequent simulations.

It should be noted that while pH provides a sensitive and time-resolved indicator of overall
ion exchange dynamics, it does not allow for species-specific resolution of Fe?* and Fe3*
adsorption. Direct measurements of individual iron ion concentrations would provide a
more accurate basis for model validation in the future.
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Figure 4.4.: Comparison of measured and simulated pH values in a continuous ion ex-
change process. The pH measurements were taken at very short intervals, allowing for a
near-continuous representation of the data. The simulated pH curves are fitted assuming two
scenarios: release of two compensating ions per iron ion (c2) and charge neutrality (cn), where
release of three ions per Fe3t ion is assumed. The cn scenario shows a better fit with the
experimental data.

4.4. Sensitivity Analysis and Long-Term Performance

In this section, we first use the model developed in the previous sections to predict break-
through curves at constant inlet concentrations and analyze the effect of the exponent ngg
for the exchange factor K¢ and various gradients within the ion exchanger. This is fol-
lowed by a sensitivity analysis to investigate how different factors—such as the refinement
volumetric flow rate, initial concentrations of Fe*™ and Fe*™ and corrosion rate—affect the
breakthrough curves. Finally, we examine the long-term adsorption behavior to estimate
the time until exhaustion of the ion exchange bed and determine the appropriate intervals
for its replacement.

The current model implementation and parameterization are specifically tailored to the
experimental data obtained for Lewatit TP 207®) under conditions of pH = 4 and T' =
60°C. These operating parameters were selected based on typical conditions in PEM
electrolyzer systems and matched to the available laboratory setup. As such, the fitted
adsorption parameters (e.g., Langmuir constants, surface diffusivity) are valid only within
this operating window. Adsorption capacity and ion exchange kinetics are known to be
sensitive to both pH and temperature, due to effects on ionization equilibria and surface
interactions. Therefore, the model’s predictive accuracy outside of these conditions has
not been validated and requires further experimental study. In particular, generalization
to other exchanger resins or strongly acidic/alkaline conditions may require re-fitting of
equilibrium and transport parameters.
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4.4.1. Simulation of Breakthrough Curves

In this subsection, the primary objective is to verify whether our modified Thomas model
can capture the competitive adsorption of Fe?t and Fe*™ and in particular the replacement
effect described in Section 4.2.2.2. To that end, we analyze the impact of varying the
parameter npco in Eq. (4.10) on the shape of the weak ion displacement curve using
simulations of the ion exchanger with a fixed iron ion concentration input, i.e., excluding
the model for the iron ion source in electrolyzers. The most suitable value of ngc is then
used for simulations including the model for the iron ion source in electrolyzers. Table 4.6
includes the parameters used for the simulation of the breakthrough curves.

Table 4.6.: Parameters utilized in the simulation of breakthrough curves for the ion exchange
process.

Parameter Symbol Value
Temperature T 333.15 K
pH pH 4

Number of ion exchange particles n, 10° (63 kg)
Ion exchanger height h 1m
Sections N 5

Inlet iron concentration Cinre2+  H0mgL™!

Cinpes+ O0mgL™!
Volumetric flow rate 1% 25BVh~! (104 Lmin™")
Langmuir constants KE‘32+ 0.034Lmg™*

KF*™ 0.048Lmg !
Initial capacity Gre2+o  Omgg™!

dres+o  Omg g™t

In Figure 4.5, we examine the impact of the parameter npc, ¢ in the range [0, 2]. We
simulate the breakthrough ratio for different values of npc, 0. When npco = 0, which
represents the case without our modification (where Kpc = 1, as in Equation (4.7)), there
is no significant peak in the ratio of outlet to inlet concentrations for the weak species
(Fe®t). In contrast, a pronounced peak in the ratio for Fe®* is observed at npc,y = 2, where
the ratio exceeds 1. This indicates that more Fe*™ ions are exiting the ion exchanger than
entering. This behavior occurs because, initially, Fe** accumulates in the downstream
sections. Over time, as the sections near the inlet become depleted of adsorbed Fe®T,
the preferential adsorption of Fe*", driven by its higher Langmuir constant and greater
maximum adsorption capacity, at the downstream sections displaces the accumulated Fe?.
This displacement leads to a peak release of Fe?" as it exits the ion exchanger.

These simulations aim to capture the qualitative behavior observed in the system. We
do not currently have quantitative data to validate or fit the model, and the purpose
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of this analysis is to explore and understand the mechanisms driving this phenomenon.
Qualitatively, we observe that the peak length and height increase with increasing npc,
leading to improved agreement with the shape of the multi-species breakthrough curves
observed in the work of Hu et al. [66], and these curves become more similar at higher
npc,0- Therefore, for the following simulations, ngco = 2 is chosen.
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Figure 4.5.: Influence of the parameter ngc o on the outlet-to-inlet concentration ratio of Fe?t
and Fe®" ions in the ion exchanger. The exponent ngc governs the competitive adsorption
behavior and the replacement effect, where weak ions are displaced by strong ions. As ngcpo
increases, the Fe*™ concentration at the outlet temporarily exceeds the inlet concentration,
indicating a competitive adsorption-replacement mechanism. This transient peak occurs as
Fe3* ions, which have a stronger affinity, displace Fe** ions from the exchanger, causing a

short-term increase in Fe2t concentration before it declines.
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4.4.2. Sensitivity Analysis for lon Removal in the Electrolyzer System

In this and the following sections, the model for the iron ion source in electrolyzers is
combined with the ion exchanger model. The standard parameters for the system are
defined in Table 4.7. First, we conduct a sensitivity analysis of the ion exchange process,
examining the effects of various parameters, such as the volumetric flow rate, corrosion
rate, initial concentration and initial capacity (to investigate the impact of regenerated
ion exchange material). The system is simulated for a 24-hour period, and the total
iron concentrations in the electrolyzer are compared. This analysis aims to assess the
robustness of the ion exchange process under different conditions and understand the
critical parameters that significantly influence the system’s performance.

There are no available measurement data for the influence of pH and temperature on the
maximum capacity of the ion exchange material used in this study. Consequently, sensitiv-
ity studies for these variables could not be performed. However, both pH and temperature
generally have an impact on ion exchange processes. High pH typically facilitates ion
removal due to decreased repulsion of HT ions from the adsorbent sites. Similarly, tem-
perature can affect the kinetics of ion adsorption and desorption, potentially altering the
equilibrium capacities.

Table 4.7.: Standard parameters for the sensitivity analysis.

Parameter Symbol Value

Temperature T 298.15 K

pH pH 4

Corrosion rate Te 10.36 pmyr—!

Electrolysis system water volume VLE 10,000 L

Number of ion exchange particles np 10° (63 kg)

Sections N )

Initial iron concentration (Fe’' and Fe*™) cpog 1073 mgL™!

Volumetric flow rate 1% 25BVh~! (approx. 104 Lmin!)
Langmuir constants KFe*" 0.034Lmg™!

K" 0.048Lmg!
Initial capacity dre2t 0 0Lmg™!
Qe+ o OL mg_1

4.4.2.1. Effect of Volumetric Flow Rate on lon Exchange

The influence of the volumetric flow rate on the ion exchange process was investigated
within the range of 10 to 40BVh™! with a step size of 10BVh™! (Figure 4.6). The
initial concentration of iron ions in the electrolyzer is low, and over time the Fe’" and
Fe?' concentration increases until both slow down. However, the Fe*™ concentration stays

65



4. Multi-Species Ion Exchange Modeling for Iron Removal

significantly lower. Since the rate of formation of Fe*' is kinetically controlled by the
concentration of Fe?™ as well as the rate constant of its oxidation, which is low, the Fe3*
concentration remains low. In contrast, for Fe?", the corrosion rate is high compared with
the oxidation rate of Fe** to Fe*™. In the considered range of volumetric flow rate, a higher
flow rate results in a shorter residence time, so that the ions spend less time in all sections
of the ion exchanger. This results in a decrease in the uptake of ions from the mobile phase
per pass through the ion exchanger, and thus an increase in the ion concentrations in the
system.
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(a) Effect of volumetric flow rate on Fe?* con- (b) Effect of volumetric flow rate on Fe3* con-
centrations in the electrolyzer. The Fe?T concen- centration in the electrolyzer. The Fe3* concen-
tration increases over time until reaching a limit, tration increases over time until leveling off, with
with higher flow rates generally resulting in higher higher flow rates generally resulting in higher Fe3 ™
Fe?t levels. levels.

Figure 4.6.: Fe>™ and Fe*" concentrations in the electrolyzer for varying volumetric flow rate.
All other model parameters were held constant according to Table 4.5. The figure illustrates
the influence of corrosion rate on ion breakthrough timing and concentration levels.

4.4.2.2. Impact of the Initial Iron Concentration

The effect of the initial concentrations of Fe?™ and Fe®' in the electrolyzer on the ion
exchange process was examined within a range of 1073 mgL~! to 1 mgL~!. Higher initial
concentrations of Fe*™ led to a greater degree of oxidation to Fe*'. Since the equilib-
rium state depends on concentration, increased ion concentrations resulted in increased
equilibrium capacities and enhanced ion removal. As shown in Figure 4.7, the iron ion
concentration decreases over time for high initial concentrations of Fe*™ and all initial con-
centrations of Fe*™, and increases for low initial concentrations of Fe*™. Due to the initial
high uptake of iron ions, the capacity is higher for higher initial ion concentrations, which
subsequently accelerates the desorption process.
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(a) Effect of the initial Fe?>" concentration on the (b) Effect of the initial Fe3 concentration on the
time-dependent concentration in the electrolyzer. time-dependent concentration in the electrolyzer.
The concentration of Fe?* initially increases for Regardless of the initial concentration, Fe3* levels
low initial concentrations due to corrosion, as the decrease over time, highlighting the removal effi-
ion exchange process is not sufficiently efficient to ciency of the ion exchange process. Higher initial
remove Fe®* ions from the solution. This leads concentrations lead to a steeper decline in Fe3*
to a continuous addition of Fe?T ions until the concentration.

system reaches equilibrium, where the rate of ion

addition by corrosion balances the rate of removal

by the ion exchanger. Conversely, at higher ini-

tial Fe?T concentrations, the ion exchange process

becomes more effective, resulting in a gradual de-

crease in Fe?T as it is converted to Fe3™".

Figure 4.7.: Fe®" and Fe*™ concentrations in the electrolyzer for varying initial iron concen-
trations. All other model parameters were held constant according to Table 4.5. The figure
illustrates the influence of corrosion rate on ion breakthrough timing and concentration levels.

4.4.2.3. Impact of Corrosion Rate

The corrosion rate was varied within the range of 2 to 10 pmyr~! [62], corresponding to
different materials and fabrication processes used in stainless steel components for balance
of plant systems in electrolyzers, including both non-welded and gas tungsten arc welded
joints. As discussed in Section 4.2.1, this changes the Fe*™ production rate while main-
taining a constant oxidation rate constant for the conversion of Fe?' to Fe*™ according
to Benson et al. [63]. A higher corrosion rate leads to a higher Fe*™ concentration, while
having little effect on the Fe*' concentration, as shown in Figure 4.8. This occurs because
the corrosion rate primarily affects the Fe*™ concentration, and at low Fe®T concentrations,
the ion exchange process is less efficient at removing Fe?". Consequently, Fe*™ accumulates
until the system reaches equilibrium, where the rate of Fe*™ addition by corrosion balances
its removal by ion exchange. The ion exchanger efficiently removes Fe®", ensuring that its
concentration remains relatively stable despite variations in Fe?' levels.
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As shown in Figure 4.8b, the Fe® concentration remains stable across different corrosion
rates, highlighting the effectiveness of the ion exchanger.

Although no formal sensitivity ranking was conducted, the results of the parametric simula-
tions in this section provide qualitative insights into the influence of individual parameters.
These trends can inform operational priorities; for instance, the corrosion rate appears to
have a stronger impact on Fe** accumulation than the initial concentrations under typical
PEM conditions.
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(a) The effect of corrosion rate on the Fe?* con- (b) The effect of corrosion rate on the Fe3*™
centration in the electrolyzer. As the corrosion concentration in the electrolyzer. Unlike Fe?*,
rate increases from 2 to 10 pmyr—!, the concen- the Fe3* concentration remains relatively stable
tration of Fe?" also increases. This is due to the across different corrosion rates. This stability

higher production rate of Fe?* from the enhanced
dissolution of iron at higher corrosion rates, as
discussed in Section 4.2.1. The graph indicates a
direct relationship between the corrosion rate and

is due to the ion exchanger's efficient removal
of Fe3T, which offsets its formation from Fe2™.
Consequently, even as higher corrosion rates in-
crease the production of Fe>*, the Fe3* concen-

the Fe?* concentration in the system. tration does not significantly rise because the ion
exchanger effectively removes the newly formed
Fe3™. Without the ion exchanger, higher Fe?*
levels would lead to proportionally higher Fe3t
concentrations, as the formation rate of Fe3t is

dependent on the Fe?* concentration.

Figure 4.8.: Fe?" and Fe*' concentrations in the electrolyzer for varying corrosion rate. All
other model parameters were held constant according to Table 4.5. The figure illustrates the
influence of corrosion rate on ion breakthrough timing and concentration levels.

4.4.3. Simulation of Long-Term lon Exchange

The long-term ion exchange is simulated to investigate the ion removal over the service-
time of the ion exchanger. The key parameters used in the simulation are summarized in
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Table 4.8.

Table 4.8.: Parameters for the long-term ion exchange simulation.
Parameter Symbol Value
Temperature T 298.15 K
pH pH 4
Corrosion rate Te 10.36 pm yr—*
Electrolyzer water volume Vi E 10000 L
Ion exchange particles myp 10? (approx. 191kg)
Sections N )
Initial iron concentration (Fe’* and Fe*™) cpo 0.0lmg L1
Volumetric flow rate 1% 25BVh~! (approx. 104 Lmin ')
Langmuir constants KFe*? 0.034Lmg~*

KF" 0.048Lmg !

Initial capacity R+ o Omgg!

Greto  Omgg™

The iron concentrations in the electrolyzer and in the ion exchanger sections are plotted
in Figure 4.9. Initially, the total iron concentration increases from 0.01 mgL~! to 0.1
mg L' over approximately 7500 hours. This slow increase is due to the limited capacity
of the ion exchange bed. This concentration threshold of 0.1 mgL™! can be interpreted
as a conservative guideline for cartridge replacement in applications where strict limits on
iron concentration are required, such as ultrapure water systems.

As time progresses, the equilibrium capacity is approached, reducing the ion uptake rate.
Most of the dissolved iron is Fe?', released due to corrosion. The oxidation of Fe*T to
Fe** is minimal due to the low oxidation rate. Around 9166 hours, the ion exchange bed
becomes nearly exhausted, leading to a sharp increase in the total iron concentration.
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Figure 4.9.: Long-term simulation results showing the iron concentration profiles in the elec-
trolyzer (a) and at the ion exchanger exit (b). Initially, the iron concentration increases slowly
due to the limited capacity of the ion exchange bed, reaching a peak before the bed becomes
nearly exhausted, leading to a sharp rise in concentration.

The capacity of the ion exchange bed for iron ions gp.2+ reaches its maximum value around
9166 hours. At this time, gpe2+ ~ ¢ax pe2+; Where guax is the maximum capacity. Fig-
ure 4.10 illustrates the observed capacities within the bed sections. These capacities for
Fe?" first increase slowly, then rise more quickly once the respective section is nearly ex-
hausted. Additionally, the capacity for Fe*™ remains negligible. This is due to two factors:
(1) the presence of Fe®* reduces the uptake of Fe*, and (2) the formation rate of Fe®* is

too low for it to accumulate significantly in the system.
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Figure 4.10.: Long-term simulation results showing the observed ion exchange capacities for
Fe’" and Fe*" within the bed sections. The bed's Fe*™ capacity reaches its maximum around
9166 hours. The Fe*™ capacity remains negligible due to the strong preference for Fe** and
the low formation rate of Fe**.

4.5. Conclusion & Outlook

In conclusion, we proposed a model for ion exchange rates in multi-species systems, specif-
ically designed for continuous electrolysis processes with an integrated ion exchanger. A
Fe** /Fe* ion exchange model was developed based on the Thomas model and adapted for
multi-species systems with competitive adsorption. The model was fitted to pH measure-
ments from laboratory-scale ion exchange experiments to estimate surface diffusivities,
achieving good agreement between simulated and experimental results. The model was
then utilized to predict breakthrough curves in continuous ion exchange systems, conduct
sensitivity analyses, and estimate the long-term performance of the ion exchanger.

The predicted breakthrough curves show the characteristic peak in Fe*™ concentration
over time, consistent with trends in ion exchange modeling, where competitive adsorption
causes early breakthrough and overshoot for weaker-binding species [67]. This behavior
aligns with the expected dynamics of multi-ion systems governed by differing Langmuir
affinities, supporting the model’s validity for continuous electrochemical systems, despite
the limited availability of comparable experimental data in PEM contexts.

The results quantify that a higher volumetric flow rate leads to a higher concentration of
ions, while the initial concentration has minimal impact on equilibrium due to the high
kinetic driving force that increases the uptake rate. This suggests that ion exchange is
a self-regulating process. Conversely, corrosion rates are the primary factor influencing
equilibrium, with higher corrosion rates significantly increasing the concentration of ions
in the system.

Long-term use of the ion exchanger results in a slow increase in ion concentration during
the early part of the operational life. For the considered case study, the total iron con-
centration remains below 0.1mgL™! for up to 7500 hours under given conditions. This
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concentration is highly dependent on process parameters and can be reduced by optimizing
pH, temperature and refining flow rate. At approximately 10000 hours, the ion exchange
bed is nearly exhausted and the ion concentration begins to increase rapidly. Based on the
simulation results, a total iron concentration of 0.1 mg L ™! may serve as a practical upper
limit for cartridge replacement in applications with strict water quality requirements. This
threshold is maintained for up to 7500 hours under nominal conditions. Since cartridge ex-
haustion occurs between 7500-10000 hours, depending on operating parameters, the model
supports system-specific maintenance planning.

The sensitivity analysis revealed that flow rate and corrosion rate significantly influence
iron ion breakthrough behavior. These findings have practical implications: higher flow
rates improve throughput but may reduce cartridge lifetime, while increased corrosion ac-
celerates ion accumulation, potentially shortening maintenance intervals. Optimizing these
operational parameters, alongside continuous monitoring, can help extend cartridge service
life and improve system reliability. As such, the model can inform the design and sizing of
ion exchange cartridges and aid in planning regeneration or replacement strategies. While
this study focused on qualitative agreement with experimental pH curves, uncertainty
quantification, such as confidence intervals for fitted parameters, was not included due to
the limited availability of independent validation data.

The sensitivity to corrosion and flow conditions highlights the need for adaptive scheduling
strategies. Instead of fixed intervals, replacement timing should be based on real-time
monitoring of system behavior to ensure optimal performance and durability in PEM
electrolyzer systems.

While the present study uses pH as an indirect proxy for iron ion exchange, future work
could explore alternative indicators such as UV-Vis spectroscopy or other in-situ analytical
techniques to achieve more direct validation. For example, it could incorporate direct
measurements of Fe?t and Fe*™ concentrations (e.g., via AAS or ICP-OES) to improve
species-specific validation of the model and reduce reliance on pH as an indirect proxy.
Another limitation is the absence of real breakthrough curve data; although the model
predicts breakthrough dynamics well, these have not yet been experimentally validated.
This remains a priority for future research.

For future work, the model could be further validated and refined by incorporating equilib-
rium data at different pH and temperature values. The model was calibrated specifically
for Lewatit TP 207®) at pH = 4 and 7" = 60°C. Since adsorption behavior varies with
pH and temperature, further validation and reparameterization are needed to extend the
model to other operating conditions or exchanger materials. An identifiability analysis of
the Langmuir parameters may also improve robustness. Furthermore, the current model
assumes constant corrosion and oxidation rates, which may vary under different opera-
tional conditions. Investigating their variability and impact on iron ion concentrations is
essential to better capture real-world dynamics.

Additionally, the model does not account for potential changes in flow patterns or chan-
neling effects within the ion exchanger, which could influence performance. Furthermore,
the fitted surface diffusivity values likely reflect unmodeled resistances and non-Fickian
transport effects, and future work should examine the impact of intraparticle structure
and anomalous diffusion on model calibration. Incorporating such factors would enhance
predictive accuracy.

A formal quantitative sensitivity analysis is proposed to systematically rank parameter
influence and support robust model-based design. This will be a priority in future work,
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particularly as more comprehensive datasets become available.

Ultimately, the presented model provides a valuable tool for the design and optimization
of ion exchange systems in PEM electrolyzers. By improving long-term performance and
enabling predictive maintenance, it supports the broader adoption of hydrogen as a clean
energy carrier.

Having addressed degradation mechanisms, gas crossover, and impurity mitigation, the
following chapter summarizes the key findings of this thesis and outlines their implications
for PEM electrolyzer operation and durability.
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5.1. Conclusion

This dissertation investigates chemical membrane degradation in PEM electrolyzers by
first describing the underlying radical-driven degradation mechanism, building on estab-
lished kinetic models, and analyzing its dependence on operating conditions. Two key
contributors to this mechanism are then examined in detail: gas crossover, which governs
the availability of oxidizing species such as oxygen and hydrogen peroxide, and iron ions,
which catalyze radical formation through the Fenton reaction. While hydrogen and oxy-
gen crossover are analyzed as undesired transport phenomena that influence degradation-
relevant species concentrations, ion exchange is investigated as a system-level mitigation
strategy to reduce iron contamination and thereby limit catalytic degradation pathways.
Through a combination of mechanistic modeling and experimental studies, the work es-
tablishes a mechanistic understanding of how species transport, radical-driven chemistry,
and metal-ion contamination each influence membrane degradation in PEM electrolyz-
ers under relevant operating conditions. While each aspect is examined individually, the
combined results clarify how interacting transport and impurity-related processes shape
degradation-relevant reaction pathways in PEM electrolyzer membranes.

For chemical membrane degradation, a dynamic lumped model was developed by integrat-
ing the hydroxyl-radical reaction network of Frithwirt et al. [28], the hydrogen-peroxide
formation mechanism of Chandesris et al. [11], and a semi-empirical oxygen crossover for-
mulation. The model reproduces experimentally reported fluoride release rates (FRR),
predicts a characteristic maximum in degradation at intermediate current densities, and
yields long-term PFSA consumption times of approximately 12000-25000 h depending on
the operating conditions. Its lumped formulation, however, cannot resolve spatial gradients
or localized degradation phenomena such as pinhole initiation, and it relies on externally
estimated iron fluxes that are not directly measurable.

The experimental evaluation of hydrogen and oxygen crossover addressed a data gap at ele-
vated pressures. Hydrogen crossover was accurately described by existing supersaturation-
based diffusion models after parameter fitting, while oxygen crossover exhibited a nonlinear
dependence on current density that existing models could not reproduce. A modified oxy-
gen crossover model incorporating current-dependent supersaturation and electro-osmotic
water drag was therefore introduced and validated for pressures of 1.15bar and 8.5 bar.
Limitations remain due to the fixed operating temperature of 60°C and the restricted
pressure window, and water crossover, while simulated, was not experimentally verified.
A spatially resolved multi-species ion exchange model was developed to describe the com-
petitive adsorption of Fe?t and Fe3' ions in electrolyzer process water. The model ex-
tends multi-species Langmuir theory by incorporating the replacement of Fe?* by Fe3*,
consistent with observations from new equilibrium and breakthrough experiments using
Lewatit TP 207®. Limitations include the use of pH as an indirect proxy for species con-
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centrations, the absence of real breakthrough curve data, calibration restricted to a single
pH and temperature, assumptions of constant corrosion and oxidation rates, and simplified
treatment of flow nonuniformities and intraparticle transport. These constraints define the
present model’s range of validity and motivate further developments.

Taken together, these results highlight the interrelated roles of gas crossover, radical chem-
istry, and iron contamination in shaping degradation-relevant conditions in PEM electrolyz-
ers. The combined consideration provides important context for assessing degradation
trends, operational constraints, and durability-related behavior under realistic operating
conditions. Such mechanistic clarity is essential for the development of reliable diagnostic
models and informed durability assessment of PEM electrolyzers.

Overall, this dissertation combines modeling and experimental analyses to examine chem-
ical degradation mechanisms, gas crossover phenomena, and iron impurity mitigation in
PEM electrolyzers. The results provide complementary insights into how chemical reac-
tions, species transport, and impurity presence each influence degradation-relevant condi-
tions under realistic operating scenarios.

The results underline the importance of considering these processes jointly when interpret-
ing degradation trends and operational limitations, and they support the use of system-
aware modeling approaches when assessing durability-related behavior of PEM electrolyz-
ers in industrial contexts.

5.2. QOutlook

Further research is required to advance chemical membrane degradation modeling for PEM
electrolyzers. Spatially resolved formulations would allow the investigation of concentra-
tion gradients of radicals, hydrogen peroxide, and iron species within the membrane and
catalyst layers, and could provide insight into heterogeneous degradation phenomena such
as localized radical accumulation, pinhole formation, and interactions between chemical
and mechanical degradation. The mechanistic analysis presented in this dissertation helps
identify the dominant reaction pathways and transport processes under electrolyzer op-
erating conditions and may inform the targeted development of such spatially resolved
models in future work.

Future studies should expand the experimental validation of oxygen and water crossover
across a wider range of temperatures, pressures, and dynamic load scenarios. Measure-
ments beyond 8.5 bar, under transient operation, or using membranes with modified wa-
ter transport characteristics would improve the generalizability of the proposed crossover
model. Incorporating two-phase transport or recombination kinetics may further enhance
predictive fidelity, particularly for high-pressure or high-current-density operation.

The ion exchange model may be extended to incorporate pH-dependent adsorption behav-
ior, long-term resin aging, fouling effects, and multi-bed regeneration strategies. Coupling
the model to more detailed representations of electrolyzer water chemistry, including dy-
namic corrosion and oxidation behavior, would lead to more realistic predictions of impurity
evolution over long-term operation. Further refinement of intraparticle diffusion model-
ing and detailed characterization of flow distribution, including channeling effects, would
strengthen predictive capability. Improved experimental validation—particularly through
the acquisition of real breakthrough curves and data across multiple pH and temperature
levels—would further support model generalization.
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A further step beyond the scope of this dissertation would be a closer numerical coupling
of the degradation, crossover, and ion exchange models. Such a coupling would require
consistent interfaces between the individual models, as well as numerical strategies capable
of handling their different spatial resolutions and characteristic time scales, ranging from
fast transport and reaction processes to long-term degradation and impurity accumula-
tion. Establishing this type of coupled framework would enable the systematic analysis of
feedback effects between gas crossover, water chemistry, and impurity removal, which are
treated separately in the present work, and would support more comprehensive system-
level studies of degradation-relevant operating conditions.

Beyond model development, the presented models could be used for condition monitoring
of operating electrolyzers. By linking measurable quantities such as fluoride release, gas
crossover, or water-quality indicators to the underlying degradation state, the models could
support online estimation of membrane health and remaining useful life, thereby enabling
predictive maintenance and condition-based operating strategies.

In summary, the results and models presented in this dissertation contribute to the ad-
vancement of durable, efficient, and maintainable PEM electrolyzer systems. Continued
experimental validation, model refinement, and integration into unified simulation tools
will support the deployment of reliable green hydrogen technologies at industrial scale.
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A. Chemical Degradation Mechanisms in PEM
Electrolyzers
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Table 1.: Kinetic data overview. Reproduced from Friihwirt et al. [28] with permission from the
Royal Society of Chemistry. For each reaction (R1-R23), rate constant k at 25°C (= 298.15 K)

in Lmol 's~!, activation energy E, in kJmol™' and pre-exponential factor A in Lmol s~
are given.
k (T=298.15 K)
Reaction [Lmol™*s7!] E,kJmol™] A [Lmol™'s™!]
R1 Fe** + H,0, + HY — Fe* 4 *OH + H,0 11 = ky [Fe?*][H0)] 66 35418 1.05 x 108182
R2 Fe** + H,0, — Fe?* +*O0H + Ht 1y = ky[Fe?T[H,0,) 8.6 x 1074 126183 8.43 x 10'8[83]
R3 Fe?™ +*OH + H™ — Fe** + —H,0, 13 = ky[Fe?™][*OH] 3.6 x 1086342 gis4l 1.37 x 10%°
R4 Fe?™ 4+ *00H + H* — Fe* + H,0, 14 = ky[Fe?™][*O0OH] 1.2 x 10609 42189] 2.74 x 10%3
R5 Fe** 4+ *O0H — Fe** + H* + O, 15 = ks[Fe’*][*OOH] 8.1 x 10119 33(87)56] 4.9 x 10
R6 H,0, — 2°0H 16 = kg[H20,] 6.5 x 1072 [s71] 20108 10135~ 1] (88l
R7 *OH + H,0, — *OOH + H,0O 17 = k;[*OH][H, 0o 3.0 x 1072 14189 8.43 x 10°
R8 *OOH + H,0, — *OH + H,0 + O, s = kg[*OOH][H,0,) 3.7 33.51900b 2.71 x 108
R9 2°00H — H,0, + O, 19 = ko[*OOH]? 9.1 x 105012 20.619 3.7 x 10°
R10 2°0H — H,0, T10 = kio[*OH]? 5.3 x 10°193]2 8189 1.33 x 10"
R11 *OOH + *OH — H,0 + O, 11 = ki, [*OOH][*OH] 1.1x 10100812 14209 3.39 x 101
RI12 *OH + Hy — H,0 + *H 112 = kyo[*OH][H,] 3.9 x 107932 19.21% 9.14 x 10'°
R13 *H + O, — *O0OH 113 = ki3["H][Oy] 2.2 x 1010®3a 103092 1.37 x 10"
R14 SC-SO3H + *OH — SC-0® + HOCF,CF,SO3H 114 = ky4[SC-SO;H][*OH] 3.7 x 106104 70¢ 6.80 x 108
R15 SC-0* + 3°OH — BB-0O° + 6HF + 3CO, 115 = ki5[SC-O°][*OH] 3x 10761 70° 5.51 x 10"
R16 BB-O°® + *OH — 2-(CF5),,COOH + 3HF 16 = k16[BB-O°][*OH] 8.5 x 10711 70° 1.56 x 102
Ri-Ros  -(CF,),COOH + 2°0H — Tun = Ky [-(CF3), COOH][*OH] 1.0 x 10614 70¢ 1.84 x 10%®

-(CF3),—1COOH + CO, + 2HF

@ Rate constants were recalculated for T = 298.15 K. ® Activation energy is estimated
between 6 and 10 kcal mol™!. ¢ Average activation energy found in various degradation
experiments.[9] ¢ Upper limit for the attack of *OH on CF3COOH.[95],[96]
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Table 2.: Used Parameters in the Model. Where gg.2+ ;, is the fitted parameter value as a
result of the parameter estimation.

Parameter Value

QH,0, 0.5

Ye 150 m2 m 211

A 29(31]

PH,0 997kgm 3

Pm 1980 kg m~3

A 25 cm?M

CHy,mem 0.01 mol L1018

CO2,mem 0.007 5 mol L—1118]

Cs0s 1.81 mol L1128

deatalyst 3-107° ml7

dmembrane  1.78 - 1074 m[!Y

EW, 1.09 kg mol ' [31]

ko 7.2.10712 dm” mol 21111
Mnu,0 0.018 kg mol "

Ndrag 230]

R 8.31Jmol ' K

Seat 15030

S0, 9.8-10% mol Pa~"! m 3130

AHy,o, 42 450 J mol (98]

qpe?+ in 3-10%moldm?h!
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B. Crossover Phenomena in PEM Electrolyzers

Following the formulation of the proposed oxygen crossover model (3.24), we investigated
whether and how the mass transfer coefficient kyr o, depends on current density, similar
to the dependency observed in Trinke’s hydrogen crossover model [18]. Such a dependency
could arise from increased local mixing at higher current densities due to more vigorous
bubble formation during oxygen evolution.

To evaluate this, we tested three functional assumptions for kyro,: a constant value, a
linear form knit,0, = @fitting J +Ditting, and a square-root form knir 0, = Gatting VI , following
the approach of Trinke et al. The results of these fits are shown in Figure B.1 for both
1.15 bar and 8.5 bar.

The linear variant provided the best fit across both pressures, suggesting that the mass
transfer coefficient may increase with current density. However, the improvement over
the other approaches was relatively modest. At 8.5 bar, the linear fit also deviated more
strongly from the experimental data than at 1.15 bar, indicating that the model may not
fully capture crossover behavior at elevated pressure.

We also attempted to extend the model by including diffusion alongside electro-osmotic
drag, but in all cases the optimal fits minimized the contribution of the diffusion term.
This suggests that electro-osmotic drag is the dominant transport mechanism under the
tested conditions, and that the influence of diffusion is negligible.

It is worth noting that oxygen recombination effects are not explicitly modeled. However,
in line with previous studies [12, 30], we assume that these effects are effectively absorbed
into the fitted value of kyr 0,. Recombination is expected to increase with current density,
which could contribute to the nonlinear trend in the crossover flux. Nonetheless, the
proposed model achieves reasonable agreement with the experimental data even using a
constant mass transfer coefficient, suggesting that recombination introduces only weak
nonlinearity or is sufficiently captured through empirical fitting.

82



C. Multi-Species Ion Exchange Modeling for Iron Removal

UA10 T I T I T I T I T I UA1 U T I T I T I T I T ‘
==+ Proposed model, Kur,oz = a*sart(J) ==+ Proposed model, Kur,oz = a*sart(J) |
[[eenee Proposed model, kur,oz = constant 7 [[eenee Proposed model, kur, oz = constant i 7
— - Proposed model, kur,0z = a*J+b ’ —-- Proposed model, kur, 0z = a*J+b ’
0.08 - - 0.08 - A
- ® Experimental Data I- R - ® Experimental Data .-L/
| | ol
» . » B
o~ B f/’ T ~ B .':,//.l T
| i | A
E ..']/ ] e /.
S 0.06 ,"’-7 - S 0.06 ;51. K —
E s/ e 57 /./
E B ,.;4/ h E - g P .
PN 4
) 2 _/ ) ,,f' K
5 0.04— Ry — 5 004 i ke —
= ey = At K
e P ./ 2 &
§ o R ] § o 4"'/./ -
g ’,, s g A_ﬁ(' .
’ IO ' o
002}~ R . 002} Pt -
e v
A e - L & . _
”/:'.;'_/' [ ] 'ﬁ
ogoli@i® , ® 4 4, 4, ool ®1 ® ®y oy
: 04 0.8 1.2 1.6 2.0 : 04 0.8 1.2 1.6 20
J/Acm™2 J/Acm™2

(a) Experimental data at 1.15 bar. (b) Experimental data at 8.5 bar.

Figure B.1.: Validation of the proposed oxygen crossover model (3.24) using different as-
sumptions for the functional form of the mass transfer coefficient kmto,: constant, linear,
and square-root dependencies on current density. The linear form provides the best fit across

both pressures. These results support the inclusion of current-dependent supersaturation in the
model formulation.

C. Multi-Species lon Exchange Modeling for Iron
Removal

The adsorption rate constant k., for liquid adsorption is calculated via [99]

L _ K41 (e, L
ki, 2K ks ke ]’
K| =14+ K¢, (C.1)
15D,
ks = 5—7
(1 —en)dy

with mass transfer coefficient for the liquid phase k¢, surface diffusivity D, and adsorbent
particle diameter d,.

The mass transfer coefficient £ is calculated following [60]:
D
= d_0(2 + 1.45Reé/2801/3)

p

ke

with molecular diffusivity Dy, the Reynolds number Rep, and the Schmidt number Sc. The
Reynolds number Rey, in a packed bed can be calculated as follows [100]:

PW * dp * Usuper
Rey, = LW “p ' super
" (e
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with liquid density of water pw, and the dynamic viscosity n of water. The Schmidt number
is defined as [100]:

Ui
Sc = )
pw - Do
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