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Abstract

2nd generaƟon biofuels currently hold a significant market share. With increasing
impact of biofuel its producƟon routes have to be opƟmized in terms of CO2 emis-
sions, compeƟƟonwith the food chain and uƟlizaƟon of thewhole plant. The cluster
of excellence "Tailor-made Fuels fromBiomass" invesƟgates processing of lignocellu-
losic biomass to next generaƟon biofuels. Complete uƟlizaƟon of the rawmaterial is
achieved by iniƟal separaƟon of its consƟtuents cellulose, hemicellulose and lignin
under mild condiƟons. These three fracƟons can be chemically or biocatalyƟcally
converted under independently opƟmized condiƟons. This allows for the complete
conversion of the plant material to valuable fuel compounds or side-products such
as itaconic acid.
The fracƟonaƟon of wooden biomass is performed with ionic liquid. Ionic liquid
allows for the disintegraƟon of the strong ligno-cellulose bonds, resulƟng in the dis-
soluƟon of the raw material. A feasible fracƟonaƟon of the consƟtuents is part of
the process design. Cellulose, for instance, is separated from the soluƟon via pre-
cipitaƟon with water. The cellulose fracƟon is than hydrolysed to glucose, which is
fermented to itaconic acid. Itaconic acid serves as intermediate for the formaƟon of
2-MTHF (2-methyltetrahydrofurane), a prospecƟve fuel candidate.
In this thesis the conversion of cellulose to glucose downstream of the wood dis-
soluƟon process in Ionic Liquid is discussed. This sub-process comprises the pre-
treatment of cellulose with ionic liquid to reduce its crystallinity. The amorphous
cellulose is than enzymaƟcally hydrolysed to glucose. The separaƟon of the inter-
mediate glucose from the reacƟon mixture is performed via mulƟple membrane
seperaƟon processes, namely ultrafiltraƟon, nanofiltraƟon and electrodialysis. The
separaƟon of glucose from residual saccharides in ionic liquid/water mixtures is car-
ried out with nanofiltraƟon. The mass transport of glucose across solvent-resistant
nanofiltraƟonmembranes is modeled with theMaxwell-Stefan approach. The semi-
empirical model, based on systemaƟc experimental results, allows for the predicƟon
of the glucose yield from the nanofiltraƟon as a unit operaƟon. The complete sub-
process is economically evaluated with respect to a nearly complete recycle and de-
hydraƟon of ionic liquid. In the outlook nanofiltraƟon of highly concentrated ionic
liquid soluƟons stemming directly from the wood dissoluƟon process is discussed as
well as the dissoluƟon of wooden biomass with alternaƟve solvent systems.



Zusammenfassung

BiokraŌstoffe der 2. GeneraƟon haben heutzutage einen signifikanten Marktanteil
erreicht. Aus diesem Erfolg resulƟert die Verantwortung, BiokraŌstoffe möglichst
CO2 neutral, mit geringem Einfluss auf die NahrungsmiƩelkeƩe und durch eine voll-
ständige Verwertung der Rohbiomasse herzustellen. Im Exzellenz-Cluster der RWTH
Aachen "Tailor-Made-Fuels from Biomass" wird deshalb die verfahrenstechnische
Umsetzung von lignocellulose-halƟger Biomasse zu BiokraŌstoffen und wirtschaŌ-
lich relevanten Nebenprodukten verfolgt. Grundlage zur vollständigen Verwertung
der eingesetzten Biomasse ist die schonende Aufschlüsselung ihrer Bestandteile in
eine Cellulose-, Hemicellulose- und Lignin-FrakƟon. Aus dieser FrakƟonierung ergibt
sich die Möglichkeit, die gesamte Biomasse mit auf die Einzelkomponenten zuge-
schniƩenen chemischen / biokatalyƟschen Umwandlungsprozessen zu relevanten
Produkten wie etwa der Plaƪormchemikalie Itakonsäure zu verwerten.
Die verfahrenstechnische Umsetzung hölzerner Biomasse wird mit Ionischer Flüs-
sigkeit durchgeführt. Die Ionische Flüssigkeit vermag es, die starken Lignocellulose-
Bindungen des Rohstoffes zu zersetzen und die Biomasse zu lösen. In der Ausle-
gung eines solchen Prozessesmuss zunächst die selekƟve Abtrennung der einzelnen
FrakƟonen aus dem LösungsmiƩel realisiert werden, z.B. durch die Ausfällung von
Cellulose mit Wasser. Die Cellulose-FrakƟon im Speziellen wird über eine Hydroly-
se zu Glukose, FermentaƟon zu Itakonsäure und chemische Katalyse zu 2-MTHF (2-
Methyltetrahydrofuran), einem Treibstoff-Kandidaten umgesetzt.
In dieser Doktorarbeit wird die Umsetzung von Cellulose zu Glukose nach der Holz-
auflösung in Ionischer Flüssigkeit betrachtet. Dieser Teilprozess umfasst die Vorbe-
handlung von Cellulose mit Ionischer Flüssigkeit zur RedukƟon ihrer Kristallinität.
Die nunmehr amorphe Cellulose wird enzymaƟsch zu Glukose umgewandelt. Die
Abtrennung von Glukose aus dem ReakƟonsgemisch erfolgt mit den Membranver-
fahren UltrafiltraƟon, NanofiltraƟon und Elektrodialyse. Die Abtrennung von Gluko-
se von weiteren Sacchariden in LösungsmiƩelgemischen aus Ionischer Flüssigkeit
und Wasser miƩels NanofiltraƟon wird mit dem Maxwell-Stefan-Ansatz modelliert.
Die semi-empirische Modellierung, basierend auf systemaƟschen experimentellen
Untersuchungen, erlaubt die Auslegung der NanofiltraƟon als Trennverfahren bei
festgelegter Glukose-Ausbeute. In einer abschließenden ökonomischen Analyse des
vorgeschlagenen Teilprozesseswird ein nahezu vollständiges Recycling der Ionischen



Flüssigkeit und deren Trocknung berücksichƟgt. Im Ausblick werden die Nanofiltra-
Ɵon von hochkonzentrierten Ionischen Flüssigkeiten im Anschluss an den Holzauflö-
sungsprozess betrachtet und weitere Prozess-Routen mit alternaƟven Lösungsmit-
teln vorgeschlagen.
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IntroducƟon

1.1 The cluster of excellence "Tailor-Made Fuels from
Biomass"

In the cluster of excellence "Tailor-Made Fuels from Biomass" processing of lignocel-
lulosic raw materials to fuel compounds and valuable intermediates is invesƟgated.
Target is to preserve the diversity of biomolecules by selecƟve conversion undermild
condiƟons to allow for energy-efficient processes [1]. Therefore the viable route of
wood gasificaƟon with subsequent reconstrucƟon of macromolecules via Fischer-
Tropsch synthesis - the Biomass to Liquid (BtL) process [2] is not taken into account
within the TMFB research.

Fractions

• Cellulose
• Hemi-Cellulose
• Lignin

Intermediates

• 2-MTHF
• Levulinic Acid
• Itaconic Acid
• Furfural

Ligno-cellulose Fuels

Figure 1.1: Concept of the excellence cluster "Tailor-Made Fuels from Biomass".

In Fig. 1.1 the basic concept of the TMFB research is schemaƟcally drawn. The fo-
cus is set on the conversion of lignocellulosic biomass to biofuel, therefore grass
or wood are considered as starƟng materials. IniƟally, the biomass is pretreated to
separate the main fracƟons cellulose, hemi-cellulose and lignin. The cellulose and
hemi-cellulose fracƟons are than processed to the intermediates 2-MTHF, levulinic
acid, itaconic acid and furfural. These intermediates offer the chance to produce
far more products beside biofuel such as furans, esters or aromaƟc compounds. Im-
plemenƟng this intermediary level into the process scheme gives the opportunity
to transform the biofuel refinery into a biorefinery which enables for complete re-
placement of fossil fuel based chemistry. Nevertheless, the producƟon of a biofuel,
in this case 3-MTHF, is the key issue of the cluster. In this thesis the conversion of
wooden material to the respecƟve intermediates is invesƟgated in detail.

2



Chapter 1

1.2 Ionic liquid assisted conversion of wood to fuel

In Fig. 1.2 the processing of wood to the fuel candidate 3-MTHF is schemaƟcally
drawn. The conversion of wooden biomass to the respecƟve intermediate has to
comprise the pretreatmentwith a strong solventwhich allows for the physico-chemical
break-up of the strong lignocelluose bindings. In this case, the dissoluƟon of wood
is performed with ionic liquids. Within the TMFB cluster the solubility of wooden
material in ionic liquids is invesƟgated in detail in terms of disintegraƟon and dissolu-
Ɵon kineƟcs [3]. The dissoluƟon process is followed by precipitaƟon of the cellulose
fracƟon with water or acetone [4].

Cellulose Glucose 

Enzymatic  
Depolymerisation  

3-MTHF 

Chemical  
Transformation 

Wood 

Ionic Liquid 
Dissolution 

Itaconic acid 

Fermentation 

Figure 1.2: TransformaƟon of wood to biofuel via ionic liquid pretreatment and chemical conversion.

Then the recovered cellulose is converted to glucose via enzymaƟc hydrolysis. In
this subprocess traces of ionic liquid stemming from the pretreatment process can
inhibit the enzymaƟc acƟvity [5]. Then two routes can be followed to obtain a fuel
candidate. A chemo-enzymaƟc route offers the chance to directly convert glucose
to the respecƟve fuel candidate [6]. AlternaƟvely, the glucose can be fed to a fer-
mentaƟon broth producing itaconic acid or levulinic acid which are both considered
as plaƞorm chemicals. The conversion of glucose to itaconic acid is performed by
fermentaƟon with the fungus UsƟlago Maydis [7]. This process scheme with a plat-
form chemical producƟon prior the final conversion to a fuel candidate allows for
a broad variety of products [8]. The efficiency of the enƟre process is examined as
well and evaluated in detail in order to realisƟcally assess chances and risks of pro-
posed process concepts [9]. To complement the research by means of establishing
a complete biorefinery, the uƟlizaƟon of cellulosic maƩer to other products beside
fuels has already been revised [10].
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IntroducƟon

1.3 Challenges in downstream processing

In Fig. 1.2 the basic scheme for the conversion of wood to glucose was shown. The
underlying processes for each conversion are far more complex, parƟcularly con-
cerning the downstream processing. SeparaƟon of products, intermediates, wastes
and solvents, respecƟvely catalysts has to be performed aŌer each conversion in
order to establish an economic and ecological feasible process.

Enzyme 
reactor

Cellulose + 
Ionic liquid

Enzymes
Cellulose fragments
Ionic liquid

Glucose
Fermentor

Itaconic acid

Ultrafiltration
Nanofiltration

Reverse osmosis 
Electrodialysis

Ionic liquid 
reactor

Wood

Figure 1.3: Processing of wood to itaconic acid. The frame is drawn around the subprocess which is
invesƟgated in detail within this thesis.

In Fig. 1.3 the downstream subprocess which is invesƟgated in this thesis is shown.
The incoming stream, which has to be processed, is supposed to consist of precipi-
tated cellulose stemming from thewood dissoluƟon process. Therefore the removal
of ionic liquid from the final product stream of glucose has to be taken into account.
As the enzymaƟc hydrolysis of cellulose to glucose may be incomplete, a detailed
downstream process has to consider the removal or recycle of streams of cellulose
residuals, enzymes and ionic liquid from the product glucose.
Focus is set on membrane unit operaƟons because this technique allows for low-
energy processing under mild condiƟons. The invesƟgated membrane unit opera-
Ɵons are ultrafiltraƟon, nanofiltraƟon, electrodialysis and reverse osmosis. Within
this thesis these processes are experimentally examined on their reliability with spe-
cial focus on the nanofiltraƟon. In a concluding economic study of the subprocess
the recovery of water from the glucose product stream via stripping is taken into
account.
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Chapter 1

1.4 Scope of the thesis

Scope of the thesis is to set up a process for the recovery of glucose from ionic liq-
uid assisted degradaƟon of cellulose. The downstreamprocessing comprises several
unit operaƟons such as ultrafiltraƟon, nanofiltraƟon or electrodialysis. Fig. 1.4 de-
picts the general approach of converƟng a physical phenomenon into a technical
process.

Glucose 
Cellobiose 

Glucose 

Cellobiose 

Technical 
Device 

Large Scale  
Process 

Physical 
Phenomenom 

Chapter 2+3 Chapter 4 Chapter 6 Chapter 5 

Ionic liquid 
pretreatment

Enzymatic 
hydrolysis

UF NFED (1)

RO

ED (2)

Stripping

1 2 3

4 5 6 7 8

911

12

10

Cellulose Glucose

Figure 1.4: Scope of the thesis. IniƟally, the relevant physical phenomena of the membrane separa-
Ɵon process are idenƟfied. Then the applicaƟon for the respecƟve unit operaƟon within
the TMFB cluster is found. Finally, an economic evaluaƟon of the specified subprocess is
undertaken.

First solvent-resistant nanofiltraƟon membranes were examined for their separa-
Ɵon performance regarding mixtures of ionic liquid, water and saccharides. It was
found, that for low ionic liquid contents of up to about 40 wt.%, it is possible to ob-
tain a reasonable permeate flux. A model based on the Maxwell-Stefan approach
was set up and fiƩed to the experimental results. Therefore, the decreasing perme-
ate flux could be explained by the low permeability of the ionic liquid and osmoƟc
pressures. Results of these invesƟgaƟons are presented in chapter 2. For solvent
mixtures containing up to 40 wt.% of ionic liquid the rejecƟons of saccharides glu-
cose, cellobiose and raffinose were experimentally determined and modeled with
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IntroducƟon

the Maxwell-Stefan approach (see chapter 3). Here it was found that for increasing
ionic liquid contents in the feed soluƟon a gap evolved between the glucose rejec-
Ɵon and the rejecƟons of the polysaccharides. These results could be explained by
the Maxwell-Stefan model with diverging decreases of solvent and solute fluxes by
adding the ionic liquid to the soluƟon. In conclusion, the Desal DL membrane was
chosen to separate the glucose from poly-saccharides in ionic liquid soluƟons con-
taining a minimum of 100 g L−1 of IL.
In chapter 4, the implementaƟon of the physical model into a technical device or
unit operaƟon is performed. In this chapter batch filtraƟon experiments at varying
pressures were carried to determine the opƟmal process condiƟons in terms of glu-
cose recovery and purity from a mixture of glucose, cellobiose and ionic liquid in
aqueous soluƟon.
In chapter 5 the nanofiltraƟon process is integrated into the downstream processing
of a cellulose hydrolysis with ionic liquid pretreatment. Here, addiƟonal membrane
processes, namely ultrafiltraƟon and electrodialysis are addiƟonally invesƟgated for
the separaƟon of parƟculates from the cellulose hydrolysis prior the nanofiltraƟon
process and the separaƟon of ionic liquid from the glucose product soluƟon down-
stream of the nanofiltraƟon process.
In chapter 6 finally an economic analysis of the set up process is undertaken with
respect to the investment and operaƟng costs assuming a lifespan of the plant of 10
years. A sensiƟvity analysis reveals that the major cost driver of the process is the
ionic liquid which has to be recycled very efficiently to run the process economically.
In fact the ionic liquid recovery rate may not undercut a value of 99.7%.
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CHAPTER 2

Transport of ionic liquid water mixtures through
polyamide and polyimide nanofiltraƟon membranes

Parts of this chapter have been published:
C. Abels; C. Redepenning; A. Moll; T. Melin; M. Wessling, Simple purificaƟon of ionic
liquid solvents by nanofiltraƟon in biorefining of lignocellulosic substrates, Journal
of Membrane Science 405-406 (2012) 1–10
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Transport of ionic liquid water mixtures through nanofiltraƟon membranes

2.1 IntroducƟon

Ionic liquids (ILs) are syntheƟc, organic, ionic compounds with amelƟng point below
100∘C.Methylimidazole is a common starƟng chemical for synthesizing alkyl-methyl-
imidazolium caƟons bound in many types of ionic liquids. By chemically modifying
the organic caƟon, ILs can be prepared in large varieƟes with different, tailor-made
properƟes [1]. Hence, the term "designer solvents" has come into common use [2].
Up to now various arƟcles have been published emphasizing numerous applicaƟons
for ionic liquids, e.g. as catalysts [3--5], electrolytes [6--8], lubricants [9--11] or sol-
vents [12, 13].
One common property among ILs is their extremely low vapor pressure due to their
ionic nature - a significant advantage over typical solvents regarding environmental
friendliness. Moreover ILs only evaporate at very low vacuum pressures [14]. Due
to their pracƟcal non-volaƟlity ILs are claimed to be green solvents [15]. However,
recent studies prove the negaƟve impact of ionic liquids on the environment [16].
For instance, cytotoxic effects of ILs have already been reported [17]. Nevertheless,
the negaƟve impact of water soluble ionic liquids is not fully understood up to now,
because this species can easily drain off in waste-water streams.
As yet, there are just few publicaƟons on the recovery of ionic liquid via membrane
technology published. Han et al. reported about employing nanofiltraƟon to recycle
ionic liquids in IL-mediated Suzuki cross coupling reacƟons [18]. In this study the con-
centraƟon of ionic liquid in solvent did not exceed 5 g L−1. Starmem nanofiltraƟon
membranes were applied to recover different hydrophobic ILs from organic solvents.
The separaƟon performance for several membranes was determined and a recovery
of about 99% was achieved by applicaƟon of the dense Starmem 120 membrane in
a methanol system with the ionic liquid PEG-5 cocomonium methylsulfate (molec-
ular weight: 868 Da). NanofiltraƟon membranes were also used for separaƟng of
1-butyl-3-methylimidazolium tetrafluoroborate and bromophenol blue in aqueous
soluƟon and the separaƟon of lactose from1,3-dimethylimidazolmethylsulfate. The
second separaƟon was a downstream process of an IL-catalyzed enzymaƟc synthe-
sis of Nacetyllactosamine. Used as reference substance, lactose could be separated
from the IL in several diafiltraƟon steps. Again, only small amounts of about 1 vol.%
of ionic liquid were filtered [19].

10



Chapter 2

Moreover, Gan et al. reported about ultrafiltraƟon of ionic liquids in mixtures with
methanol, ethanol and water [20]. ILs were mixed with different solvents, basically
to decrease viscosity, which strongly influenced the permeaƟon rate. Permeate
fluxes were measured and correlated to the viscosity of the system as a funcƟon
of mixture composiƟon and temperature. Since the IL was not rejected, it was not
recovered. However, a more general process design with ionic liquids as highly vis-
cous media was discussed within this study, focusing especially on the rheological
properƟes of the invesƟgated ILs.
In this work, nanofiltraƟon of the water-soluble ionic liquid [MMIM][DMP] with the
hydrophilic membrane Desal DK and the hydrophobic membrane Starmem 240 is
invesƟgated. In contrast to other publicaƟons the filterability of a single ionic liq-
uid is invesƟgated systemaƟcally, concerning process condiƟons such as pressure
and concentraƟon dependency of flux and rejecƟon performance of the respecƟve
membrane. With this methodology the relevant physical phenomena of the ionic
liquid transport through nanofiltraƟon membranes shall be revealed and modeled
in order to more generally understand the transport of ionic liquids through nanofil-
traƟon membranes.

11



Transport of ionic liquid water mixtures through nanofiltraƟon membranes

2.2 Transport model

2.2.1 Maxwell-Stefan model

The transport of water and ionic liquid is described with the Maxwell-Stefan model
which was extensively revised by Krishna and Wesselingh [21]. In this model the ve-
locity u of a molecule i is balanced with its moving driving force F. If another species
of molecules j is present, there is compeƟng transport between molecules i and sur-
rounding molecules j which can either increase the final velocity of molecule i in the
case of a faster velocity of surrounding molecules or decrease its final velocity in the
opposite case. The interacƟon of different molecules by means of disturbing the
respecƟve flow is expressed by the fricƟon parameter 𝜉. The basic equaƟon of the
Maxwell-Stefan approach is:

𝐹𝑖 = ∑
𝑖≠𝑗

𝜉𝑖,𝑗 ⋅ 𝑥𝑗 ⋅ (𝑢𝑖 − 𝑢𝑗) (2.1)

When the system comprises a stagnant layer such as a membrane, there are two
different possibiliƟes to model the membrane. In case (1) the membrane is mod-
eled the same way as the moving molecules. The membrane is modeled as a large,
non-moving molecule which reduces the velocity of all dissolved molecules. Then
the fricƟon parameter of the membrane and its mass fracƟon, respecƟvely mole
fracƟon in the system has to be known. The free volume theory can be applied to
predict appropriate values, but its applicaƟon is quite difficult due to the amount of
parameters which have to be determined such as the free volume of each involved
species [22].
In case (2) the membrane is modeled as homogenous background layer which is
called non-structuredmatrix. Themovingmolecules are then supposed to integrally
adsorb into the membrane material. In result, the mass fracƟon of the membrane
in the system has not explicitly to be calculated. Further transformaƟons of eq. 2.1
concern the subsƟtuƟon ofmolecule velocity u by themolar fluxN and the definiƟon
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of the relevant driving forces.

− (𝑑𝜇𝑖
𝑑𝑦 − 𝑉𝑚,𝑖 ⋅ 𝑑𝑃

𝑑𝑦 − 𝑧𝑖 ⋅ 𝐹 ⋅ 𝑑Φ
𝑑𝑦 ) ⋅ 𝑐 ⋅ 𝑥𝑖

= ∑
𝑖≠𝑗

𝜉𝑖,𝑗 ⋅ (𝑥𝑗 ⋅ 𝑁𝑖 − 𝑥𝑖 ⋅ 𝑁𝑗) + 𝜉𝑖,𝑀 ⋅ 𝑥𝑖
(2.2)

The driving forces are the chemical potenƟal gradient d𝜇 (simplified: the concen-
traƟon difference), the pressure gradient dP and the electric potenƟal gradient dΦ
between feed and permeate. Whereas the electric potenƟal gradient can be ne-
glected for neutral molecules, it has to be taken into account for charged molecules.
To complete the model the mass balance has to be taken into account:

∑ 𝑥𝑖 = 1 (2.3)

The transport of charged molecules has to fulfill the rules of electroneutrality. For
the feed, permeate and retentate phase one yields:

∑ 𝑧𝑖 ⋅ 𝑥𝑖 = 0 (2.4)

To calculate themole fracƟons of molecules in themembrane, assumpƟons for their
sorpƟon into the membrane material have to be made. These assumpƟons will be
discussed in secƟon 2.3.4.

2.2.2 AcƟvity coefficients

The chemical potenƟal of a species i can be expressed by its acƟvity.

𝜇𝑖 = 𝑅 ⋅ 𝑇 ⋅ 𝑙𝑛(𝑎𝑖). (2.5)

In liquid systems the acƟvity a𝑖 can be calculated from:

𝑎𝑖 = 𝑥𝑖 ⋅ 𝛾𝑖 (2.6)
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In ideal mixtures the acƟvity coefficient ai is constantly 1 by definiƟon. Highly di-
luted aqueous salt soluƟons are usually assumed to behave ideal. Then the acƟvity
gradient can directly be translated into a concentraƟon gradient. For non-ideal sys-
tems comprising ions the acƟvity coefficients of the ions can be calculated by the
law of Debye-Huckel [23]. If the system does not behave ideally, the acƟvity coeffi-
cients can be derived experimentally, for example by vapor pressure measurements.
Another opƟon is the simulaƟonof acƟvity coefficient evoluƟonwith complexmolec-
ular simulaƟons such as COSMO-RS.

2.2.3 SorpƟon of water and ionic liquid

The sorpƟon of water and ionic liquid molecules into the membrane material has to
be known in order to calculate the mole fracƟons of the respecƟve species in the
Maxwell-Stefan model (eq. 2.2). These values are difficult to obtain. Up to now
only few results on sorpƟon measurements with respect to liquids into nanofiltra-
Ɵon membranes have been published [24--27]. Especially the sorpƟon of ions is
not measured directly, but derived from measurements concerning the membrane
charge. The membrane charge is supposed to have a major influence on sorpƟon
according to the Donnan equilibrium. Detailed invesƟgaƟons take a reducƟon of
dieelectric constant in the membrane material into account as well as a steric hin-
drance of the ions by the membrane [28]. In drawback the steric hindrance of the
ions has to be calculated by assuming the presence of pores. Therefore Straatsma
et al. have presented a simplified descripƟon combining the Donnan equilibrium
with a general sorpƟon of the ions expressed by a Freundlich isotherm [29]. This
expression will be used in this work to calculate the sorpƟon of IL molecules.

In Fig. 2.1 themodeled concentraƟondevelopment ofwater and ionic liquid, divided
into caƟon and anion, is shown.

The sorpƟon of ionic liquid molecules is calculated with respect to the membrane
chargewhich is usually negaƟve in a pHneutral environment. Thereforemore caƟons
than anions are absorbed in the membrane. According to Straatsma, the sorpƟon
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Figure 2.1: Scheme of the concentraƟon gradients of water and IL ions within the membrane.

of the caƟon is calculated with:

𝑐𝐼𝐿+,𝑦=0 = 𝐾𝐼𝐿+ ⋅ 𝑤𝐼𝐿+,𝐹𝑒𝑒𝑑 ⋅ 𝑒𝑥𝑝(−𝐹 ⋅ ΔΦ
𝑅 ⋅ 𝑇 ) (2.7)

The sorpƟon of the anion is then:

𝑐𝐼𝐿−,𝑦=0 = 𝐾𝐼𝐿− ⋅ 𝑤𝐼𝐿−,𝐹𝑒𝑒𝑑 ⋅ 𝑒𝑥𝑝(𝐹 ⋅ ΔΦ
𝑅 ⋅ 𝑇 ) (2.8)

The membrane charge influences the sorpƟon raƟo of caƟon and anion by the con-
diƟon of electroneutrality:

𝑧𝐼𝐿+ ⋅ 𝑥𝐼𝐿+,𝑦=0 + 𝑧𝐼𝐿− ⋅ 𝑥𝐼𝐿−,𝑦=0 + 𝑄𝑚
𝑐𝐼𝐿+,𝑦=0 + 𝑐𝐼𝐿−,𝑦=0

= 0 (2.9)

As themembrane charge is not just an intrinsic property of themembrane, but does
also depend on the properƟes of the adsorbed substance system, the membrane
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charge is correlated to the feed soluƟon by a Freundlich isotherm.

𝑄𝑚 = 𝑄0 ⋅ (∑ |𝑧𝑖| ⋅ 𝑥𝑖)𝐾𝑆 (2.10)

In this work the parameter K𝑠 is set to 1. A sensiƟvity analysis concerning the mem-
brane charge showed that the simulated results were nearly independent from the
membrane charge (for values between -1 and -100 mol m−3). This result can be
explained by the very similar molecule sizes of caƟon and anion, leading to nearly
idenƟcal fricƟon forces with the water molecules or membrane. Therefore a value
of -10 mol m−3 was used for both membranes. This value corresponds to published
results [30]. The results of 𝜁-potenƟal measurements are discussed in secƟon 3.4.
The sorpƟon of water into the membrane is calculated with the law of Henry. For
moleculemixtures with largely varyingmolecule sizes it is suggested to correlate the
sorpƟon with the mass fracƟon and not the mole fracƟon [31].

𝑐𝐻2𝑂,𝑥=0 = 𝐾𝐻2𝑂 ⋅ 𝑤𝐻2𝑂,𝐹𝑒𝑒𝑑 (2.11)

2.2.4 FricƟon coefficients

Self-fricƟon coefficients concerning the fricƟonbetweenwater and ionic liquidmolecules
have been calculated from binary diffusion coefficients.

𝜉𝑖,𝑖 = 𝑅 ⋅ 𝑇
𝐷𝑖,𝑖

(2.12)

The self-diffusion coefficient of a molecule was calculated using the Stokes-Einstein
correlaƟon.

𝐷𝑖,𝑖 = 𝑘𝐵 ⋅ 𝑇
6 ⋅ 𝜋 ⋅ 𝜈𝑖 ⋅ 𝑟𝑖

(2.13)

The fricƟon coefficients between the moving molecules were then esƟmated using
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the geometric average.

𝜉𝑖,𝑗 = √𝜉𝑖,𝑖 ⋅ 𝜉𝑗,𝑗 (2.14)

Using eq. 2.14, it becomesobvious that the fricƟon coefficients are crosswise equal.

𝜉𝑖,𝑗 = 𝜉𝑗,𝑖 (2.15)

The fricƟon coefficients concerning the interacƟon between water and membrane
were derived from pure water experiments. The fricƟon coefficients between the
ionic liquid molecules and the membrane were free fiƫng parameters. For simplifi-
caƟon the raƟo of caƟon and anion fricƟon parameter with themembranewas fixed.
It was calculated from the raƟo of their respecƟve molecular volumes. In other pub-
licaƟons these fricƟon parameters were derived from the raƟo of the molecule radii
to an assumed membrane pore, resulƟng in a similar result [29].
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2.3 Experimental

2.3.1 NanofiltraƟon set-up

NanofiltraƟon experiments were performed with a self constructed test rig. Fig. 2.2
illustrates the process scheme.

Figure 2.2: Scheme of the nanofiltraƟon set-up. 1. Feed tank; 2. Pressurizing pump; 3. Cross flow
pump; 4. Rectangular test cell; 5. Permeate pipe; 6. Retentate pipe; 7. Heat exchanger.

The test rig consists of a feed tank connected to two pumps, whereby the first pump
is a membrane piston pump yielding pressures of up to 80 bar. The second pump, a
gear pump, is installed in an inner circle, which is pressurized by the first pump. The
gear pump allows for a well specified adjustment of feed flow across the membrane
surface for controlling and minimizing concentraƟon polarizaƟon. The membrane
test cell, provided by Simatech, is designed for filtraƟon experiments of up to 80 bar
filtraƟon pressure and for flat sheet membranes with dimensions of 0.04 m x 0.2 m.
Such membranes are usually used for simulaƟng a piece of a spiral wound module,
which is the typical design for reverse osmosis / nanofiltraƟon processes. The per-
meate and retentate pipes lead back into the feed tank, which allows for conƟnuous
operaƟon. The following parameters weremeasured and recorded during the exper-
iments: Total pressure, pressure drop across the test cell, feed volume flow across
themembrane surface and temperatures in feed tank and retentate pipe behind the
test cell.
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Figure 2.3: Photo of the nanofiltraƟon set-up. 1. Feed tank; 2. Pressurizing pump; 3. Cross flow
pump; 4. Rectangular test cell; 5. Heat exchanger.

FiltraƟonexperimentswere carried out for pressures of 20 - 40 bar and [MMIM][DMP]
/ H2O mixtures in a range of 0 wt.% - 40 wt.% ionic liquid. The temperature in all
experiments was set to 25∘C. As well experiments were performed with cross flow
velociƟes of 1 m s−1, 2 m s−1 and 2.5 m s−1. A woven net-spacer was installed in the
feed channel to decrease mass transfer limitaƟons at the membrane surface. There
were no observed differences in separaƟon performance for the chosen cross-flow
velociƟes.

2.3.2 Materials

The ionic liquid 1,3-dimethylimidazolium dimethylphosphate (in the following text
[MMIM] [DMP]) was obtained in a purity of >98% from IoLiTec (Ionic Liquids Tech-
nologies GmbH). The IL is completely miscible with water and is hygroscopic. Due to
its low melƟng point of about -64∘C it is a so-called "room temperature ionic liquid"
(RTIL). Table 2.1 lists the basic properƟes of [MMIM][DMP].
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Table 2.1: ProperƟes of invesƟgated ionic liquid [MMIM][DMP].

Property Value Unit
Molecular formula C7 H15 N2 O4 P -
Molecular weight 220 [g mol−1]
Density (20∘C) 1250 [kg m−3]
MelƟng point -64 [∘C]
Viscosity 219 [mPas]
Water miscibility Completely miscible -
Water saturaƟon 31 [wt.%]

2.3.3 AnalyƟcs

During nanofiltraƟon experiments electrical conducƟviƟes of feed and permeate so-
luƟon were measured as a funcƟon of temperature. Due to a linear relaƟonship
between conducƟvity and IL mass fracƟon, the concentraƟon of IL in the feed and
in the permeate could be determined with this method for ionic liquid concentra-
Ɵons of up to 20 wt.%. Above this concentraƟon the electrical conducƟvity did not
change significantly with the concentraƟon of ionic liquid. Therefore HPLCmeasure-
ments coupled with refracƟve index measurements were performed to determine
IL concentraƟons for amounts of [MMIM][DMP] of up to 40 wt.%.

2.3.4 InvesƟgated membranes

In the following experiments, onehydrophilicmembrane andonehydrophobicmem-
branewas applied: TheDesal DLmembrane, a polyamidemembrane, which has also
been used in organophilic organophilic systems [19] and the Starmem 240 mem-
brane, which is a polyimide based asymmetric integrally skinned membrane, origi-
nally designed for filtraƟon of organic solvents, e.g. ethanol or toluene [20]. The
tested Desal DL membranes were flushed with pure water before the start of the ex-
periments. The Starmem240membraneswere stored in pure acetone for at least 24
h to remove preservaƟon oils. AŌer filtraƟon experiments the applied membranes
were stored in pure ionic liquid and reused several Ɵmes.

Several membrane characterizaƟon tests were carried out. First the respecƟve 𝜁-
potenƟal of the membrane surface was measured using the streaming potenƟal
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Table 2.2: ProperƟes of invesƟgated nanofiltraƟon membranes. 𝑎Based on rejecƟon of (poly-) ethy-
lene glycols in water.

Property Membrane

Desal DL Starmem 240

Manufacturer GE Osmonics MET
Material of acƟve layer Polyamide Polyimide
MWCO [Da] 252𝑎 1400𝑎

Isoelectric point [pH] 4.1 4.0
T𝑚𝑎𝑥 [∘C] 90 60
p𝑚𝑎𝑥 [∘C] 40 60
Pure water flux [L m−2 h−1 bar−1] 4.21 0.71

method. Prior to the experiments, the membrane samples were flushed with pure
water at a filtraƟon pressure of 10 bar for at least 15 min. The Starmem 240 mem-
brane was first stored in acetone and then flushed with pure water. The respecƟve
𝜁-potenƟal was measured using KCl soluƟons at concentraƟons of 10−2 mol. The
channel height of the test cell was a minimum of 200 mm in order to minimize the
surface conductance effect [32]. As the end parameter for the streaming potenƟal
measurements the isoelectric point was chosen. At the isoelectric point the mem-
brane surface charge equals zero. The isoelectric points of the three invesƟgated
membranes are shown in Table 2.2.
Molecular weight cut-off (MWCO) measurements were carried out with mixtures of
(poly-) ethylene glycols (PEG) at a total concentraƟon of 20 g L−1 in water. (Poly-)
ethylene glycols mixtures with mean molecular weights ranging from 62 to 1000 g
mol−1 were used as reference molecules for nanofiltraƟon processes. A rejecƟon
of 90% was defined as MWCO. Table 2.2 also depicts the MWCO. Here, one can see
that the MWCO for Starmem 240 in an aqueous environment is much greater than
that for the Desal membranes and is even much higher than the values declared by
themanufacturer. In fact, the Starmemmembrane shows 90% retenƟon for alkenes
with molecular weights of 400 Da dissolved in ethanol, as is stated by the manufac-
turer. This discrepancy in MWCO implies, that the rejecƟon of a solute depends on
the applied solvent system [33].
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2.3.5 OsmoƟc pressures of [MMIM][DMP]
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Figure 2.4: (a) AcƟvity coefficients of [MMIM][DMP] and H2O in binary mixtures, and (b) resulƟng
osmoƟc pressures for [MMIM][DMP] and H2O.

To apply the Maxwell-Stefan model correctly chemical potenƟals, respecƟvely the
acƟvity coefficients of the diverse [MMIM][DMP] / H2O mixtures have to be known
(see eq. 2.5). Although the acƟvity coefficients for the ionic liquid ions could be cal-
culatedwith the lawof Debye-Hückel, non-ideal behavior of thewater acƟvitywould
have to be neglected. In the invesƟgated system, large amounts of ionic liquid are
present (up to 40 wt.%), what implies a significant change of water acƟvity. The evo-
luƟons of the respecƟve acƟvity coefficients a𝑖 for [MMIM][DMP] / H2O mixtures

22



Chapter 2

have been determined by vapor liquid equilibrium (VLE) experiments at tempera-
tures of 80∘C by Kato et al. [34]. In the cited publicaƟon, the VLE data were also
fiƩed by the UNIQUAC model which is one form of the G𝐸 approach to predict the
development of acƟvity coefficients. In this case the G𝐸 model with the esƟmated
parameters (for 80∘C) is used to calculate osmoƟc pressures for both the ionic liquid
and thewater. The temperature dependence of the acƟvity coefficients is neglected.
Fig. 2.4a and 2.4b illustrate the development of acƟvity coefficients and resulƟng os-
moƟc pressures depending on the mass fracƟon of [MMIM][DMP].
To evaluate the calculated results, reverse osmosis experiments with themembrane
SWHR30 provided by DOW were performed. This membrane showed a rejecƟon of
[MMIM][DMP] of at least 99% for [MMIM][DMP] / H2O mixtures with weight frac-
Ɵons of IL of up to 10 wt.%. FiltraƟon experiments with this parƟcular membrane
were performed and the minimum pressure which had to be applied to obtain a
solvent flux through the membrane was recorded.
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Figure 2.5: Comparison between calculated and experimental results of osmoƟc pressures in the re-
verse osmosis of aqueous soluƟons containing the ionic liquid [MMIM][DMP]. The em-
ployed membrane was the SWHR30 provided by DOW.

In Fig. 2.5 the comparison between the calculated results and the experimental
results is shown. The experimental results confirm very well with the calculated.
Therefore, it is feasible to neglect the temperature dependency of the acƟvity coef-
ficients.

23



Transport of ionic liquid water mixtures through nanofiltraƟon membranes

2.4 Results

2.4.1 Results for the Desal DL membrane

In Fig. 2.6 the results for separaƟon performance of [MMIM][DMP] from water for
the Desal DL membrane are shown. Data points are experimental values, full lines
represent calculated data. First the experimental data will be explained, then the
calculated data in order to create a phyiscal understanding of the results.
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Figure 2.6: Comparison between calculated and experimental values of the permeate concentraƟon
of [MMIM][DMP] for the Desal DL membrane.

For low concentraƟons of ionic liquid a considerable separaƟon of [MMIM][DMP] is
observed. At a feed concentraƟon of 10 wt.% of IL the permeate concentraƟon is be-
tween 8.5 wt.% and 3.5 wt.% depending on the applied pressure. This equates with
a rejecƟon of 15% to 65%. But with increasing ionic liquid content the separaƟon of
ionic liquid worsens. For a feed concentraƟon of about 40 wt.% very liƩle rejecƟon
performance of themembrane remains. Model calculaƟons suggest that the fricƟon
of ionic liquid in themembrane is much higher than that for water, because the ionic
liquid is a much bigger molecule than water. Therefore the ionic liquid is prefereably
rejected by the membrane. As well a low sorbƟon rate of [MMIM][DMP] can play a
role, which is plausible due to the electro-staƟc resistance of the membrane.
The decreasing separaƟon performance for high IL contents can be explained by os-
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moƟc pressure effects. At high concentraƟons of ionic liquid, the osmoƟc pressure
difference between feed and permeate increases considerably, as long as a separa-
Ɵon takes place. In this case the water flux through the membrane is reduced by
the osmoƟc pressure and the ionic liquid flux is enhanced. Exemplary calculaƟon
results are shown in the appendix. In fact, the separaƟon performance increases for
higher filtraƟon pressures (see Fig. 2.6).
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Figure 2.7: Comparison between calculated and experimental values of the permeate flux of
[MMIM][DMP] / water mixtures through the Desal DL membrane.

Fig. 2.7 depicts the results for the permeate flux measurements and calculaƟons for
the Desal DL membrane. For all tested mixture composiƟons there is an increase in
permeate flux with increasing pressure. For a pure water system the permeate flux
is proporƟonal to the applied pressure and can directly be calculated from the water
permeability of the membrane.
With increasing ionic liquid concentraƟon in the mixture the total permeate flux de-
creases. As well the pressure dependence of permeate flux decreases. Both effects
can be explained with osmoƟc pressure differences between feed and permeate.
These differences increase while adding ionic liquid to the soluƟon. At high ionic
liquid mass fracƟons separaƟon of ionic liquid from the soluƟon results in high os-
moƟc pressure differences. They counteract the filtraƟon pressure and reduce the
permeate flux considerably. For concentrated ionic liquid soluƟons the pressure de-
pendence of permeate flux is rather low. As discussed in Fig. 2.5 the separaƟon of
ionic liquid improves with increasing pressure. But with the increased separaƟon
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the osmoƟc pressure difference between feed and permeate rises. The increased
pressure faces an increased osmoƟc pressure which works against the separaƟon.
Therefore, the permeate flux improves less than expected.

2.4.2 Results for the Starmem 240 membrane

In contrast to the Desal DL membrane the Starmem 240 membrane is not able to
effecƟvely separate [MMIM][DMP] / H2O mixtures (see Fig. 2.8).

0

10

20

30

40

50

60

0 10 20 30 40 50

Pe
rm

ea
te
 m

as
s f

ra
ct

io
n 

IL
 [w

t.%
]

Feed pressure [bar]

10 wt.% IL

20 wt.% IL

37 wt.% IL

Figure 2.8: Comparison between calculated and experimental values of permeate concentraƟon for
the Starmem 240 membrane.

Even for low ionic liquid concentraƟons of 10 wt.% only liƩle separaƟon is observed.
This can be explained by the relaƟvely high MWCO of the membrane, allowing the
large ionic liquid molecules to pass the membrane more easily. On the other hand
the permeability of H2O for the Starmem 240 is low (see Table 2.2). The extremely
hydrophobic membrane material presumably does not absorb large amounts of wa-
ter. This effect was taking into account by reducing the Henry coefficient for water
sorpƟon in themodel calculaƟons (see appendix). The permeate flux decline ismuch
lower for the Starmem240 than for the Desal DLmembrane, as presented in Fig. 2.7.
This is in good agreement with the results of Fig. 2.9, because the low separaƟon
performance indicates similar molecule velociƟes of the species.
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The pressure dependence of separaƟon performance and permate flux takes the
same course than for the Desal DL and can be explained by osmoƟc pressure differ-
ences as well.
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Figure 2.9: Comparison between calculated and experimental values of the permeate flux of
[MMIM][DMP] / water mixtures through the Starmem 240 membrane.
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2.5 Conclusion

Two different nanofiltraƟon membranes, the Desal DL and the Starmem 240 were
tested regarding their separaƟon performance for [MMIM][DMP] / H2O mixtures.
The Desal DL membrane, which was hydrophilic, allowed for parƟal separaƟon of
ionic liquid from water, especially at low concentraƟons. The separaƟon could be
enhanced by increasing the filtraƟon pressure. With increasing ionic liquid content
a significant loss in separaƟon performance could be observed as well as a reducƟon
in permeate flux. In contrast, the Starmem 240 showed no significant separaƟon of
[MMIM][DMP] from water, even at low IL feed concentraƟons. The permeate flux
decreased as well, but remained much more stable than for the Desal DL.
Model calculaƟonswith theMaxwell-Stefanmodel were carried out to explain these
results. CalculaƟons suggest that the ionic liquid is parƟally retained by both mem-
branes due to its large molecule size and with it a high fricƟon with the membrane
material. The permeate flux reducƟon could be explained by osmoƟc pressure differ-
ences between feed and permeate due to the parƟal separaƟon of IL. Theworsening
in separaƟon performance for increasing ionic liquid feed concentraƟons could be
explained by the presence of osmoƟc pressures as well, which counteract a separa-
Ɵon of the substance system.
These results show that it was not possible to reveal the intrinsic membrane separa-
Ɵon performance for the invesƟgated substance system. The driving force in terms
of filtraƟon pressure was to low to determine the best separaƟon performance of
the respecƟve membrane. Due to the limited operaƟonal range of nanofiltraƟon
(max. pressure of about 40 - 60 bar) it was not possible to overcome the emerging
osmoƟc pressures of the system (see appendix).
In fact, it was not possible (1) to separate highly concentrated IL completely fromwa-
ter by using nanofiltraƟon membranes, (2) to obtain a permeate flux of the mixture
without any separaƟon. Therefore, nanofiltraƟon of ILs in aqueous soluƟon has to
be performed at rather low IL contents in order to establish an economic separaƟon
process.
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2.7 Appendix

2.7.1 Nomenclature

a acƟvity [-]
c concentraƟon [mol m−3]
D diffusion coefficient [m2 sec−1]
F driving force [N]
F Faraday constant 96,485 [C mol−1]
K Henry coefficient [-]
K𝑠 Freundlich parameter [-]
K𝐵 Boltzmann constant [1.38 ⋅ 10−23 J K−1]
M molar mass [g mol−1]
N molar flux [kg m−2 s−1]
p pressure [Pa]
Q0 intrinsic membrane charge [mol m−3]
Q𝑚 effecƟve membrane charge [mol m−3]
R𝐺 gas constant [J mol−1 K−1]
r radius [m]
T temperature [K]
u velocity [m sec−1]
V𝑚 molar volume [m3 mol−1]
w mass fracƟon [-]
x mole fracƟon [-]
y posiƟon in the membrane [m]
z valency [-]
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Greek

𝛾 acƟvity coefficient [-]
𝛿 acƟve layer thickness [m]
𝜁 Zeta-PotenƟal [V]
𝜈 viscosity [Pa sec−1]
𝜇 chemical potenƟal [kJ kg−1]
𝜁 fricƟon coefficient [N sec m−1 mol−1]
𝜙 electric potenƟal [V]

Subscript

i species i
j species j
M membrane
IL+ ionic liquid caƟon
IL- ionic liquid anion
H2O water
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2.7.2 Model calculaƟon results

Table 2.3: EsƟmated parameters for the Maxwell-Stefan model.

Parameter Unit Pure solvent Desal DL Starmem 240
system

K𝐻2𝑂 [-] - 0.6 0.3
K[𝑀𝑀𝐼𝑀]+ [-] - 0.6 0.25
K[𝐷𝑀𝑃]− [-] - 0.6 0.25
𝛿 [m] - 1 ⋅ 10−07 1 ⋅ 10−07

Q0 [mol m−3] - -10 -10
𝜁𝐻2𝑂,[𝑀𝑀𝐼𝑀]+ [N sec m−1 mol−1] 3.70 ⋅ 10+13 - -
𝜁𝐻2𝑂,[𝐷𝑀𝑃]− [N sec m−1 mol−1] 3.86 ⋅ 10+13 - -
𝜁[𝑀𝑀𝐼𝑀]+,[𝐷𝑀𝑃]− [N sec m−1 mol−1] 8.10 ⋅ 10+14 - -
𝜁𝑀,𝐻2𝑂 [N sec m−1 mol−1] - 4.80 ⋅ 10+12 8.57 ⋅ 10+12

𝜁𝑀,[𝑀𝑀𝐼𝑀]+ [N sec m−1 mol−1] - 3.75 ⋅ 10+15 1.27 ⋅ 10+15

𝜁𝑀,[𝐷𝑀𝑃]− [N sec m−1 mol−1] - 4.31 ⋅ 10+15 1.46 ⋅ 10+15

Table 2.4: CalculaƟon results for the Desal DL membrane. OperaƟng condiƟons: 30 bar, 25∘C.

Feed Permate OsmoƟc pressure OsmoƟc pressure Permeate flux
[MMIM][DMP] [MMIM][DMP] H2O [MMIM][DMP] [L m−2 h−1]
[wt.%] [wt.%] [bar] [bar]
0 0 0.0 0.0 142.9
5 3 -10.4 134.1 75.5
10 8 -16.9 92.3 43.2
15 13 -19.5 65.0 29.6
20 19 -20.7 48.3 22.7
25 24 -21.4 37.5 18.3
30 29 -21.7 29.8 15.2
35 34 -22.0 24.1 13.0
40 39.7 -22.3 19.9 11.1

34



Chapter 2

Table 2.5: CalculaƟon results for the Starmem240 membrane. OperaƟng condiƟons: 30 bar, 25∘C.

Feed Permate OsmoƟc pressure OsmoƟc pressure Permeate flux
[MMIM][DMP] [MMIM][DMP] H2O [MMIM][DMP] [L m−2 h−1]
[wt.%] [wt.%] [bar] [bar]
0 0 0.0 0.0 23.1
5 4 -4.4 49.9 18.6
10 9 -8.0 41.5 15.0
15 14 -10.4 33.7 12.5
20 19 -12.2 28.1 10.6
25 24 -13.3 23.1 9.2
30 29 -14.3 19.5 8.1
35 34 -14.8 16.2 7.2
40 39 -15.3 13.7 6.4
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CHAPTER 3

Transport of saccharides in ionic liquid water mixtures
through polyamide and polyimide nanofiltraƟon

membranes

Parts of this chapter have been published:
C. Abels; C. Redepenning; A. Moll; T. Melin; M. Wessling, Simple purificaƟon of ionic
liquid solvents by nanofiltraƟon in biorefining of lignocellulosic substrates, Journal
of Membrane Science 405-406 (2012) 1–10
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3.1 IntroducƟon

Ionic liquids (ILs) are new kinds of solvents which allow the processing of wooden
material by means of biorefinery [1, 2]. In published process schemes the recov-
ery of valuable products such as cellulose or lignin from the IL soluƟon is carried
out by adding water or acetone as anƟ-solvent [3]. Here the recovery and reuse
of ionic liquid is crucial due to its high expense. In a recent publicaƟon the recov-
ery of the hydrophobic ionic liquid 1-n-Butyl-3-methylpyridinium tetrafluoroborate
from a wood dissoluƟon process via nanofiltraƟon is reported [4]. Whereas the per-
meate fluxes have been measured and fiƩed to a model, the rejecƟon of solutes
has not been examined in detail. The rejecƟon of solutes in ILs is assumed to de-
pend on the water content, especially for hydrophilic ionic liquids based on imida-
zole such as ethyl-methylimidazolium acetate, butyl-methylimidazolium chloride or
1,3-dimethylimidazolium phosphate [5--8]. As the ionic liquid is both, salt and sol-
vent, two different fields of nanofiltraƟon can be addressed, depending on the ionic
liquid content in the mixture: (1) NanofiltraƟon of aqueous systems containing salts
and organic solutes and (2) NanofiltraƟon of non-aqueous solvent systems contain-
ing organic solutes.
NanofiltraƟon of aqueous solvents containing salts has been studied extensively. In
this case, especially nanofiltraƟon of mixtures of salts and organic solutes is from in-
terest. Few publicaƟons discuss the effect of salt addiƟon to an aqueous soluƟon on
the rejecƟon performance regarding organic solutes such as glucose [9--11]. Applied
models assume the presence of pores in the membrane. Two general approaches
are used: (1) The Maxwell-Stefan model and the (2) Nernst-Planck model [12, 13].
By assuming the presence of pores themodel focuses on the rejecƟon of the respec-
Ɵve salt and organic solute. The sorpƟon of these substances is calculated taking the
pore size and the membrane charge into account while the water flux is assumed to
depend only on the acƟve driving force. The reducƟon of water sorpƟon into the
membrane at increased solute content, which is reasonable for low salt/solute con-
centraƟons, is neglected.
NanofiltraƟon in non-aqueous solvent systems is oŌen referred to the field of sol-
vent resistant nanofiltraƟon (SRNF). Such membranes are designed for applicaƟon
in organic solvent recovery, e.g. toluene or acetone. Favored polymeric solvent
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resistant membranes consist of composiƟons of polyimide or polyamide [14]. In
this field several studies were published discussing the rejecƟon of solutes in depen-
dence of the solvent which can also comprise solvent mixtures [15--21]. Fiƫng of
theoreƟcal values to experimental results is performed for each respecƟve solvent-
solute-membrane system individually, for instance with the soluƟon-diffusion ap-
proach [22].
In this work the rejecƟon of solutes stemming from a wood dissoluƟon process with
IL via nanofiltraƟon is examined. The experimental part focuses on the influence of
the IL/water mixture composiƟon on the solute rejecƟon. The experimental results
aremodeled with theMaxwell-Stefan approach to explain trends of solute rejecƟon.
In fact, a mulƟ-component transport is modeled comprising water, two ionic liquid
molecules and the saccharide. The model is fiƩed to experimental results for the
polyamide membrane Desal DL and the polyimide membrane Starmem 240.
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3.2 Transport model

3.2.1 Maxwell-Stefan model
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Figure 3.1: a) FricƟon of sugar molecule with water molecules. b) FricƟon of sugar molecules with
water molecules and addiƟonal ionic liquid molecules.

The transport of water, ionic liquid and saccharide molecules through the nanofiltra-
Ɵon membrane is described with the Maxwell-Stefan model which was extensively
revised by Krishna and Wesselingh [13]. The basic equaƟon of the Maxwell-Stefan
approach is:

𝐹𝑖 = ∑
𝑖≠𝑗

𝜉𝑖,𝑗 ⋅ 𝑥𝑗 ⋅ (𝑢𝑖 − 𝑢𝑗) (3.1)

The flux F is in balance with the velocity u of a molecule and the resistance 𝜉 of its
surrounding. The resistance can be induced by molecules from other species which
are moving somehow different or from a stagnant layer such as a membrane. In
this case the membrane is modeled as homogenous background layer, a so-called
non-structured matrix, which does not possess an explicit mass. By replacing the
molecule velocity u by the molar flux N and staƟng the relevant driving forces, one
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yields:

− (𝑑𝜇𝑖
𝑑𝑦 − 𝑉𝑚,𝑖 ⋅ 𝑑𝑃

𝑑𝑦 − 𝑧𝑖 ⋅ 𝐹 ⋅ 𝑑Φ
𝑑𝑦 ) ⋅ 𝑐 ⋅ 𝑥𝑖

= ∑
𝑖≠𝑗

𝜉𝑖,𝑗 ⋅ (𝑥𝑗 ⋅ 𝑁𝑖 − 𝑥𝑖 ⋅ 𝑁𝑗) + 𝜉𝑖,𝑀 ⋅ 𝑥𝑖
(3.2)

The driving forces are the chemical potenƟal gradient 𝑑𝜇, the pressure gradient dP
and the electric potenƟal gradient 𝑑Φ between feed and permeate. Whereas the
electric potenƟal gradient can be neglected for neutral molecules, it has to be taken
into account for charged molecules. The flux of saccharide molecules in the mem-
brane with respect to a solvent mixture of water and ionic liquid can than be ex-
pressed as following:

̇𝑁𝑠 = (Δ𝜇 − 𝑉𝑚,𝑖 ⋅ Δ𝑃 − 𝑧𝑖 ⋅ 𝐹 ⋅ Δ𝜙) ⋅ 𝑐𝑠⋅𝑥𝑠
𝛿

𝜉𝑠,𝑀 + (𝜉𝑠,𝐻2𝑂 ⋅ 𝑥𝐻2𝑂) + (𝜉𝑠,𝐼𝐿+ ⋅ 𝑥𝐼𝐿+) + (𝜉𝑠,𝐼𝐿− ⋅ 𝑥𝐼𝐿−)

+
𝜉𝑠,𝐻2𝑂 ⋅ 𝑥𝐻2𝑂 ⋅ ̇𝑁𝐻2𝑂

𝜉𝑠,𝑀 + (𝜉𝑠,𝐻2𝑂 ⋅ 𝑥𝐻2𝑂) + (𝜉𝑠,𝐼𝐿+ ⋅ 𝑥𝐼𝐿+) + (𝜉𝑠,𝐼𝐿− ⋅ 𝑥𝐼𝐿−)

+ 𝜉𝑠,𝐼𝐿+ ⋅ 𝑥𝐼𝐿+ ⋅ ̇𝑁𝐼𝐿+
𝜉𝑠,𝑀 + (𝜉𝑠,𝐻2𝑂 ⋅ 𝑥𝐻2𝑂) + (𝜉𝑠,𝐼𝐿+ ⋅ 𝑥𝐼𝐿+) + (𝜉𝑠,𝐼𝐿− ⋅ 𝑥𝐼𝐿−)

+ 𝜉𝑠,𝐼𝐿− ⋅ 𝑥𝐼𝐿− ⋅ ̇𝑁𝐼𝐿−
𝜉𝑠,𝑀 + (𝜉𝑠,𝐻2𝑂 ⋅ 𝑥𝐻2𝑂) + (𝜉𝑠,𝐼𝐿+ ⋅ 𝑥𝐼𝐿+) + (𝜉𝑠,𝐼𝐿− ⋅ 𝑥𝐼𝐿−)

(3.3)

The effect of ionic liquid addiƟon to an aqueous soluƟon with a saccharide (sugar)
molecule is visualized in Fig. 3.1. Fig. 3.1a shows the flux for a saccharide (sugar)
molecule within the membrane in a pure water solvent. The stagnant membrane
layer causes a fixed resistance 𝜉𝑠,𝑀 . AddiƟonally, the surrounding water molecules
affect the saccharide flux posiƟvely, if the water molecules move faster and nega-
Ɵvely if they move slower. The fricƟon forces of the water on the saccharide are
rather small. In Fig. 3.1b ionic liquid molecules are added to the soluƟon. Due to
their bigger volume and their higher viscosity the ionic liquid molecules cause more
fricƟon on the saccharide molecules. If the ionic liquid molecules move slower than
the water molecules they reduce the saccharide flux in comparison to a pure water
system. Eq. 3.3 shows that beside the membrane fricƟon 𝜉𝑠,𝑀 the fricƟon with co-
flowing water and ionic liquid molecules 𝜉𝑠,𝐻2𝑂, 𝜉𝑠,𝐼𝐿+ and 𝜉𝑠,𝐼𝐿− restricts the flux
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of saccharide molecules. The calculaƟon results for the respecƟve fricƟon parame-
ter show that the ionic liquid molecules cause far more fricƟon on the saccharide
molecules than the water molecules (see appendix).

3.2.2 AcƟvity coefficients

The acƟvity coefficients for mixtures of water and ionic liquid were derived from
published data of vapor-liquid-equilibrium experiments [23]. The acƟviƟes of the
saccharide molecules were calculated with:

𝑎𝑠 = 𝑥𝑠 ⋅ 𝛾𝑖 (3.4)

Even though the acƟvity of the saccharide is dependent on the solvent composiƟon,
this influence is neglected. Due to the high diluƟon of saccharide in the mixture
(concentraƟon below 10 g L−1) the acƟvity coefficient is set to 1. Therefore the
acƟvity of the saccharide is directly calculated from the saccharide concentraƟon,
according to the simplificaƟonmade for deriving the simple soluƟon-diffusionmodel
[13].

3.2.3 SorpƟon

The sorpƟon of all species was calculated with the law of Henry based on feed
mass fracƟons which is recommend for solvent mixtures comprising molecules with
largely varying sizes [24]:

𝑐𝑖,𝑀 = 𝐾𝑖 ⋅ 𝑤𝑖,𝐹 (3.5)

Due to the charge of the ionic liquid molecules a Donnan-equilibrium between the
ionic liquid molecules and the chargedmembrane has been implemented according
to Straatsma [25]. Therefore eq. 3.5 is extended to

𝑤𝐼𝐿,𝑀 = 𝐾𝐼𝐿 ⋅ 𝑤𝐼𝐿,𝐹 ⋅ 𝑒𝑥𝑝(±𝐹 ⋅ ΔΦ
𝑅 ⋅ 𝑇 ) (3.6)
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3.2.4 FricƟon coefficients

Self-fricƟon coefficients of the water and ionic liquid molecules and the fricƟon co-
efficients of the saccharides with the solvent molecules have been calculated from
the binary diffusion coefficients.

𝜉𝑖,𝑖 = 𝑅 ⋅ 𝑇
𝐷𝑖,𝑗

(3.7)

The self-diffusion coefficients for water and ionic liquid molecules as well as the dif-
fusion coefficients of the saccharides in the respecƟve solvent have been calculated
with the law of Stokes-Einstein:

𝐷𝑖 = 𝑘𝐵 ⋅ 𝑇
6 ⋅ 𝜋 ⋅ 𝜈𝑖 ⋅ 𝑟𝑖

(3.8)

The calculaƟon results show that the diffusivity of saccharide molecules within the
ionic liquid is far lower than within the water due to its high viscosity (see Table
3.1).

Table 3.1: Calculated diffusion coefficients of invesƟgated saccharides.

Saccharide Radius Diffusion coefficient H2O Diffusion coefficient IL
[10−10 m] [10−10 m2 sec−1] [10−10 m2 sec−1]

Glucose 7.5 6.14 0.0281
Cellobiose 12.9 3.39 0.0155
Raffinose 9.6 4.58 0.0209

The self-fricƟon coefficients of the saccharides were then esƟmated using the geo-
metric average.

𝜉𝑖,𝑗 = √𝜉𝑖,𝑖 ⋅ 𝜉𝑗,𝑗 (3.9)

Eq. 3.9 implies that:

𝜉𝑖,𝑗 = 𝜉𝑗,𝑖 (3.10)

The fricƟon parameter between the water molecules and the membrane was de-
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rived from pure water experiments, while the fricƟon parameters between ionic
liquid molecules and membrane were fiƩed to experimental results. The calculated
values of the fricƟon parameters are embedded in the appendix.
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3.3 Experimental

3.3.1 NanofiltraƟon setup

NanofiltraƟonexperimentswere carried out in a flat-sheetmodule, providing amem-
brane area of 2 mm x 8 mm. A comprehensive descripƟon of the nanofiltraƟon set-
up can be found in chapter 2. During experiments the pressure was varied between
20 and 40 bar. The temperature was kept at a value of 30∘C. Cross flow velociƟes
were varied between 1 m sec−1 and 2.5 m sec−1 to check for mass transfer limita-
Ɵons at the membrane surface. In this range the saccharide rejecƟon was found to
be independent from cross flow velocity.

3.3.2 Materials

The invesƟgated ionic liquid [MMIM][DMP] was provided by IoLiTec. Saccharides
glucose, cellobiose and raffinose were obtained from VWR InternaƟonal. Raffinose
is used as a subsƟtute for cellotriose, which is the tri-saccharide occurring in the
enzymaƟc hydrolysis of cellulose. The feed concentraƟon of all saccharides in the
experimentswas set to 10 g L−1. Solubility experimentswere carried out to check for
a complete miscibility of the diverse saccharides in [MMIM][DMP] soluƟons. These
experiments were performed at ambient temperature of about 25∘C. The results
of the measurements are shown in Table 3.2. The solubility for the substances sig-
nificantly decreases while adding ionic liquid to the soluƟon. Nevertheless, for no
[MMIM][DMP] soluƟon invesƟgated, the saccharide solubility was exceeded.

Table 3.2: InvesƟgated saccharides and their solubiliƟes in ionic liquid / water mixtures.

Saccharide Molar mass Solubility Solubility Solubility
[g mol−1] 0 wt.% IL 20 wt.% IL 40 wt.% IL

[g mol−1] [g mol−1] [g mol−1]
Glucose 180 470 340 235
Cellobiose 342 111 65 33
Raffinose 504 50 32 14
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3.3.3 AnalyƟcs

The saccharides glucose, cellobiose and raffinose dissolved in various ionic liquid
/ water mixtures were detected via HPLC separaƟon and refracƟve index measure-
ments. Hereby the 'OrganicAcidResin + VS' column from BioRAD was used. Fig. 3.2
depicts a representaƟve chromatogram. Due to the high viscosity of the IL, the sam-
ples had to be diluted by a factor of 50. There are small IL shoulder peaks visible at
approximately 7 min. These are induced by impuriƟes found in the technical grade
of methylimidazole applied to make the ionic liquid.
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Figure 3.2: RepresentaƟve HPLC-chromatogram for the ionic liquid [MMIM][DMP] and saccharides
glucose, cellobiose, raffinose.

The error of the saccharide concentraƟon measurements was determined by re-
peated measurements. The average error for the saccharide concentraƟon was es-
Ɵmated to about 10%.

3.3.4 InvesƟgated membranes

The Desal DL provided by GE Osmonics and the Starmem 240 provided by MET
were invesƟgated for their separaƟon performance regarding saccharide mixtures
in ionic liquid / water solvents (see Table 2.2 for detailed informaƟon on the mem-
branes). The Desal DL membrane was flushed with pure water before experiments.

46



Chapter 3

The Starmem 240 membrane was first stored in pure acetone for at least 24 h in
order to remove the preservaƟon oils. AŌer the filtraƟon experiments the applied
membranes were stored in pure ionic liquid and reused several Ɵmes.
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3.4 Results

3.4.1 Saccharide rejecƟon for the Desal DL

The rejecƟons of glucose, cellobiose and raffinose in several ionic liquid water mix-
tures with IL mass fracƟons of up to 40 wt.% are shown in Fig. 3.3 - 3.5.
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Figure 3.3: RejecƟon of glucose depending on feed concentraƟon of ionic liquid [MMIM][DMP] by
the Desal DL membrane. Data points reflect experimental results, straight lines reflect
calculated results.

The glucose rejecƟon was strongly dependent on the solvent mixture composiƟon
(Fig. 3.3). For pure water systems the rejecƟon was about 80% - 85%. With increas-
ing ionic liquid content the rejecƟon worsened and remained at a level of about
25% - 40%. A clear pressure dependence of glucose rejecƟon was observed. With
increasing pressure the rejecƟon increased resulƟng in differences of up to 10% of
rejecƟon for a change of 20 bar to 40 bar. Model calculaƟons with the Maxwell-
Stefan approach were performed. Exemplary results are shown in Table 3.3.

The glucose molecules were just parƟally rejected even in pure water systems. This
can be explained by the small molecular weight of the glucose (180 Da) which is
similar to the nominal MWCO of the Desal DK membrane (200 Da). The decrease of
rejecƟon performance can be explained by a strong decrease of the solvent mixture
permeate flux. The reason can be found in the low permeability of the ionic liquid
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Table 3.3: CalculaƟon results for the Desal DL membrane. Rejected saccharide is glucose, applied
pressure is 30 bar.

Feed IL FricƟon forces Glucose flux Permeate flux Glucose rejecƟon
[𝑤𝑡.%] [N sec m−1 mol−1] [kg m−2 h−1] [kg m−2 h−1] [-]
0 9.58⋅1013 0.28 127.7 0.78
5 9.95⋅1013 0.23 73.9 0.69
10 1.04⋅1014 0.18 41.5 0.57
15 1.10⋅1014 0.15 28.1 0.48
20 1.15⋅1014 0.12 21.0 0.42
25 1.21⋅1014 0.10 16.7 0.37
30 1.28⋅1014 0.09 13.7 0.34
35 1.34⋅1014 0.08 11.5 0.31
40 1.41⋅1014 0.07 9.6 0.29

which is added to the soluƟon in high amounts and in strong osmoƟc pressures due
to a parƟal rejecƟon of ionic liquid by the membrane (see chapter 2). The flux of
glucose decreases similarly with increasing ionic liquid concentraƟon. This can be
explained by increasing transport resistances within the solvent mixture. Table 3-3
depicts the total fricƟon forces on a glucose molecule depending on the feed mass
fracƟon of [MMIM][DMP] (see eq. 3.3). Obviously, the increasing amount of ionic
liquid molecules in the soluƟon increases the fricƟon on glucose molecules as illus-
trated in Fig. 3.1.
The pressure dependence of glucose rejecƟon can be explained by the driving forces
which act differently on solvent and solute. While the solvent transport through the
membrane is strongly pressure dependent, the transport of the solute glucose is
dominated by the concentraƟon differences between feed and permeate. There-
fore a change of pressure primarily affects the solvent flux, while the solute flux
remains stable.
The cellobiose rejecƟon of the Desal DL membrane is shown in Fig. 3.4. In contrast
to the glucose the cellobiose is completely retained by the membrane in a pure
water solvent. These results can be explained by the higher molecular weight of
cellobiose (324 g mol−1). Similarly to the glucose experiments the rejecƟon for cel-
lobiose worsens with increasing ionic liquid content in the solvent. Nevertheless,
the rejecƟon never undercuts values of about 80%. Due to the high separaƟon per-
formance for cellobiose the rejecƟon is just slightly affected by a solvent permeate
flux decrease.

In Fig. 3.5 the separaƟon performance for raffinose is shown. The molecular weight
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Figure 3.4: RejecƟon of cellobiose depending on feed concentraƟon of ionic liquid [MMIM][DMP] by
the Desal DL membrane. Data points reflect experimental results, straight lines reflect
calculated results.

of this molecule is highest with 504 Da. Therefore the rejecƟon is best, starƟng
with an iniƟal rejecƟon of >99% for the pure water system. With increasing ionic
liquid content the rejecƟon decreases slightly to values of about 80%. This value
is similar to the cellobiose rejecƟon. In fact, the calculated diffusion coefficients
for these molecules were similar, because the molecular radii are nearly the same,
even though the molecular weights differ. Due to the high rejecƟon the pressure
dependence on raffinose rejecƟon is low, as for the cellobiose.

In summary, the separaƟon performance for all three tested saccharides decreased
constantly while adding ionic liquid to the solvent mixture. At high concentraƟons
above 20 wt.% ionic liquid the rejecƟon stabilized at a low level. These results cor-
respond to publicaƟons in which salt addiƟon to an aqueous soluƟon containing
saccharides resulted in diminish of saccharide rejecƟon [9, 10].

3.4.2 Saccharide rejecƟon for the Starmem 240

The results for separaƟon performance of the Starmem 240 membrane regarding
saccharides in mixtures of IL and water are shown in Fig. 3.6 - Fig. 3.8. In opposite
to the Desal DL membrane the rejecƟon for all tested saccharides increased with
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Figure 3.5: RejecƟon of raffinose depending on feed concentraƟon of ionic liquid [MMIM][DMP] by
the Desal DL membrane. Data points reflect experimental results, straight lines reflect
calculated results.

increasing ionic liquid content in the soluƟon.
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Figure 3.6: RejecƟon of glucose depending on feed concentraƟon of ionic liquid [MMIM][DMP] by
the Starmem 240 membrane. Data points reflect experimental results, straight lines re-
flect calculated results.

In Fig. 3.6 the results for the glucose rejecƟon are shown. In pure water systems
the membrane did not separate any glucose from the feed soluƟon. With increas-
ing ionic liquid content the membrane separated up to 20% of glucose. The low
rejecƟon for glucose can be explained with the high MWCO of the Starmem 240
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membrane, which is nominal 400 Da. A clear pressure dependence on the rejecƟon
could not be measured. This can be explained by the relaƟve stable solvent fluxes,
which did not vary significantly with the applied pressure (see chapter 2). A non-
linear pressure-flux correlaƟon can result from membrane compacƟon which was
reported for the Starmem series [26--28]. On the other hand the separaƟon perfor-
mance is reported to increase with compacƟon of the membrane [29]. Long-term
experiments with operaƟon Ɵmes of over 80 hours showed that themembrane com-
pacƟon was depending on solvent mixture. In Table 3.4 the calculaƟon results for
glucose rejecƟon by the Starmem 240 membrane are presented.

Table 3.4: CalculaƟon results for the Starmem 240 membrane. Rejected saccharide is glucose, ap-
plied pressure is 30 bar.

Feed IL FricƟon forces Glucose flux Permeate flux Glucose rejecƟon
[𝑤𝑡.%] [N sec m−1 mol−1] [kg m−2 h−1] [kg m−2 h−1] [-]
0 2.66⋅1012 0.18 19.4 0.08
5 3.46⋅1012 0.14 15.8 0.11
10 4.48⋅1012 0.11 12.5 0.14
15 5.53⋅1012 0.09 10.2 0.15
20 6.61⋅1012 0.07 8.6 0.17
25 7.73⋅1012 0.06 7.3 0.19
30 8.89⋅1012 0.05 6.2 0.20
35 1.01⋅1013 0.04 5.4 0.22
40 1.13⋅1013 0.04 4.7 0.23

As for the Desal DL membrane the presence of ionic liquid molecules in the solvent
increases the fricƟon on glucose molecules according to eq. 3.3. In result, the glu-
cose flux decreases. In contrast to the Desal DL membrane the total permeate flux
reducƟon for the Starmem 240 membrane is less significant. Therefore, the glucose
rejecƟon increases, because the total permate flux is more stable than the glucose
flux. CalculaƟons predict a more significant pressure dependence on separaƟon per-
formance. The differences between experimental and calculated values can be ex-
plained by compacƟon of the Starmem 240 membrane during experiments which
was neglected in the model.

In Fig. 3.7 and Fig. 3.8 the results for the cellobiose and raffinose rejecƟon are
shown. As for the glucose the separaƟon of the saccharides increases with increas-
ing ionic liquid content. Due to the higher molecular weight of these substances
they are separated in a higher degree by the Starmem 240 membrane. However,
the pressure dependence on rejecƟon was found to be low which is contrary to sim-
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Figure 3.7: RejecƟon of cellobiose depending on feed concentraƟon of ionic liquid [MMIM][DMP]
by the Starmem 240 membrane. Data points reflect experimental results, straight lines
reflect calculated results.
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Figure 3.8: RejecƟon of raffinose depending on feed concentraƟon of ionic liquid [MMIM][DMP] by
the Starmem 240 membrane. Data points reflect experimental results, straight lines re-
flect calculated results.

ulated results.
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3.5 Conclusion

Two different nanofiltraƟon membranes, the Desal DL and the Starmem 240 were
tested on their separaƟon performance regarding saccharides in water/ ionic liquid
mixtures. Mixtures containing the ionic liquid [MMIM][DMP] were concentrated up
to 40 wt.%. The separaƟon performance for glucose, cellobiose and raffinose was
tested for pressures of 20 - 40 bar at ambient temperature.
The separaƟon performance for the Desal DL membrane was best for a pure water
solvent. In such a solvent a glucose rejecƟon of up to 85% and a cellobiose and raf-
finose rejecƟon of up to >99% was reached. With increasing ionic liquid content
in the mixture, the rejecƟon worsened for all three substances. For glucose the re-
jecƟon dropped to about 25% at a feed concentraƟon of 40 wt.% ionic liquid. For
cellobiose and raffinose the rejecƟon decreased less, to a value of about 85%. The
separaƟon performance for all three substances was dependent on the pressure. It
increased with increasing pressures. Whereas the pressure dependence was signifi-
cant for glucose, it was low for cellobiose and raffinose.
The results for the Starmem 240 membranes were different. In pure water solvent
there was hardly a rejecƟon of the diverse saccharides observed. With increasing
ionic liquid content the separaƟon performance increased for all three substances
to values of about 20% - 40% at 40 wt.% of [MMIM][DMP]. As for the Desal DL mem-
brane the rejecƟon of the respecƟve saccharide increasedwith increasingmolecular
weight. In contrast to the Desal DL membrane the rejecƟon was hardly dependent
on pressure. With increasing pressure the rejecƟon increased.
A Maxwell-Stefan model was set up to simulate the experimental results of saccha-
ride rejecƟon. For both membranes the flux of glucose decreased with increasing
ionic liquid content. This effect could be explained with increasing fricƟon forces on
the saccharide molecules in presence of ionic liquid molecules. The opposite evolu-
Ɵon of saccharide rejecƟon for the tested membranes can be explained by differing
developments of permeate fluxes. Whereas for the Desal DL membrane a strong
permeate flux decline is observed, the permeate flux for the Starmem 240 reduces
moderately.
For the Starmem 240 membrane the permeate flux decline was very much lower
than for the Desal DL membrane due to a beƩer permeability of the ionic liquid. In
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this case the increasing transport resistance for the saccharide molecules with in-
creasing ionic liquid content in the membrane affected the rejecƟon performance
posiƟvely. The bigger ionic liquid molecules filled the membrane and therefore
blocked the transport of saccharides more than the water molecules. In fact, dif-
fusion of saccharides in ionic liquid is way much slower than for water. Therefore,
the saccharide flux decreased significantly. Because the solvent flux decreased just
slightly, the separaƟon performance engagedwith increasing ionic liquid content for
the Starmem 240 membrane.
For the Desal DL a clear pressure dependence on saccharide separaƟon was ob-
served as predicted by the model. As the solvent mixture permeates through the
membrane due to the applied pressure, the solute flux is induced by concentraƟon
differences between feed and permeate. Hence, an increase in pressure encour-
ages the solvent flux, while the solute flux remains nearly stable. However, for
the Starmem 240 membrane no pressure dependence could be found. This was
explained by compacƟon effects which have not been included in the model.
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3.7 Appendix

3.7.1 Nomenclature

a acƟvity [-]
c concentraƟon [mol m−3]
D diffusion coefficient [m2 sec−1]
F driving force [N]
F Faraday constant 96,485 [C mol−1]
K Henry coefficient [-]
K𝐵 Boltzmann constant [1.38 ⋅ 10−23 J K−1]
M molar mass [g mol−1]
N molar flux [kg m−2 s−1]
p pressure [Pa]
Q0 intrinsic membrane charge [mol m−3]
Q𝑚 effecƟve membrane charge [mol m−3]
R𝐺 gas constant [J mol−1 K−1]
r radius [m]
T temperature [K]
u velocity [m sec−1]
V𝑚 molar volume [m3 mol−1]
w mass fracƟon [-]
x mole fracƟon [-]
y posiƟon in the membrane [m]
z valency [-]
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Greek

𝛾 acƟvity coefficient [-]
𝛿 acƟve layer thickness [m]
𝜁 Zeta-PotenƟal [V]
𝜈 viscosity [Pa sec−1]
𝜇 chemical potenƟal [kJ kg−1]
𝜁 fricƟon coefficient [N sec m−1 mol−1]
𝜙 electric potenƟal [V]

Subscript

i species i
j species j
M membrane
IL+ ionic liquid caƟon
IL- ionic liquid anion
H2O water
s saccharide / sguar
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3.7.2 Model calculaƟon results

Table 3.5: EsƟmated parameters for the Maxwell-Stefan model. Part 1

Parameter Unit Pure solvent Desal DL Starmem 240
system

K𝐻2𝑂 [-] - 0.6 0.3
K[𝑀𝑀𝐼𝑀]+ [-] - 0.6 0.25
K[𝐷𝑀𝑃]− [-] - 0.6 0.25
𝛿 [m] - 1 ⋅ 10−07 1 ⋅ 10−07

Q0 [mol m−3] - -10 -10
𝜁𝐻2𝑂,[𝑀𝑀𝐼𝑀]+ [N sec m−1 mol−1] 3.70 ⋅ 10+13 - -
𝜁𝐻2𝑂,[𝐷𝑀𝑃]− [N sec m−1 mol−1] 3.86 ⋅ 10+13 - -
𝜁[𝑀𝑀𝐼𝑀]+,[𝐷𝑀𝑃]− [N sec m−1 mol−1] 8.10 ⋅ 10+14 - -
𝜁𝑀,𝐻2𝑂 [N sec m−1 mol−1] - 4.80 ⋅ 10+12 8.57 ⋅ 10+12

𝜁𝑀,[𝑀𝑀𝐼𝑀]+ [N sec m−1 mol−1] - 3.75 ⋅ 10+15 1.27 ⋅ 10+15

𝜁𝑀,[𝐷𝑀𝑃]− [N sec m−1 mol−1] - 4.31 ⋅ 10+15 1.46 ⋅ 10+15

Table 3.6: EsƟmated parameters for the Maxwell-Stefan model. Part 2

Parameter Unit Pure solvent Desal DL Starmem 240
system

K𝐺𝑙𝑢𝑐𝑜𝑠𝑒 [-] - 3.00 ⋅ 10−03 3.00 ⋅ 10−04

K𝐶𝑒𝑙𝑙𝑜𝑏𝑖𝑜𝑠𝑒 [-] - 8.00 ⋅ 10−05 8.00 ⋅ 10−05

K𝑅𝑎𝑓𝑓𝑖𝑛𝑜𝑠𝑒 [-] - 1.00 ⋅ 10−04 5.00 ⋅ 10−05

𝜁𝐺𝑙𝑢𝑐𝑜𝑠𝑒,𝐻2𝑂 [N sec m−1 mol−1] 4.06 ⋅ 10+12 - -
𝜁𝐺𝑙𝑢𝑐𝑜𝑠𝑒,[𝐷𝑀𝑃]+ [N sec m−1 mol−1] 8.52 ⋅ 10+13 - -
𝜁𝐺𝑙𝑢𝑐𝑜𝑠𝑒,[𝐷𝑀𝑃]− [N sec m−1 mol−1] 8.89 ⋅ 10+13 - -
𝜁𝑀,𝐺𝑙𝑢𝑐𝑜𝑠𝑒 [N sec m−1 mol−1] - 4.80 ⋅ 10+12 8.57 ⋅ 10+12

𝜁𝐶𝑒𝑙𝑙𝑜𝑏𝑖𝑜𝑠𝑒,𝐻2𝑂 [N sec m−1 mol−1] 7.35 ⋅ 10+12 - -
𝜁𝐶𝑒𝑙𝑙𝑜𝑏𝑖𝑜𝑠𝑒,[𝐷𝑀𝑃]+ [N sec m−1 mol−1] 1.54 ⋅ 10+14 - -
𝜁𝐶𝑒𝑙𝑙𝑜𝑏𝑖𝑜𝑠𝑒,[𝐷𝑀𝑃]− [N sec m−1 mol−1] 1.61 ⋅ 10+14 - -
𝜁𝑀,𝐶𝑒𝑙𝑙𝑜𝑏𝑖𝑜𝑠𝑒 [N sec m−1 mol−1] - 4.80 ⋅ 10+12 8.57 ⋅ 10+12

𝜁𝑅𝑎𝑓𝑓𝑖𝑛𝑜𝑠𝑒,𝐻2𝑂 [N sec m−1 mol−1] 5.45 ⋅ 10+12 - -
𝜁𝑅𝑎𝑓𝑓𝑖𝑛𝑜𝑠𝑒,[𝐷𝑀𝑃]+ [N sec m−1 mol−1] 1.14 ⋅ 10+14 - -
𝜁𝑅𝑎𝑓𝑓𝑖𝑛𝑜𝑠𝑒,[𝐷𝑀𝑃]− [N sec m−1 mol−1] 1.19 ⋅ 10+14 - -
𝜁𝑀,𝑅𝑎𝑓𝑓𝑖𝑛𝑜𝑠𝑒 [N sec m−1 mol−1] - 4.80 ⋅ 10+12 8.57 ⋅ 10+12
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CHAPTER 4

SeparaƟon of glucose from cellobiose in ionic liquid water
mixtures via nanofiltraƟon
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SeparaƟon of glucose from cellobiose in ionic liquid water mixtures

4.1 IntroducƟon

Cellulose can be converted to glucose by enzymaƟc hydrolysis. For a fast and com-
plete conversion of cellulose enzyme mixtures are employed comprising endoglu-
canases and exoglucanases. These enzymes reduce the endings of the cellulose
chains, respecƟvely random regions within the cellulose fibers with the simultane-
ous release of polysaccharides and thedisaccharide cellobiose. Cellobiose is strongly
product inhibiƟng, resulƟng in a decreasing enzyme acƟvity during the batch hydrol-
ysis. To release the cellobiose product inhibiƟon, the enzyme 𝛽-D-glucosidase can
be added to the mixture for a conversion of cellobiose to glucose, though glucose is
product inhibited as well [1--3].
To achieve high conversion rates of cellulose, its crystallinity can be reduced to ex-
tend the range of accessible regions for the enzymes. For this purpose cellulose
is pretreated with organic solvents such as ethanol (in the Organosolv process for
instance) or strong salt soluƟons such as ionic liquids. A solvent pretreatment of
cellulose or lignocellulosic maƩer can lead to a parƟal conversion to sugars. Nev-
ertheless, the release of sugars is far less than by an enzymaƟc hydrolysis and can
therefore not replace it up to now [4--7].

Figure 4.1: a) FricƟon of sugar molecule with water molecules. b) FricƟon of sugar molecules with
water molecules and addiƟonal ionic liquid molecules.

For a complete and fast conversion of cellulose to glucose it is necessary to remove
the product during the enzymaƟc hydrolysis. Several publicaƟons deal with the im-
plementaƟon of membrane separaƟons into an enzymaƟc reactor [8--14]. Interest-
ingly, in all these publicaƟons micro- or ultrafiltraƟon membranes are employed
which allow the passage of not just glucose, but of intermediates of the cellulose
hydrolysis as well (see Fig. 4.1). Therefore, the producƟvity of these reactors could
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just be enhanced to a certain permeaƟon rate. Further increase of the permeate
flux resulted in a decrease of producƟvity.
In most of the publicaƟons, problems during the membrane operaƟon such as con-
centraƟon polarizaƟon were taken into account for the observed decrease of prod-
uct yield. In only one publicaƟon the simultaneous loss of intermediates during the
membrane operaƟon was menƟoned as possible reason for the decrease of pro-
ducƟvity [12]. Due to the high MWCO of the ultrafiltraƟon membranes the loss of
intermediates from the cellulose hydrolysis can not be avoided. Therefore, we sug-
gest implemenƟng a nanofiltraƟon membrane for the selecƟve recovery of glucose
from the hydrolysis reactor.
In this work a nanofiltraƟon membrane, namely the Desal DL provided by GE Os-
monics, is invesƟgated for its separaƟon performance regarding mixtures of glucose
and cellobiose. Target approach is to separate the glucose from higher polysaccha-
rides to allow for a complete conversion of cellulose (fragments) to the final product
glucose. In this work the feasibility of glucose separaƟon is invesƟgated for a batch
process. Key parameters in this study are the product yield and the separaƟon per-
formance of glucose.
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4.2 Experimental

4.2.1 Batch filtraƟon setup

Fig. 4.2 shows the setup which was used for nanofiltraƟon experiments. The feed
volume of the stainless steel cell was 1 L. The membrane area was about 100 cm2.
The experiments were carried out at ambient temperature of about 25∘C. The em-
ployed membrane was a Desal DL, obtained from GE Osmonics. Batch filtraƟon ex-
periments were run unƟl a permeate yield of 90%was reached. Samples were taken
each 10% of permeate yield. The ouƞlowing permeate was collected and its final
concentraƟon measured aŌer reaching the 90% permeate yield. In addiƟon, the
retentate concentraƟon aŌer 90% of permeate yield was recorded.

1

2

3

Figure 4.2: Experimental set-up used for ultra- and nanofiltraƟon batch experiments: 1. Stainless
steel test cell; 2. Pressure control; 3. Weighing balance.
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The glucose concentraƟon of the collected permeate was compared to the iniƟal
feed concentraƟon to determine the glucose recovery. Hence, the glucose recovery
R𝐺 (at 90% permeate yield) was calculated with:

𝑅𝐺 = 𝑐𝐺,𝑃
𝑐𝐺,𝐹

⋅ 0.9 (4.1)

As well the separaƟon performance 𝑆𝐺 of saccharide mixtures comprising glucose
and cellobiose was calculated by dividing the glucose recovery by the cellobiose re-
covery (at 90% permeate yield):

𝑆𝐺 = 𝑐𝐺,𝑃 /𝑐𝐺,𝐹
𝑐𝐶,𝑃 /𝑐𝐶,𝐹

(4.2)

4.2.2 AnalyƟcs

The standard system, which was tested, contained 10 g L−1 of 𝛼-glucose and 10 g
L−1 of cellobiose provided by VWR. The feed soluƟon contained 100 g L−1 of ionic
liquid 1,3-dimethyl-phosphate [MMIM][DMP] which was provided by IoLiTec. The
concentraƟons of glucose, cellobiose and ionic liquid in aqueous soluƟon were de-
termined via HPLC separaƟon and refracƟve index measurements. Hereby the Ör-
ganicAcidResin + VScölumn from BioRADwas used. Fig. 3.2 depicts a representaƟve
chromatogram. Due to the high viscosity of the IL, the samples had to be diluted by
a factor of 50.
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4.3 Results

4.3.1 Yield dependence of saccharide separaƟon

In Fig. 4.3 the separaƟon performance of the Desal DL membrane regarding diverse
saccharides in mixtures of water and ionic liquid [MMIM][DMP] is shown.
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Figure 4.3: SeparaƟon performance of Desal DL membrane for diverse saccharides depending on
ionic liquid content. The filtraƟon pressure was set to 30 bar. The permeate yield was
close to 0%.

With increasing ionic liquid content the rejecƟonof glucose drops dramaƟcally, whereas
the cellobiose rejecƟon is less dependent on ionic liquid concentraƟon. The results
were obtained for permeate yields of close to 0% by taking a 5 ml sample from a 1
L feed tank. However, in a batch filtraƟon process the feed soluƟon is at the same
Ɵme the retentate, therefore the solute concentraƟons in the feed vary during the
filtraƟon process. In chapter 2 and 3 a Maxwell-Stefan model was set up in order
to simulate the saccharide and ionic liquid rejecƟon depending on the ionic liquid
feed concentraƟon. This model allows the predicƟon of saccharide and ionic liquid
permeate concentraƟons depending on the permeate yield. The key results of the
batch process simulaƟons are shown in Table 4.1.

Relevant simulaƟon results are the separaƟonperformanceof glucose fromcellobiose
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Table 4.1: CalculaƟon results for the batch filtraƟon of glucose, cellobiose and ionic liquid in aqueous
soluƟon. IniƟal feed concentraƟons were 10 g L−1 glucose and cellobiose and 100 g L−1

ionic liquid. Feed pressure was set to 30 bar. Simulated membrane was Desal DL.

Permeate yield IL permeate concentraƟon Glucose recovery Glucose separaƟon
[-] [g L−1] [%] [-]
0.10 86.7 4.8 4.37
0.20 87.4 10.0 4.27
0.30 88.2 15.6 4.17
0.40 89.1 21.8 4.05
0.50 90.1 28.6 3.91
0.60 91.2 36.3 3.75
0.70 92.5 45.3 3.56
0.80 94.0 56.5 3.30
0.90 96.0 72.5 2.89

and the glucose recovery rate. As shown in Table 4.1 the permeate concentraƟon
of glucose increases with increasing permeate yield from about 5% to about 73%
by collecƟng permeate to a yield of 90%. Simultaneously with glucose, cellobiose
is permeaƟng, resulƟng in a decreasing separaƟon performance. These calculaƟon
results can be explained with the varying ionic liquid content in the feed. IniƟally,
the saccharides are highly rejected by themembrane due to the low ionic liquid con-
tent of 10 wt.% in the feed (see Fig. 4.3). While the ionic liquid is (parƟally) rejected
by the membrane, its feed concentraƟon increases with ongoing filtraƟon. At high
permeate yields the rejecƟon of saccharides is correspondingly low and the current
permeate concentraƟons increase.

4.3.2 Pressure dependence of saccharide separaƟon

In Fig. 4.4a the experimental results of the separaƟon performance regarding glu-
cose / cellobiosemixtures at a feed pressure of 10 bar are shown. Depending on the
permeate yield the current permeate concentraƟon of glucose, cellobiose and ionic
liquid varies. The higher the permeate yield themore of the respecƟve solute can be
found in the permeate probe. Especially the glucose and ionic liquid concentraƟons
increase considerably with ongoing filtraƟon. In contrast, the cellobiose concentra-
Ɵon in the permeate probes remains low, especially for permeate yields below 80%,
allowing for an efficient separaƟon of glucose from cellobiose. As predicted, the re-
jecƟon of all three substances is strongly dependent on the ionic liquid content in
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the feed.
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Figure 4.4: a) Current permeate concentraƟons of saccharides and ionic liquid depending on the per-
meate yield. b) Membrane permeability depending on flux. The filtraƟon pressure was
set to 10 bar, iniƟal feed concentraƟons of saccharides and ionic liquid were 10 g L−1,
respecƟvely 100 g L−1. The employed membrane was the Desal DL.

In Fig. 4.4b the membrane permeability depending on the permeate yield is shown.
The permeate flux slightly decreases for increasing permeate yields. The ionic liquid
feed concentraƟon increases significantly to values of about 300 g L−1 during the
filtraƟon process (results not shown). Along with the increasing ionic liquid feed
concentraƟon the permeate flux drops due to the lowpermeability of the ionic liquid
and increasing osmoƟc pressures (see chapter 2).
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Figure 4.5: a) Current permeate concentraƟons of saccharides and ionic liquid depending on the per-
meate yield. b) Membrane permeability depending on flux. The filtraƟon pressure was
set to 20 bar, iniƟal feed concentraƟons of saccharides and ionic liquid were 10 g L−1,
respecƟvely 100 g L−1. The employed membrane was the Desal DL.

In Fig. 4.5a the evoluƟons of saccharide and ionic liquid permeate concentraƟons
depending on the permeate yield for a feed pressure of 20 bar are shown. In com-
parison to the results for 10 bar (see Fig. 4.4a) the iniƟal permeate concentraƟons
of all three substances are lower. During the filtraƟon process the permeate con-
centraƟons increase faster with permeate yield and finally reach higher values than
as for 10 bar at a permeate yield of about 60%. The observed membrane perme-
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ability for 20 bar is shown in Fig. 4.5b. It is higher than for 10 bar (see Fig. 4.4b),
because at 20 bar the effect of osmoƟc pressure, which reduces the permeate flux,
is lower.
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Figure 4.6: a) Current permeate concentraƟons of saccharides and ionic liquid depending on the per-
meate yield. b) Membrane permeability depending on flux. The filtraƟon pressure was
set to 30 bar, iniƟal feed concentraƟons of saccharides and ionic liquid were 10 g L−1,
respecƟvely 100 g L−1. The employed membrane was the Desal DL.

In Fig. 4.6a the evoluƟons of saccharide and ionic liquid permeate concentraƟons
depending on the permeate yield for a feed pressure of 30 bar are shown. The iniƟal
permeate concentraƟons are the lowest compared to the results for 10 and 20 bar
(see Fig. 4.4a and 4.5a). In opposite the permeate concentraƟons for high permeate
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yields above 60% are highest. The permeate flux for 30 bar is shown in Fig. 4.4b. It
is highest in comparison to 10 bar and 20 bar (see Fig. 4.2b and 4.3b). It decreases
significantly due to the rising ionic liquid feed concentraƟon and resulƟng osmoƟc
pressures.

Table 4.2: Experimental results for the recovery of glucose from a feed mixture containing 10 g L−1

of glucose, 10 g L−1 of cellobiose and 100 g L−1 of ionic liquid. The permeate yield was
90%. The employed membrane was the Desal DL. Feed pressure was varied between 10
bar and 30 bar.

Feed pressure IL permeate concentraƟon Glucose recovery Glucose separaƟon
[bar] [g L−1] [-] [%]
10 91.6 0.88 2.58
20 86.4 0.86 3.96
30 80.0 0.77 5.38

In Table 4.2 the results for the accumulated permeate concentraƟons of saccharides
and ionic liquid are shown. The pressure was varied between 10 and 30 bar. The
final permeate yield was kept constant at a value of 90%. The saccharide and ionic
liquid permeate concentraƟons were both highest for low feed pressures. This is in
good agreement with the results for the saccharide rejecƟon discussed in chapter 2.
Therefore the glucose recovery rate is best at low feed pressures. On the other hand
the separaƟon performance regarding the glucose / cellobiose mixture decreases
with increasing feed pressures. In addiƟon, the filtraƟon Ɵme is significantly reduced
by a factor of about 4 by increasing the pressure from 10 bar to 30 bar. Therefore,
an operaƟonal point of 30 bar is chosen for an opƟmal recovery of glucose in terms
of selecƟvity and filtraƟon Ɵme.

4.3.3 ConcentraƟon dependence of saccharide separaƟon

To determine the influence of saccharide feed concentraƟon on the separaƟon per-
formance, experiments were carried out with soluƟons containing 2 g L−1, 5 g L−1

and 10 g L−1 of saccharide. In this range the feed concentraƟon of saccharides are
expected aŌer enzymaƟc hydrolysis of 10 g L−1 of cellulose.

In Fig. 4.7 the results for feed soluƟons containing 2 g L−1 and 10 g L−1 of saccha-
rides are shown. The permeate concentraƟons were normalized to the respecƟve
feed concentraƟon in order to be comparable. There is no significant difference in
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Figure 4.7: a) Permeate concentraƟons of saccharides and ionic liquid depending on the permeate
yield. The iniƟal feed concentraƟons of saccharides were 2 g L−1 and ionic liquid concen-
traƟon was 100 g L−1. b) The iniƟal feed concentraƟons of saccharides and ionic liquid
were 10 g L−1, respecƟvely 100 g L−1. The permeate concentraƟons were normalized to
the respecƟve feed concentraƟon. The filtraƟon pressure was set to 30 bar. The tested
membrane was the Desal DL.

permeate concentraƟon at varying feed concentraƟons. The saccharide concentra-
Ɵons are too low to have a significant influence on the separaƟon performance of
the membrane.

The accumulated permeate concentraƟons for the diverse soluƟons at a permeate
yield of 90% are listed in Table 3. It can be seen, that the glucose recovery is about
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Table 4.3: Experimental results for the recovery of glucose from a feedmixture containing 10 g L−1 of
glucose, 10 g L−1 of cellobiose and 100 g L−1 of ionic liquid. The permeate yield was 90%.
The employed membrane was the Desal DL. Saccharide feed concentraƟon was varied
between 2 g L−1 and 10 g L−1.

Saccharide feed IL permeate Glucose Glucose
concentraƟon [g L−1] concentraƟon [g L−1] recovery [-] separaƟon [%]
2 79.3 0.74 4.14
5 82.3 0.71 4.75
10 80.0 0.71 4.80

70% - 75%, independent of the feed concentraƟon of saccharide. The cellobiose /
glucose raƟo in the permeate is about 0.20, independent of the saccharide concen-
traƟon as well. It can be stated, that the separaƟon of glucose and cellobiose does
not depend on the feed concentraƟon of saccharide in a concentraƟon range of 2 g
L−1 - 10 g L−1.
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4.4 Conclusion

SeparaƟon of glucose from cellobiose inmixtures of ionic liquid andwater was inves-
Ɵgated for a batch filtraƟon process. The dependency of permeate yield, filtraƟon
pressure and saccharide concentraƟon on glucose purificaƟon and recovery ratewas
examined in detail. Based on calculaƟon results for the glucose and cellobiose re-
jecƟon in soluƟons containing 0 - 40 wt.% of ionic liquid, the recovery rate RG of
glucose and the separaƟon performance SG regarding glucose / cellobiose mixtures
from a batch process were predicted. The calculaƟon results show, that the glucose
recovery increases significantly with increasing permeate yield. A sufficient glucose
recovery of about 70% can be reached at a permeate yield of at least 90% at 30
bar. In opposite the separaƟon performance declines constantly with increasing
permeate yield from about 4.4 at 10% permeate yield to 2.9 at 90% permeate yield.
Experimental results concerning the recovery rate and separaƟon performance for
glucose depending on the permeate yield confirm the calculaƟons. For a feed pres-
sure of 30 bar and a permeate yield of 90% the glucose recovery reached 73%, while
the separaƟon performance S was 3, which is in good agreement with the calcula-
Ɵon results. In addiƟon, the influence of the feed pressure and the iniƟal saccharide
feed concentraƟon was invesƟgated. It could be shown that a feed pressure varia-
Ɵon between 10 - 30 bar results in differences concerning the glucose recovery and
separaƟon. While the glucose recovery decreases for increasing pressures, the sepa-
raƟon performance increases. In contrast, the iniƟal saccharide feed concentraƟon
does not affect the recovery rate or separaƟon performance, due to the small solute
concentraƟon in the feed soluƟon, which is between 2 g L−1 and 10 g L−1.
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CHAPTER 5

Membrane-based recovery of glucose from enzymaƟc
hydrolysis of ionic liquid pretreated cellulose

Parts of this chapter have been published:
C. Abels; K. Thimm; H. WulĬorst; A.C. Spiess; M. Wessling,Membrane-based recov-
ery of glucose from enzymaƟc hydrolysis of ionic liquid pretreated cellulose, Biore-
source Technology 149 (2013) 58–64

79



Membrane-based recovery of glucose

5.1 IntroducƟon

Future biofuel producƟon may be based on the uƟlizaƟon of lignocellulosic feed-
stock. For the efficient conversion of raw material to fuel, numerous sub-processes
have to be managed and opƟmized such as (1) the separaƟon of the diverse raw
material fracƟons, namely cellulose, hemicellulose and lignin (2) conversion of cel-
lulose to glucose and (3) fermentaƟon of glucose to the final product which can be
ethanol or a plaƞorm chemical such as itaconic acid [1--3].
The conversion of cellulose to glucose can be carried out by enzymaƟc hydrolysis
with cellulases [4]. In general, cellulase mixtures are used to convert cellulose with
a polymerizaƟon degree of up to 1500 down to the monosaccharide glucose. The
commercial cellulase preparaƟon Celluclast® for instance comprises endoglucanase,
exoglucanase and 𝛽-glucosidase. While endoglucanase and exoglucanase degrade
the cellulose to the disaccharide cellobiose, 𝛽-glucosidase is specialized on the con-
version of cellobiose to glucose. Both reacƟons are product inhibited [5, 6].
Due to the relaƟvely low reacƟon rateswhichwere observed for naƟve cellulose con-
version, two strategies were developed to increase the acƟvity of the enzymes: (A)
reducing the crystallinity of cellulose with a strong solvent to increase the accessibil-
ity for the enzymes and (B) reducing the product inhibiƟon by conƟnuous removal
of the final product glucose.
Several solvents for lignocellulosic biomass pretreatment were invesƟgated in lit-
erature, such as organic acids [7], alcohol / water mixtures [8] and ionic liquids
[9, 10]. Especially ionic liquids were examined for their ability not just to dissolve
ligno-cellulosic biomass efficiently but simultaneously to decrease the crystallinity
of cellulose [11--13]. In the cited publicaƟons an increase of product yield by pre-
treatment with ionic liquid was proven, e.g. for 1-butyl-3-methyl-imidazolium chlo-
ride [BMIM][Cl], 1-ethyl-3-methyl-imidazolium acetate [EMIM][Ac] or 1,3-dimethyl-
imidazolium dimethylphosphate [MMIM][DMP]. In presence of tested ionic liquids a
decrease in enzyme acƟvity was observed, however for [MMIM] [DMP] the acƟvity
decreased to a lesser extent [12].
In order to reduce the product inhibiƟon of 𝛽-glucosidase, the removal of glucose
from enzymaƟc hydrolysis was invesƟgated by means of a membrane reactor [14,
15]. The employed ultrafiltraƟon membranes allowed for an increased producƟvity
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of the reactor due to the conƟnuous removal of inhibiƟng product. However, the
producƟvity decreased again, when a certain permeate flux was exceeded. Most re-
searchers explained this phenomenon with the accumulaƟon of cellulose onto the
membrane surface prevenƟng its hydrolysis by the enzymes. Likewise, the simulta-
neous loss of intermediates such as cellobiose into the permeate was idenƟfied as
limiƟng factor for permeate flux [14].
UnƟl now the recovery of ionic liquid from such enzymaƟc conversions is discussed
in only few papers. Chromatographic techniques have already been applied [16, 17]
as well as extracƟon [18]. Whereas the chromatographic separaƟon of ionic liquid
is more likely to be applied in lab-scale applicaƟons, extracƟon seems to be a pro-
cess which can be adapted to industrial scale of biofuel producƟon. The extracƟon
process aimed at the recovery of ionic liquid from a wood dissoluƟon process with
the target product cellulose.
In this work, the downstream-processing aŌer enzymaƟc hydrolysis of cellulose orig-
inaƟng from wood pretreated in ionic liquids is discussed. Therefore, a complete
downstreamprocess for the recovery of glucose from ionic liquid-assisted enzymaƟc
hydrolysis of cellulose is technically and economicaly evaluated. The process aims
at a high product yield and purity of glucose as well as a close to complete recovery
of the intermediate cellobiose and the pretreatment solvent ionic liquid. Lab-scale
experiments are carried out for each unit operaƟon to prove its technical feasibility.
ParƟcular substances stemming from the cellulose hydrolysis reacƟon, such as large
polymeric cellulose residuals > 10 kDa, are retained by ultrafiltraƟon and returned
to the hydrolysis reactor. NanofiltraƟon is applied to purify the glucose product so-
luƟon from molecular impuriƟes such as small oligosaccharides like cellobiose with
molecular weights > 300 Da. Finally, the ionic liquid, which is of similar size as the
product glucose (∼ 200 Da), is recovered from the product soluƟon via charge ex-
clusive electrodialysis and returned to the pretreatment reactor. To evaluate the
enƟre downstream process themass and energy balances obtained from the experi-
mental results are introduced into a techno-economic calculaƟon of the producƟon
costs for glucose from cellulose including the invesƟgated membrane downstream
process.
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5.2 Materials and Methods

5.2.1 Materials

The invesƟgated ionic liquid [MMIM][DMP] was provided by IoLiTec, Heilbronn, Ger-
many. 𝛼-cellulose as well as the saccharides glucose and cellobiose were obtained
from VWR InternaƟonal, Darmstadt, Germany. The enzyme preparaƟon Celluclast®

was provided by Sigma-Aldrich, Schnelldorf, Germany.

5.2.2 Hydrolysis reactor

EnzymaƟc hydrolysis was carried out in a 2 Liter reactor with 10 g L−1 of 𝛼-cellulose.
The concentraƟon of commercial enzyme mixture Celluclast® was 0.5 g L−1 with
an acƟvity of 700 EGU g L−1 as declared by the supplier. The pH during the hy-
drolysis was controlled to a value of 4.8 via 0.1 M sodium acetate buffer soluƟon.
The temperature was set to 45∘C. The enzymaƟc hydrolysis was carried out for 100
hours. AŌer this Ɵme no more conversion of cellulose to glucose or cellobiose was
observed. Two experiments were carried out. One with and one without pretreat-
ment of the cellulose with ionic liquid 1,3-dimethyl-imidazolium dimethylphosphate
[MMIM][DMP]. In the pretreatment experiment the cellulose was dissolved in ionic
liquid and heated up to 100∘C for 1 hour. AŌerwards the soluƟonwasmixedwith the
buffer soluƟon to obtain an IL concentraƟon of 100 g L−1. In the experiment with-
out ionic liquid pretreatment the IL was added to the buffer soluƟon before start of
the enzymaƟc hydrolysis of untreated cellulose. The remaining ionic liquid is known
to reduce the enzymaƟc acƟvity during hydrolysis [12]. Due to the same amount
of ionic liquid present in the hydrolysis experiments both reacƟon Ɵmes could be
compared fairly.

5.2.3 Batch filtraƟon device

Ultra- and nanofiltraƟon experiments were performed in a stainless steel batch fil-
traƟon cell allowing for pressures of 1 - 100 bar. The feed volume was 1 L. The mem-

82



Chapter 5

brane area was about 125 cm2. The experiments were carried out at ambient tem-
perature of about 25∘C. AŌer hydrolysis the hydrolysate was cooled down to room
temperature and then filtrated. For ultrafiltraƟon experiments a NPO30 membrane
from Microdyn Nadir with a nominal MWCO of 10 kDa was used. The membrane's
acƟve layer is made of polyethersulfone. The filtraƟon pressure was set to 1 bar.
During the filtraƟon the collected permeate weight was recorded with a balance.
The feed soluƟon in the batch filtraƟon cell was conƟnuously mixed with a magneƟc
sƟrrer at 500 rpm to reduce the accumulaƟon of parƟcles on themembrane surface.
Nevertheless, a strong flux decline was observed during the experiment. Hence, the
permeate yield for the ultrafiltraƟon was limited to 60% to allow for a reasonable
average permeate flux. It could be stabilized by (a) operaƟng a cross flow module
to prevent accumulaƟon of parƟcles on the membrane surface more effecƟvely (b)
elevaƟng the pretreatment Ɵme and temperature of the cellulose with hot ionic liq-
uid to decrease the amount of parƟcular residuals.
The ultrafiltrated hydrolysate was refiltered using a nanofiltraƟon membrane. The
employed membrane was a Desal DL, obtained from GE Osmonics. The acƟve layer
of the membrane, consisƟng of polyamide, was successfully tested on its solvent re-
sistance towards ionic liquid. The feed soluƟon in the batch filtraƟon cell was conƟn-
uously mixed with a magneƟc sƟrrer at 500 rpm to avoid concentraƟon polarizaƟon.
The filtraƟon pressure was set to 30 bar which allowed for the best separaƟon per-
formance of glucose from cellobiose (tests were carried out at pressures between
10 bar and 30 bar). The glucose recovery increased conƟnuously with the permeate
yield. Hence, a batch filtraƟon of the hydrolysate was run unƟl a permeate yield of
90% was reached. Samples were taken at every 10% of collected permeate. The re-
covered permeate was collected and its final concentraƟonmeasured aŌer reaching
90% permeate yield.

5.2.4 Electrodialysis set-up

A batch electrodialysis set-up was used to process the ultra- and nanofiltrated hy-
drolysate (see Fig. 5.1). The stack consisted of 5 chambers which were separated
by alternaƟng caƟon exchange membranes (CEM) and anion exchange membranes
(AEM). This stack configuraƟon is called convenƟonal electrodialysis (CED) and al-

83



Membrane-based recovery of glucose

lows for the removal of salt, in this case the ionic liquid, from a feed soluƟon. The
membrane area in each compartment was 49 cm2.

Ionic liquid (IL)
Glucose (Gl)

CEMAEM

IL+IL-

CEM CEM

Gl

Na2SO4 Na2SO4

IL+IL-

Ionic liquid

Glucose

H+

Na+

IL+

-+

Diluate

Concentrate

OH-

Figure 5.1: Scheme of the electrodialysis set-up. AEM - Anion Exchange Membrane. CEM - CaƟon
Exchange Membrane.

The electrodialysis membranes were provided by Fumatech. As caƟon exchange
membranes the Fumasep FKBmembraneswere chosen and as anion exchangemem-
branes the Fumasep FAB membranes. Both types of membranes were made of
polyether ether ketone as a basepolymer. During the experiments the temperature
was controlled to 25∘C by an external heat exchanger. The feed compartment in the
middle of the stack was flushed with the hydrolysate stemming from the nanofil-
traƟon. Due to their electric charge the ionic liquid ions migrate from the diluate
chamber into the neighboring chambers, where they concentrated.
The flow velocity was set to 100ml sec−1 to prevent concentraƟon polarizaƟon. The
neighboring compartments were flushed with water containing about 10 g L−1 of
ionic liquid to ensure a minimum conducƟvity in the whole stack at the start-up of
the experiment. During operaƟon these chambers were enriched with ionic liquid
caƟons and anions stemming from the feed (diluate) chamber. The flow velocity
was set to 100 mL sec−1 as well. The concentrate chamber outlets were connected
to one tank to allow the separated ionic liquid caƟons and anions to recombine. The
outer electrode compartments were rinsed with 0.1 M NaSO4 soluƟon. From these
electrode compartments ions migrate across the ion exchange membranes to com-
pensate ionic charge transported by the IL ions.
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During operaƟon the current was controlled to 1 A, resulƟng in a current density
of 0.02 A cm−2. The voltage was automaƟcally adapted to the required current,
depending on the electrical resistance of the stack. The voltage and current were
recorded conƟnuously. Samples from the feed tank and the concentrate tank were
taken each hour.

5.2.5 AnalyƟcs

The saccharides glucose, cellobiose and the ionic liquid [MMIM][DMP] concentra-
Ɵonswere determined by a Agilent 1100 HPLC-system equippedwith a binary pump,
degasser, autosampler, column thermostat, refracƟve index detector and Agilent
ChemstaƟon soŌware. A 250 mm x 8 mm organic acid resin HPLC-column with a 40
x 8 mm guard column from Chromatographie Service, Langerwehe, Germany was
used for separaƟon. HPLC eluent was 5 mmol L−1 sulfuric acid with a flow rate of
0.8 mL min−1 at 50∘C. Run Ɵme was 15 min. All components were detected with a
refracƟve index detector. All samples were filtered through a 0.45 𝜇m cellulose ac-
etate membrane filter prior to analysis. Mixed sugar standards were used for quan-
ƟficaƟon of glucose and cellobiose. Standard sample injecƟon volume was 50 𝜇L.
The linear calibraƟon range for all components was 0-200 mg L−1. The correlaƟon
coefficients of the calibraƟon curves were 0.9998 or beƩer. Due to the high viscosity
of the ionic liquid the samples had to be diluted up to a factor of 50.
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5.3 Results and discussion

5.3.1 Ionic liquid pretreatment and enzymaƟc hydrolysis of cellu-
lose

The pretreatment of cellulose with hot ionic liquid is suggested to decrease its crys-
tallinity and increase its accessible surface area [12]. Thus, a higher conversion rate
to fermentable sugars is expected. In Fig. 5.2 the results for the enzymaƟc hydroly-
sis of cellulose with and w/o ionic liquid pretreatment are shown.
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Figure 5.2: Comparison of the enzymaƟc hydrolysis of 10 g l−1 cellulose with and w/o ionic liquid
pretreatment. The Celluclast® concentraƟon was 0.5 g l−1. The pH was set to 4.8 (0.1
M sodium acetate), the temperature to 45∘C. Ionic liquid concentraƟon during enzymaƟc
hydrolysis was 100 g l−1 in both experiments.

Without ionic liquid pretreatment, the glucose concentraƟon rose constantly to a
value of about 5 g L−1, whereas the cellobiose concentraƟon remained below 1 g L−1

during the whole conversion process (see black dots in Figure 5.2). The maximum
product yield of glucose was reached aŌer about 70 h of hydrolysis. A conversion
of about 45% was achieved. Reasons for the low conversion yield are supposed to
be (a) product inhibiƟon of 𝛽-glucosidase by glucose and (b) low accessibility of the
cellulose for the enzymes due to the cellulose crystallinity. Product inhibiƟon due
to the formaƟon of cellobiose should be negligible due to its low concentraƟons.
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In a second run the cellulose was pretreated with the ionic liquid [MMIM][DMP] as
described in secƟon 5.2.2. The progress of glucose and cellobiose formaƟon dur-
ing hydrolysis is presented by white dots in Fig. 5.2. Due to the same amount of
ionic liquid in the hydrolysis mixture the acƟvity loss of enzymes is assumed to be
equal. Hence, a similar reacƟon Ɵme was observed. A final glucose concentraƟon
of about 8 g L−1 was achieved aŌer 80 hours. The higher final glucose concentra-
Ɵon can be explained by a higher accessibility of cellulose chains aŌer the ionic
liquid pretreatment. The increasing cellobiose concentraƟon in the first 20 hours
of the experiment can be aƩributed to the amorphous structure of the pretreated
cellulose which allowed the endo- and exoglucanases to hydrolyze more cellulose
than in the first experiment. SummaƟon of glucose concentraƟon (8 g L−1) and cel-
lobiose concentraƟon (2 g L−1) shows that the cellulose conversion (iniƟally 10 g L−1

of cellulose) was nearly complete (90%). The conversion of cellulose could even be
increased to 99% by increasing the pretreatment temperature, pretreatment Ɵme
or by switching to a more effecƟve ionic liquid [1, 19]. Nevertheless, in a technical
process the possibility of incomplete conversion has always to be taken into account.
In following subsecƟons downstream processing of the pretreated hydrolysate will
be discussed.

5.3.2 Ultra- and nanofiltraƟon of the hydrolysate

Before starƟng the ultra- and nanofiltraƟon experiments the hydrolysate was cooled
down to ambient temperature. It contained a significant amount of parƟcular sub-
stances, namely cellulose residuals and enzymes. To recover these parƟculates and
macromolecules ultrafiltraƟonwas performed. During the ultrafiltraƟon experiment
rejected parƟculates concentrated in Ɵme in the feed tank and and partly deposited
onto the membrane surface. Hence, the permeate flux dropped from iniƟally 38 L
m−2 h−1 to 15 L m−2 h−1. A permeate yield of 60% was achieved within 5 hours.
The ultrafiltrated hydrolysate did not contain any parƟculates. HPLC measurements
showed that the saccharide concentraƟons as well as the ionic liquid concentraƟon
were equal in permeate and retentate.

The ultrafiltrated hydrolysate was then processed with the Desal DL nanofiltraƟon
membrane to separate glucose from cellobiose. Hereby it is assumed that feeding
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Figure 5.3: Development of glucose, cellobiose and ionic liquid concentraƟons in the collected per-
meate during nanofiltraƟon. Membrane was the Desal DL from GE Osmonics. The filtra-
Ɵon pressure was set to 30 bar. The temperature during filtraƟon was 22∘C.

of glucose as nutrient allows for the highest product yield in the subsequent fermen-
taƟon. The impact of nutrient on a fermentaƟon has to be invesƟgated for each sub-
stance system individually. In this case the saccharide soluƟon shall be fermented
by the yeast usƟlago maydis to itaconic acid. For this system it could be shown, that
feeding xylose instead of glucose has a negaƟve impact on the fermentaƟon perfor-
mance [2]. Nevertheless, the impact of residual cellobiose in the nutrient media on
the fermentaƟon has yet not been invesƟgated.
Similar to the ultrafiltraƟon experiment a strong permeate flux decline during filtra-
Ɵon was observed. It dropped from iniƟally 9 L m−2 h−1 to about 2 L m−2 h−1. In
contrast to the ultrafiltraƟon experiment the flux reducƟon could not be explained
by concentraƟon polarizaƟon effects, but by increasing ionic liquid content in the
feed soluƟon. Therefore, flux reducƟon could be explained by the low permeability
of the ionic liquid through the nanofiltraƟon membrane and an increasing osmoƟc
pressure for the ionic liquid / water mixture [20].
In Fig. 5.3 the permeate concentraƟons of glucose, cellobiose and ionic liquid de-
pending on the permeate yield are shown. The iniƟal rejecƟon of glucose was about
70%, resulƟng in a permeate concentraƟon of about 2 g L−1 glucose at a permeate
yield of 10%. During the filtraƟon process the rejecƟon of glucose diminished. At a
permeate yield of 90% the permeate concentraƟon of glucose was found to be 6 g
L−1.
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The iniƟal permeate concentraƟon of ionic liquid was about 30 g L−1. During the
filtraƟon process the ionic liquid concentraƟon in the permeate samples increased
considerably to a value of about 100 g L−1 at a permeate yield of 80%. In contrast,
the permeate concentraƟon of cellobiose remained at a very low level of about 0.25
g L−1 during the whole filtraƟon process. Due to the small amount of residual cel-
lobiose in the final glucose product soluƟon its impact on a fermentaƟon is assumed
to be negligible.

5.3.3 Electrodialysis of the filtrated hydrolysate

Electrodialysis was applied to separate ionic liquid from the ultra- and nanofiltrated
hydrolysate containing about 6 g L−1 of glucose. The glucose as neutral molecule
was assumed not to be affected by the electro-chemical driving force and to remain
in the feed soluƟon. Experimental results for the separaƟon of ionic liquid from
glucose are presented in Fig. 5.4 and support our hypothesis.
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Figure 5.4: Development of glucose and ionic liquid concentraƟons in the nanofiltrated hydrolysate
during electrodialysis. The electrodialysis was carried out at constant current of 1 A. The
temperature was controlled to 25∘C. Flow velocity was set to 100 mL sec−1. Electrode
compartments were rinsed with 0.1 M NaSO4 soluƟon.

The graph shows the development of glucose and ionic liquid concentraƟons in the
feed (diluate) compartment. The concentraƟon of ionic liquid decreased linearly
over Ɵme. This result can be explained by the constant current density during the
experiment. The concentraƟon of ionic liquid decreased from 78 g L−1 to 26 g L−1

89



Membrane-based recovery of glucose

within 9 hours. Considering a constant current of 1 A and a constant feed volume
of 1 L the current efficiency was about 70%. The concentraƟon of glucose increased
slightly during operaƟon, because the ionic liquid was depleted in the diluate and
hence did not account to the mass balance of the diluate soluƟon.
The cellobiose concentraƟon remained constant as well at 0.24 g L−1 in the feed /
diluate soluƟon during electrodialysis. The concentrate soluƟon of 1 L iniƟally con-
tained about 10 g L−1 of ionic liquid to reduce the electrical resistance of the elec-
trodialysis stack. AŌer 9 hours of operaƟon the concentraƟon of ionic liquid had
risen to 22 g L−1. Due to the stack configuraƟon the posiƟvely charged ionic liquid
ions could enrich in the right electrode compartment (see Fig. 5.2). Hence, the ionic
liquid could not completely be recovered into the concentrate stream. In an indus-
trial process a mulƟ-compartment electrodialysis stack would allow for a ionic liquid
recovery with negligible losses in the electrode compartments.

5.3.4 Process synthesis

The experimental results were used to set up a basic process scheme for the pro-
ducƟon of glucose from cellulose. The process is divided into an upstream and a
downstream secƟon. In upstream processing the cellulose is converted to glucose
via ionic liquid assisted enzymaƟc hydrolysis. In downstream processing the diverse
compounds of the reacƟonmixture are separated. Aim is to recover a highly purified
glucose soluƟon and to simultaneously recycle enzymes, ionic liquid and cellulose
residuals to the upstream processing. The direct conversion of cellulose to glucose
is about 73% as experimentally determined in secƟon 5.3.1. It is assumed that the
residuals (intermediates) from the cellulose degradaƟon can be recycled to the re-
actor for a full conversion of cellulose to glucose.
In downstreamprocessing ultrafiltraƟon is implemented to recycle enzymes into the
hydrolysis reactor. For this unit operaƟon a permeate yield of 80% is supposed to be
reached. This value is slightly higher than determined in experimental invesƟgaƟons
(see secƟon 5.3.2), where a value of 60% was found to be reasonable. Neverthe-
less, amodified set-up (a cross flowmembranemodule for instance) would allow for
higher permeate yields. In the subsequent nanofiltraƟon process cellobiose is sep-
arated from the glucose soluƟon. If the residual cellobiose in the glucose soluƟon
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has no negaƟve impact on the subsequent fermentaƟon, this membrane separaƟon
can be leŌ out.
Electrodialysis is applied to remove the ionic liquid from thenanofiltratedhydrolysate.
The electrical resistance of the soluƟon is the higher, the lower the ionic liquid con-
centraƟon in the diluate stream is. Thus, a minimum ionic liquid concentraƟon of
0.25 g L−1 in the final product soluƟon is not undercut to limit the electric power
consumpƟon of the electrodialysis. This concentraƟon corresponds to a recovery
rate of ionic liquid of 99.75%. Prior a recycle to the hydrolysis tank the ionic liquid
has to be dried. The tolerable water content of the ionic liquid [MMIM][DMP] is
assumed to not excess 1 wt.% in order to completely restore the ionic liquids dis-
soluƟon strength regarding cellulose [21]. In the current process design water is
stripped from the spent ionic liquid with dry air. Model calculaƟons based on exper-
imental results showed that a mass raƟo of air to water of 135:1 had to be adjusted
to fully dehydrate ionic liquid. All values concerning temperature, filtraƟon pressure,
electric current, mass balance or substance concentraƟon were adopted from the
experimental results presented in the previous secƟons, unless explicity stated to
differ.

5.3.5 AssumpƟons for cost esƟmaƟon

For the economic analysis the process is assumed to run for 10 years. The producƟon
of glucose is adapted to the nutrient consumpƟon of an average itaconic acid plant
with a capacity of about 5,000 tons per year. Assuming a conversion of glucose to
itaconic acid of 50%, 100,000 tons of glucose have to be produced within 10 years.
The average lifeƟme of the enzymes without loss of acƟvity is supposed to be up
to 100 hours. Thus, 1,000 tons of enzymes have to be provided within 10 years of
producƟon.
The price of cellulose is supposed to be 0.40 € per kg, while the standard selling
price of glucose for fermentaƟon purposes is assumed to be 0.53 € per kg [22, 23].
The price of ionic liquid is assumed to be 10 € per kg [24]. The recovery rate of
ionic liquid is supposed to reach 99.75%. Hence, about 2,500 tons of ionic liquid
have to be replaced within 10 years of plant operaƟon. The investment costs for
the membrane separaƟon units include the membranes itself as well as cleaning,
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maintenance and labor. The costs for housing and piping are included by adding
50% to the total investment costs. The investment costs for the pretreatment and
hydrolysis reactors are calculated with the concept of Guthrie [25]. This method
allows for an accuracy of cost esƟmaƟon of 50%.

5.3.6 Cost esƟmaƟon

In Table 5.1 the break-down of the producƟon costs for glucose via ionic liquid pre-
treated cellulose hydrolysis is shown.

Table 5.1: Results for the total cost esƟmaƟon of glucose producƟon via ionic liquid assisted enzy-
maƟc hydrolysis of cellulose. PurificaƟon of the hydrolysate is performed with membrane
techniques ultrafiltraƟon, nanofiltraƟon and electrodialysis.

PosiƟon Investment OperaƟng cost Benefit
costs over 10 years over 10 years
[Mio. €] [Mio. €] [Mio. €]

Glucose soluƟon - - 302
Cellulose - - -40
Ionic liquid - - -25
Enzymes - - -2
Water - - -40
Pretreatment -0.3 -1.6 -1.9
Enzyme reacƟon -12.8 -6.9 -19.7
UltrafiltraƟon -0.5 -0.4 -0.9
NanofiltraƟon -1.6 -2.0 -3.6
Electrodialysis -0.7 -1.0 -1.7
Stripping -25.5 -34.5 -60.0
Total costs / benefit -41.4 -46.4 107

Themost expensive posiƟons in the process are the drying and replacement of ionic
liquid which account for 33% of the total costs. To calculate the minimum selling
price for such produced glucose, the return of investment (ROI) before taxes is set
to 30%. The ROI is defined as:

𝑅𝑂𝐼 = 𝑁𝑒𝑡 𝑎𝑛𝑛𝑢𝑎𝑙 𝑒𝑎𝑟𝑛𝑖𝑛𝑔𝑠
𝐹𝑖𝑥𝑒𝑑 𝑐𝑎𝑝𝑖𝑡𝑎𝑙 + 𝑊𝑜𝑟𝑘𝑖𝑛𝑔 𝑐𝑎𝑝𝑖𝑡𝑎𝑙

Theworking capital is set to 19.4%of the fixed capital which are the investment costs

92



Chapter 5

[25]. In average, annual earnings of 14.9 Mio. € have to be achieved. The rawmate-
rial costs including ionic liquid and enzyme replacement sum up to 10.7 Mio. € per
year. Considering the plant operaƟng costs of annual 4.6 Mio. € per year a profit
of 30.2 Mio. € has to be earned annually (without taxes). Thus, the selling price of
the glucose product soluƟon has to be at least 2.75 € / kg. This is about 5 Ɵmes
higher than the current price for commercial glucose. To decrease the price of glu-
cose the ionic liquid should be replaced by a cheaper solvent or protein with similar
funcƟonality [26]. Another possibility is to mix the ionic liquid with (cost-effecƟve)
co-solvents such as dimethylsulfoxide (DMSO) which do not affect its ability to de-
crystallize cellulose [19]. Furthermore, the input material should be changed from
cellulose to cheaper wood to yield addiƟonal fracƟons, namely hemicellulose and
lignin. These substances are supposed to be not chemically modified by the ionic
liquid pretreatment which allows for the producƟon of value-added products [27].
On the other hand, the producƟon of glucose from wood would comprise a more
sophisƟcated processing including the decomposiƟon of the wooden material and
separaƟon of the cellulose fracƟon prior to a conversion to glucose.

5.3.7 SensiƟvity analysis

A sensiƟvity analysis was performed to idenƟfy the most important process param-
eters which have to be adjusted to allow for a more economic process. The results
of the analysis are shown in Fig. 5.5.

The most crucial process parameters are the price and recovery rate of the ionic liq-
uid. A change of the recovery rate of +/- 0.15% already results in large differences of
pronounced incomes. This result shows that the economy of the process relies on
an opƟmal recovery strategy for the ionic liquid. In addiƟon, the energy consump-
Ɵon for the ionic liquid dehydraƟon has a strong influence on the process economics.
One opƟon to reduce producƟon costs significantly is to increase the concentraƟon
of processed cellulose during hydrolysis. Increasing the cellulose concentraƟon re-
sults in (1) a decreased water demand and (2) a lower energy consumpƟon during
dehydraƟon of recycled ionic liquid. Hence, the employed ionic liquid has to pro-
vide a higher dissoluƟon power regarding cellulose and a beƩer compaƟbility for
hydrolyzing enzymes.
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Figure 5.5: Results of the sensiƟvity analysis for the producƟon of glucose via ionic liquid assisted
enzymaƟc hydrolysis of cellulose. PurificaƟon of the hydrolysate is performed with mem-
brane techniques ultrafiltraƟon, nanofiltraƟon and electrodialysis.

In contrast, the price of employed enzymes or membranes has a low impact on the
process economics, because both are low price products.
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5.4 Conclusions

In this work a process for cellulose conversion to glucose via ionic liquid assisted
enzymaƟc hydrolysis is developed. The hydrolysate is purified with membrane tech-
niques ultrafiltraƟon, nanofiltraƟon and electrodialysis.
Based on experimental results proving the feasibility of the process, a cost esƟma-
Ɵon is carried out. In the base case the produced glucose soluƟon has to be sold at
a price of 2.75 € per kg. Cost driver of the process is the ionic liquid which accounts
for 33% of the total costs. Increasing the cellulose concentraƟon during hydrolysis
would significantly reduce the costs.
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5.6 Appendix

5.6.1 Cost esƟmaƟon results

Table 5.2: AssumpƟons for raw material and energy costs.

Raw material / Energy source Value Unit
Cellulose price 0.40 € kg−1

Glucose price 0.53 € kg−1

Ionic liquid price 10.00 € kg−1

Water price 0.004 € kg−1

Itaconic acid price 2.0 € kg−1

Electric energy price 0.13 € kWh−1

Heat energy price 0.03 € kWh−1

Enzyme price 2.0 € kg−1

Enzyme concentraƟon 0.5 g L−1

Enzyme lifeƟme 100 hour
Membrane price 50 € kg−1

OperaƟng Ɵme 10 years
Cleaning costs 50 € m−2

Maintenance costs 5% of invest. -
InstallaƟon 1.5 x invest. -
Itaconic acid producƟon 5000 tons year−1

OperaƟng Ɵme 8000 hours year−1

Itaconic acid concentraƟon 45 g L−1

Glucose concentraƟon 100 g L−1

Cellulose conversion 95 %
Cellulose solubility in IL 10 wt.%
IL concentraƟon in final product 0.25 g L−1
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Table 5.3: Raw material cost balance
Raw materials Price ConsumpƟon Costs

[ € kg−1] within 10 years [t] [Mio. €]
Cellulose 0.40 100,000 -40
Ionic liquid 10.00 2,500 -25
Enzymes 2.00 1,000 -2
Water 0.004 10,000,000 -40
Glucose 2.75 110,000 303
Benefit 196
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Table 5.4: Costs for pretreatment of cellulose with ionic liquid.

Type of costs Parameter Value Unit
Investment Cellulose feed 1.25 tons h−1

ReacƟon Ɵme 1.0 hours
Ionic liquid content 12.50 tons
Ionic liquid price 10.00 € kg−1

Ionic liquid costs at startup 0.13 Mio. €
Reactor volume 22.0 m3

Length 7.65 m
Diameter 1.91 m
Base length 1.20 m
Base diameter 1.0 m
ExponenƟal factor 𝛼 0.81 -
ExponenƟal factor 𝛽 1.05 -
Base costs vessel 1000 $
Costs of base case 8863 $
Material and pressure factor 1 -
Module factor 4.23 -
Update factor 5 -
Reactor costs 0.14 Mio. €
Total investment 0.27 Mio. €

OperaƟng Heat capacity ionic liquid 2.0 kJ kg−1 K−1

[10 years] Heat capacity cellulose 2.0 kJ kg−1 K−1

Temperature difference 80 K
Amount of ionic liquid 1.12 ⋅ 109 kg
Energy demand of ionic liquid 1.79 ⋅ 1011 kJ
Amount cellulose 1.00 ⋅ 108 kg
Energy demand cellulose 1.60 ⋅ 108 kJ
Heat energy costs 8.33 ⋅ 10−6 € kJ−1

Total operaƟng costs 1.6 Mio. €
Total costs 1.9 Mio. €
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Table 5.5: Costs for enzymaƟc hydrolysis of cellulose in aqueous soluƟon.

Type of costs Parameter Value Unit
Investment Cellulose feed 1.25 tons h−1

ReacƟon Ɵme 10 hours
Ionic liquid content 125 tons
Water content 1125 tons
Water price 0.004 € kg−1

Water costs at startup 4500 €
Reactor volume 2500 m3

Number of reactors 30 -
Single reactor volume 83 m3

Length 11.9 m
Diameter 3.0 m
Base length 1.20 m
Base diameter 1.0 m
ExponenƟal factor 𝛼 0.81 -
ExponenƟal factor 𝛽 1.05 -
Base costs vessel 1000 $
Costs of base case 20240 $
Material and pressure factor 1 -
Module factor 4.23 -
Update factor 5 -
Reactor costs 12.84 Mio. €

OperaƟng Heat capacity water 4.19 kJ kg−1 K−1

[10 years] Temperature difference 20 K
Amount of water 9.90 ⋅ 109 kg
Energy demand of water 8.30 ⋅ 1011 kJ
Heat energy costs 8.33 ⋅ 10−6 € kJ−1

Total operaƟng costs 6.9 Mio. €
Total costs 19.80 Mio. €
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Table 5.6: Costs for ultrafiltraƟon plant set-up and operaƟng.

Type of costs Parameter Value Unit
Investment Membrane permeability 20.0 kg m−2 h−1 bar−1

Permeate flow 140,000 kg h−1

Applied pressure 1.12 bar
Membrane area 6,300 m2

Factor for installaƟons 1.50 -
Membrane plant 0.47 Mio. €

OperaƟng Feed flow 175,000 kg h−1

[10 years] Feed volume flow 0.049 m3 sec−1

OperaƟon Ɵme 80.000 h in 10 years
Applied pressure 1.12 bar
Pump efficiency 0.7 -
Electric energy 8.37 Mio. €
Electric energy consumpƟon 6.70 ⋅ 105 kWh
Energy costs 0.09 Mio. €
Membrane cleaning costs 0.31 Mio. €
Maintenance & labor costs 0.02 Mio. €
Total operaƟng costs 0.42 Mio. €
Total costs 0.9 Mio. €
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Table 5.7: Costs for nanofiltraƟon plant set-up and operaƟng.

Type of costs Parameter Value Unit
Investment Membrane permeability 0.2 kg m−2 h−1 bar−1

Permeate flow 126,000 kg h−1

Applied pressure 30 bar
Membrane area 21,000 m2

Factor for installaƟons 1.50 -
Membrane plant 1.58 Mio. €

OperaƟng Feed flow 140,000 kg h−1

[10 years] Feed volume flow 0.04 m3 sec−1

OperaƟon Ɵme 80.000 h in 10 years
Applied pressure 30 bar
Pump efficiency 0.7 -
Electric energy 179.5 kW
Electric energy consumpƟon 1.44 ⋅ 107 kWh
Energy costs 2.01 Mio. €
Total operaƟng costs 2.01 Mio. €
Total costs 3.59 Mio. €
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Table 5.8: Costs for electrodialysis plant set-up and operaƟng.

Type of costs Parameter Value Unit
Investment Feed flow 12,500 kg h−1

OperaƟon Ɵme 80,000 h in 10 years
Transferred IL 5.68 ⋅ 104 mole h−1

Current density 200 A m−2

Current efficiency 0.8 -
Membrane area 9.93 ⋅ 103 m2

Factor for installaƟons 1.50 -
Investment costs 0.74 Mio. €

OperaƟng Diluate conducƟvity IL 0.05 mS cm−1

[10 years] Channel width 0.05 cm
Membrane resistance 4 Ohm cm−2

Membrane thickness 1 ⋅ 10−2 cm
EffecƟve membrane area 0.4 m2

Cell pair resistance 0.252 Ohm
Number of cell pairs in stack 1000 -
Membrane area per stack 400 m2

Number of stacks 25 -
Serial stacks 1 -
Parallel stacks 25 -
Channel height 1 m
Crossflow velocity 0.70 m sec−1

Applied current 80 A
Stack resistance 6.23 Ohm
Electric energy 39.87 kW
Energy consumpƟon in 10 years 3.19 ⋅ 106 kWh
Energy costs 0.41 Mio. €
Membrane cleaning costs 0.49 Mio. €
Maintenance and labor costs 0.04 Mio. €
Total operaƟng costs 0.95 Mio. €
Total costs 1.7 Mio. €
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Table 5.9: Costs for stripping columns set-up and operaƟng.

Type of costs Parameter Value Unit
Investment Number of columns 4 -

Diameter of a column 15 m
Height of a column 60 m
Vapor velocity 0.89 m sec−1

F-Factor 0.97 m sec−1 (kg m−3)1/2

Pressure loss 0.04 bar
Base length 1.20 m
Base diameter 1.00 m
ExponenƟal factor 𝛼 0.81 -
ExponenƟal factor 𝛽 1.05 -
Costs of base case 1000 $
Material and pressure factor 1 -
Module factor 4.06 -
Update factor 5 -
Investment costs 25.5 Mio. €

OperaƟng Feed flow water 20,000 kg h−1

[10 years] Feed flow ionic liquid 14,000 kg h−1

RaƟo air / water 134 kg/kg
Feed flow air 2,680,000 kg/h
Inlet pressure 1.04 bar
Outlet pressure 1.00 bar
Temperature 20 ∘C
Specific gas constant air 287 J kg−1 K−1

Outlet density air 1.19 -
Volume flow air 2,253,639 m3 h−1

Pump efficiency 0.8 -
Electric energy 3320.4 kW
Energy consumpƟon in 10 years 2.66 ⋅ 108 kWh
Total operaƟng costs 34.53 Mio. €
Total costs 60.04 Mio. €
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6.1 Processing of lignocellulosic biomass with ionic
liquids - challenges & opportuniƟes

Within this thesis the potenƟal of membrane separaƟon techniques in the field of
ionic liquid (IL) assisted processing of lignocellulosic biomass was explored. IniƟally
nanofiltraƟon was invesƟgated for its separaƟon performance regarding ionic liquid
soluƟons containingmacro- and low-molecular lignocellulosic compounds as well as
water. Hence, diverse hydrophobic and hydrophilic nanofiltraƟon membranes were
tested on their separaƟon performance regarding low-molecular saccharides in IL
/ water soluƟons [1]. At first the solvent flux of pure IL / water mixtures through
the nanofiltraƟon membranes was experimentaly determined. A very strong sol-
vent flux decrease was found by adding the ionic liquid 1,3-dimethylimidazolium
dimethylphosphate ([MMIM][DMP]) to aqueous soluƟons, especially in the range of
0 wt.% - 40 wt.%. Concurrently, the iniƟal rejecƟon of IL diminished while increasing
the ionic liquid content in the feed soluƟon. TheMaxwell-Stefan model was applied
to explain the experimental findings. The theoreƟcal results - which were in good
agreement with the experiments - showed that the IL was parƟally retained by all
tested membranes. In result, high osmoƟc pressures emerged reducing the effec-
Ɵve pressure and with it the permeate flux. As soon as the osmoƟc pressure in the
feed soluƟon caused by the IL separaƟon reached the range of the applied pressures
- up to 40 bar were applied - the separaƟon performance decreased. Hence, solvent
mixtures containing about 30 wt.% of IL or more were not separated by nanofiltra-
Ɵon.
Then the purificaƟon of IL / water mixtures from low-molecular saccharides glucose
and cellobiose was invesƟgated. The separaƟon of saccharides by the nanofiltraƟon
membranes was found to be strongly dependent on the IL content in the feed mix-
ture. For hydrophilic membranes a decline in rejecƟon performance was found with
increasing ionic liquid content. In contrast, hydrophobic membranes allowed for a
beƩer separaƟon of saccharides with increasing ionic liquid content in the feed so-
luƟon. The Maxwell-Stefan model was applied to explain these results. It could be
concluded that the presence of ionic liquid in the solvent mixture decreased both
the solvent flux - in this case the IL / water mixture - and the solute flux. Depending
on the raƟo of flux decreases the saccharides were either beƩer or less rejected by
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the membrane.
Nevertheless, the employed nanofiltraƟon membranes were not able to purify IL
/ water mixtures from all lignocellulosic residuals effecƟvely. Therefore, the sepa-
raƟon of glucose - which is a target compound in the enƟre project - from other
lignocellulosic compounds in IL / water soluƟons was invesƟgated. In a series of
nanofiltraƟon batch experiments the separaƟon of glucose from cellobiose in IL /
water mixtures was performed. The influence of operaƟng pressure and iniƟal sac-
charide feed concentraƟon was determined. It was found that the separaƟon per-
formance increased with increasing pressures. On the other hand the recovery of
glucose diminished by increasing the pressure. The saccharide feed concentraƟon
did not noƟcably affect the separaƟon performance in the range of 1 g L−1 to 10 g
L−1.
In result, glucose could be separated from other low-molecular lignocellulosic com-
pounds cellobiose or cellotriose - in the experiments raffinose was used as substrate
- via nanofiltraƟon. A separaƟon of glucose from IL in aqueous soluƟon could not be
performed via nanofiltraƟon due to the very similar sizes of the molecules. There-
fore, electrodialysis was chosen to separate these molecules not via size exclusion
but by charge exclusion. Experimental results showed that the IL, which is a salt,
could be simply removed from an aqueous stream via convenƟonal electrodialysis
uƟlizing caƟon- and anion- exchange membranes. The glucose as neutral molecule
remained in the feed soluƟon.
On base of these experimental results a process was designed allowing for the pro-
ducƟon of glucose from cellulose. It was assumed that the cellulose was pretreated
with ionic liquid, which is the case aŌer a wood dissoluƟon process with subsequent
precipitaƟon of cellulose with water. An enzymaƟc hydrolysis of cellulose to glucose
in presence of 100 g L−1 of ionic liquid was carried out. At this IL concentraƟon the
enzymaƟc acƟvity was sƟll sufficient [2]. The hydrolysate was purified using ultra-
filtraƟon, nanofiltraƟon and electrodialysis. Hence, all residuals stemming from the
hydrolysis reacƟon as well as the IL solvent were consecuƟvely removed from the hy-
drolysate. To complement the process design the dehydraƟon of spent ionic liquid
via vacuum disƟllaƟon [3, 4] and stripping with nitrogen was experimentally inves-
Ɵgated. The experimental results - which were in good agreement with thermody-
namical calculaƟons - showed that the vacuum disƟllaƟon consumed much more
energy than the water stripping with nitrogen - a subsƟtute for dry air. Then the
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process was economically evaluated to assess its crucial parameters. The economic
analysis gave the result that especially the costs for ionic liquid applicaƟon and pu-
rificaƟon determine the economics of the process. CalculaƟon results showed that
a recovery of IL of more than 99% had to be achieved to allow for an almost com-
peƟƟve producƟon of glucose.

Figure 6.1: Process scheme for the dissoluƟon and fracƟonaƟon of wood via ionic liquid. Scheme
adapted from [5]. Dashed line encloses the sub-process which was invesƟgated within
this thesis.

In Fig. 6.1 an enƟre process scheme for wood dissoluƟon in ionic liquid with subse-
quent fracƟonaƟon of its major consƟtuents cellulose, hemi-cellulose and lignin is
shown as proposed by Sun et al. [5]. The intermediate educt for this sub-process is
IL pretreated and precipitated cellulose which is enzymaƟcally converted to glucose.
The glucose is than obtained in aqueous soluƟon and can be fed to a fermentaƟon
broth producing itaconic acid for instance [6].
Within the first phase (2007-2012) the TMFB cluster focused on the uƟlizaƟon of cel-
lulose, because it was an intermediate for the synthesis of the biofuel 2-MTHF. For
economical and ecological reasons the cluster recently increased its research capac-
iƟes regarding the uƟlizaƟon of the hemi-cellulose and lignin fracƟon. As shown in
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Fig. 6.1, addiƟonal separaƟons have to be performed to allow for a complete uƟliza-
Ɵon of the wooden material. Most crucial point is the separaƟon of hemi-cellulose
and lignin from ionic liquid aŌer the precipitaƟon of cellulose. In contrast to cellu-
lose these compounds remain mostly in dissoluƟon [7]. Hence, a downstream pro-
cess has to be set up which allows for (1) the recovery of hemi-cellulose and lignin
from IL / water soluƟons with high ionic liquid contents and (2) the purificaƟon of
spent IL from all residuals beside the target compounds, for instance phenols, salts
and large amounts of water.

A B C D

Figure 6.2: Samples of ionic liquid [EMIM][AC] prior biomass processing, aŌer biomass processing
and aŌer filtraƟon. Sample A: Fresh [EMIM][AC]; water content: 5 wt.%. Sample B:
[EMIM][AC] aŌer wood dissoluƟon and precipitaƟon; water content: 50 wt.%. Sample
C: Permeate aŌer filtraƟon with Desal DK membrane at 30 bar; water content: 50 wt.%.
Sample D: Retentate aŌer filtraƟon with Desal DK membrane 30 bar; water content: 50
wt.%.

NanofiltraƟon was tested on its performance regarding the purificaƟon of ionic liq-
uid directly aŌer the precipitaƟon process (see Fig. 6.2). For the experiment milled
beech wood powder was dissolved in hot ionic liquid ethyl-methyl-imidazolium ac-
etate ([EMIM][AC]). AŌer dissoluƟon a solid fracƟon - preferably cellulose - was pre-
cipitated from the soluƟon by adding the same amount of water. The spent ionic
liquid (containing lignin and hemi-cellulose) was than nanofiltered with the Desal
DK membrane at a feed pressure of 30 bar at ambient temperature. The results
presented in Fig. 6.2 show that it was possible to purify the IL by nanofiltraƟon. A
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Karl-Fischer ƟtraƟon gave the result that the water content of the soluƟon of 50
wt.% did not change during nanofiltraƟon. Nevertheless, a thoroughly analysis of
the permeate was not performed due to following problems which occurred during
the experiment: (1) The permeate fluxes during nanofiltraƟon were very low due to
high osmoƟc pressures as described before [1], (2) the water content could not be
reduced and - most striking - (3) the ionic liquid could not be recovered completely,
because the impuriƟes were just removed from the permeate but not from the re-
tentate. Hence, nanofiltraƟon as single unit operaƟon did not enable for a complete
recovery of spent ionic liquid. As the recovery of ionic liquid may not undercut a
value of 99% to establish an economic process, alternaƟve separaƟon techniques
or even combinaƟons of several unit operaƟons have to be applied to allow for a
complete recovery of ionic liquid at this stage (nanofiltraƟon + electrodialysis for
instance).
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6.2 AlternaƟves to ionic liquid pretreatment of
lignocellulosic biomass

Within this thesis pretreatment of lignocellulosic biomass with ionic liquid was ex-
plored in terms of ionic liquid recovery and product discharge. The invesƟgaƟons
revealed that especially the recovery of ionic liquid is crucial for process economics.
Hereby it has to be considered that the performance of recovered ionic liquid has to
be stable regarding its ability to dissolve wood. Nevertheless, several yet not speci-
fied impuriƟes will enrich in the ionic liquid during repeated biomass dissoluƟon and
recycle. Depending on the starƟng material phenols or inorganic salts for instance
may reduce the long-term performance of the ionic liquid. Hence, a purge stream
for not re-usable ionic liquid has to be included in process design. In general, the
drawbacks of ionic liquids in biomass processing are as follows:

• High costs of the ionic liquid. The ionic liquid itself is a high-value chemical
product.

• High complexity of ionic liquid recovery and purificaƟon. The properƟes of
ionic liquid such as high viscosity and strong hygroscopy make it difficult to
purify the ionic liquid from biomass residuals and water.

• Low solubility of biomass in ionic liquid. In average just about 5 wt.% of ligno-
cellulosic biomass can be dissolved in ionic liquid.

To evaluate the risks and chances for ionic liquid employment in biomass processing
it has to be comparedwith alternaƟve pretreatment processes which are in this case
(1) the Organosolv process in which ethanol / water is used to dissolve biomass [8]
and (2) an organic acid catalyzed process in which a biphasic system of oxalic acid
/ 2-MTHF (2-methyltetrahydrofuran) is used to dissolve and fracƟonate lignocellu-
losic biomass [9, 10]. A rough calculaƟon of the process economics for these three
variants is presented in Table 6.1. In the calculaƟons only the rawmaterial costs and
product benefit were taken into account. The products were assumed to comprise
glucose (obtained from the cellulose fracƟon), xylose (from the hemi-cellulose frac-
Ɵon) and lignin. These products were assumed to be sold at a price of in average
0.6 € per kg. The starƟng material was assumed to be wood which was considered
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to cost 0.4 € per kg. The costs for the diverse solvents varied between 0.6 € per kg
for ethanol and 10 € per kg for ionic liquid. The costs for process equipment and
energy consumpƟon were neglected.

Table 6.1: Comparison ofminimal solvent recovery rates for establishing cost efficient wood pretreat-
ment processes.

Pretreatment Pretreatment RaƟo of wood/solvent Minimum solvent
process solvent [g/g] recovery [%]
Ionosolv [7] Ionic liquid 25/1 99.89
Organosolv [8] Ethanol/Water 4/1 91.04
Organic acid Oxalic acid/ 10/1 97.31
catalyzed [10] 2-MTHF

Table 6.1 shows that all pretreatment processes strongly depend on efficient solvent
recovery. In none of these processes a solvent recovery of 90% may be undercut to
allow for a cost-neutral producƟon of glucose/xylose/lignin from wood. In general,
two parameters can be changed to reduce the dependence on a very good recovery
strategy: (1) reducƟon of the solvent price and (2) increase of the biomass solubility
in the respecƟve solvent. Here, ionic liquids may outperform the compeƟƟve sol-
vents in future if their potenƟal as designer solvent is capitalized by increasing the
dissoluƟon power regarding lignocellulosic biomass.
Within the TMFB cluster a route for lignocellulosic biomass pretreatment was devel-
oped uƟlizing a biphasic system comprising oxalic acid and 2-MTHF [9, 10]. A scheme
of the process is shown in Fig. 6.3. The lignocellulosic raw material is separated
within the biphasic reacƟon media as follows: the cellulose fracƟon remains mostly
solid. A low conversion of cellulose to glucose which dissolves in the oxalic acid
was observed. The hemi-cellulose fracƟon is mostly decomposed to xylose which
remains in the oxalic acid as well. The lignin fracƟon is dissolved in the 2-MTHF sol-
vent. In this process scheme the products - in this case cellulose, xylose and lignin -
have to be separated from the reacƟon media, namely oxalic acid and 2-MTHF. Hy-
drophilic nanofiltraƟon can be performed to separate the oxalic acid solvent from
the products xylose and glucose. A simple process scheme of the unit operaƟon is
shown in Fig. 6.4. The oxalic acid which is a small molecule (90 g mol−1) permeates
through the nanofiltraƟon membrane whereas the glucose and xylose with higher
molecular weights (180 g mol−1, respecƟvely 150 g mol−1) are preferably rejected
by the membrane. The oxalic acid can than be recycled into the pretreatment reac-
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tor, while the saccharides can be processed to a fermentaƟon for instance.
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Figure 6.3: Process scheme for the fracƟonaƟon of lignocellulosic biomass with a biphasic system
consisƟng of oxalic acid and 2-MTHF. Scheme adapted from [10].

Xylose
Glucose
Oxalic acid

Oxalic acid

Xylose
Glucose

Figure 6.4: Scheme of the nanofiltraƟon process to separate oxalic acid from the products glucose
and xylose.

A first experiment regarding the separaƟon of oxalic acid from glucose via nanofil-
traƟon was carried out in a batch filtraƟon test cell. The tested membrane was the
Desal DK, the pressure was set to 10 bar. The glucose and oxalic acid concentraƟons
in the feed were set to 10 g L−1, respecƟvely 12 g L−1. Results of this experiment
are shown in Fig. 6.5 and Fig. 6.6. The current permeate concentraƟons of oxalic
acid and glucose depending on the permeate yield are shown in Fig. 6.5.

The iniƟal permeate concentraƟon of oxalic acid was about 12 g L−1. Hence, it was
not separated by the membrane. Nevertheless, the marginal rejecƟon of oxalic acid
by the membrane resulted in concentraƟon of oxalic acid in the batch filtraƟon test
cell. Therefore, the current permeate concentraƟons slightly increased with increas-
ing permeate yield to values of up to 15 g L−1. Finally, the acummulated permeate
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Figure 6.5: Current permeate concentraƟon of oxalic acid and glucose depending on the permeate
yield. The membrane was the Desal DK, the pressure was set to 10 bar. Experiments
were carried out at ambient temperature. The iniƟal feed concentraƟon of oxalic acid
and glucose was 12 g L−1, respecƟvely 10 g L−1.

concentraƟon of oxalic acid was 10.6 g L−1 at a permeate yield of 90%. In contrast,
the glucose was nearly completely rejected by the membrane, especially at low per-
meate yields. At higher permeate yields the glucose feed soluƟon was highly con-
centrated. Hence, it started to permeate through themembrane at a permeate yield
of about 80%. In conclusion, it was demonstrated that oxalic acid can be effecƟvely
separated from glucose by hydrophilic nanofiltraƟon. The permeate yield has to be
limited to a certain value to ensure a complete rejecƟon of the saccharide.

In Fig. 6.6 the corresponding evoluƟon of the permeate flux is shown. It decreased
conƟnuously with increasing permeate yield and nearly diminished at a permeate
yield of about 90%. It decreased due to increasing osmoƟc pressure of the feed solu-
Ɵon, caused by the rejected glucose. Following the law of van't Hoff, each 10 g L−1 of
glucose in the feed soluƟon causes an osmoƟc pressure of about 1.4 bar. Hence, the
osmoƟc pressure in the feed soluƟon increased to about 10 bar at a permeate yield
of about 90%. At this point the separaƟon performance for glucose started to drop
significantly, because the applied pressure did not longer overcome the chemical
potenƟal for mixture separaƟon. It can be concluded that the permeate flux can be
easily increased by increasing the filtraƟon pressure. Increasing the filtraƟon pres-
sure will also result in a beƩer separaƟon performance of the membrane regarding
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Figure 6.6: Total permeate flux depending on the permeate yield. The membrane was the Desal DK,

the pressure was set to 10 bar. Experiments were carried out at ambient temperature.
The iniƟal feed concentraƟon of oxalic acid and glucose were 12 g L−1, respecƟvely 10 g
L−1.

oxalic acid/glucose mixtures in aqueous soluƟon.
NanofiltraƟon allows for the separaƟon of a certain amount of oxalic acid from an
oxalic acid/glucose mixture in aqueous soluƟon. At the same Ɵme the glucose is
concentrated in the feed soluƟon. Nevertheless, a certain amount of oxalic acid re-
mains in the retentate and causes problems in the downstream synthesis (chemical
or bio-conversion). If the enƟre process depends on a complete recovery of oxalic
acid (compare Table 6.1), the oxalic acid has to be removed uƟlizing an alternaƟve
unit operaƟon. This thesis suggest earlier that electrodialysis is a viable technology
to separate charged from uncharged species. A process scheme of this unit opera-
Ɵon is presented in Fig. 6.7. Comparable to the electrodialysis of lacƟc acid [11] the
oxalic acid is removed from the feed soluƟon by applying an electric field while the
neutral compound glucose (or xylose) remains in the retentate and causes problems.
Hence, the oxalic acid can be completely removed from the product stream and fully
recycled into the reacƟon tank.

Another opƟon to efficiently separate oxalic acid from saccharides is to set up a
nanofiltraƟon cascade as shown in Fig. 6.8. In such a cascade an exchange solvent is
added to the soluƟon prior the last nanofiltraƟon module (in this case pure water).
The permeate of each nanofiltraƟon module is handed over to the previous mod-
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Diluate

Concentrate

Figure 6.7: Scheme of convenƟonal electrodialysis for separaƟon of oxalic acid from glucose.

ule. Hence, the oxalic acid is recycled and concentrated successively unƟl it can be
removed from the permeate of the first stage.

Figure 6.8: Scheme of a nanofiltraƟon cascade for the recovery of oxalic acid from aqueous soluƟon.

In Table 6.2 calculaƟon results for diverse membrane cascades are presented. Fol-
lowing assumpƟons were made: IniƟal feed concentraƟon of saccharides: 10 g L−1.
IniƟal feed concentraƟon of oxalic acid: 10 g L−1. RejecƟon of saccharides by the
membrane R=85%. RejecƟon of oxalic acid by the membrane R=5%. Permeate yield
was adapted to the raƟo of exchange solvent water / feed stream to ensure a con-
stant outlet stream.
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Table 6.2: Results for the recovery of oxalic acid from aqueous soluƟon depending on the number of
cascade elements and the amount of exchange solvent.

Oxalic acid recovery [%] / 2-Stage 3-stage 4-stage 5-stage
Saccharides in outlet stream
[g L−1]
RaƟo of water / feed : 1:1 63 / 9.00 71 / 8.81 76 / 8.79 79 / 8.62
RaƟo of water / feed : 2:1 83 / 8.70 91 / 8.59 95 / 8.46 97 / 8.51
RaƟo of water / feed : 3:1 90 / 8.58 96 / 8.52 98 / 8.43 99 / 8.40

By increasing the number of elements in the cascade the recovery of oxalic acid
can be considerably increased. An increase of exchange solvent amount also results
in a beƩer recovery of oxalic acid. Nevertheless, the valuable saccharides may also
concentrate in the permeate if they are not completely rejected by the nanofiltraƟon
membrane. For the calculaƟons a rejecƟon of saccharides of 85% was assumed. As
presented in Table 6.2 the final saccharide concentraƟon decreases conƟnuosly with
increasing cascade elements and amounts of exchange solvent.
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