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Abstract

The defossilation and decarbonization of the chemical industry are imperative to achieve
its future goal of becoming carbon neutral. Among the different attempts to tackle this
goal, the low-temperature electrochemical CO, conversion poses a huge potential to
create a closed-loop carbon cycle. The CO. electrolysis process uses electricity and
water from renewable energy sources to convert CO. into sustainable building blocks,
thus replacing fossil-based production chains. As most experimental characterization
methods cannot completely resolve local mass transport and reaction phenomena in
the electrode micro-environment, this thesis focuses on the mathematical modeling of
CO:, electrolysis to give profound insights and derive optimization potentials for steer-
ing productivity and selectivity. However, to fully exploit the potential of CO, electrolysis,
research has to look beyond the electrolyzer and holistically assess the process integra-
tion with up- and downstream processing. Therefore, a multi-scale modeling approach
is presented in this work that aims to decipher current bottlenecks of CO, electrolysis
on multiple length scales using different modeling techniques. The micro-environment
near a planar plate electrode for electrochemical CO, conversion to CO was rigorously
modeled by accounting for the size of dissolved species in the electrolyte. The results
from this study highlight the importance of enhancing hydrodynamics at the electrode
and modulating the electrolyte concentration to improve reactant transport and reduce
the cathodic overpotential. Due to mass transport limitations at planar plate electrodes,
more advanced electrode geometries, i.e., gas diffusion electrodes, have been inves-
tigated within this work. The simulations of the multi-phase transport in gas diffusion
electrodes reveal that increasing the electrolyte concentration and flow rate and the gas
flow rate helps to overcome ionic conductivity and mass transport limitations. To assess
the process on an industrially relevant length scale, a machine learning-based approach
was introduced that links multiple surrogate models trained from simulation data of the
gas diffusion electrode continuum model to simulate a pilot-scale two-dimensional elec-
trolyzer. Finally, a holistic process optimization was carried out to assess the profitability
of the process. The optimization highlights the need for reducing the energy demand
and improving the selectivity of the electrochemical CO. reduction. Moreover, the often
discussed CO. pumping effect in CO. electrolysis turns out to be a cost saver rather
than a cost killer. The results from this thesis show that CO, electrolysis can become a
viable option in the quest for sustainable production chains when controlling the investi-
gated process parameters and optimizing the process from a holistic perspective.
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Zusammenfassung

Die Defossilisierung und Dekarbonisierung der chemischen Industrie ist unabdingbar,
um ihr zukinftiges Ziel der Kohlenstoffneutralitéat zu erreichen. Unter den verschiede-
nen Lésungen zur Verwirklichung dieses Ziels bietet die elektrochemische Umwand-
lung von CO. ein enormes Potenzial zur Realisierung eines geschlossenen Kohlen-
stoftkreislaufs. Da die meisten experimentellen Charakterisierungsmethoden nicht in
der Lage sind, lokale Stofftransport- und Reaktionsphdnomene in der nahen Elektro-
denumgebung vollstandig aufzuldésen, konzentriert sich diese Arbeit auf die mathema-
tische Modellierung der CO.-Elektrolyse, um tiefere Einblicke zu ermdéglichen und Op-
timierungspotenziale zur Steigerung von Produktivitat und Selektivitat abzuleiten. Um
das Potenzial der CO.-Elektrolyse voll auszuschépfen, muss die Forschung jedoch
auch die Peripherie des Elektrolyseurs betrachten und die Prozessintegration mit vor-
und nachgelagerten Prozessen ganzheitlich bewerten. Daher wird in dieser Arbeit ein
Multiskalen-Modellierungsansatz vorgestellt, der darauf abzielt, aktuelle Limitationen
der CO,-Elektrolyse auf mehreren Langenskalen mit Hilfe verschiedener Modellierungs-
techniken zu entschlisseln. Die Mikroumgebung in der N&he einer planaren Platten-
elektrode fir die elektrochemische CO,-Umwandlung zu CO wurde unter Berlcksichti-
ung der GroRe der gelésten Spezies im Elektrolyten modelliert. Die Ergebnisse verdeut-
lichen die Bedeutung der Verbesserung der Strémungsbedingungen an der Elektrode
und der Einstellung der Elekirolytkonzentration zur Verbesserung des Edukttransports
und zur Verringerung der kathodischen Uberspannung hervorhebt. Aufgrund des be-
grenzten Massentransports an planaren Plattenelektroden wurden im Rahmen dieser
Arbeit industriell geeignetere Elektrodenkonzepte, sog. Gasdiffusionselektroden, unter-
sucht. Die Simulationen des Mehrphasentransports in Gasdiffusionselektroden zeigen,
dass eine Erhéhung der Elektrolytkonzentration und -durchflussmenge sowie der Gas-
durchflussmenge dazu beitragt, die Limitationen der ionischen Leitfahigkeit und des
Massentransports zu Uberwinden. Um den Prozess auf einer industriell relevanten Lan-
genskala zu bewerten, wurde ein auf maschinellem Lernen basierender Ansatz einge-
fihrt. Dabei werden mehrere Surrogat-Modelle verknipft, die aus Simulationsdaten des
Gasdiffusionselektroden-Kontinuumsmodells trainiert wurden, um einen zweidimensio-
nalen Elektrolyseur im Pilotmaf3stab zu simulieren. Abschlie3end wurde eine ganzheit-
liche Prozessoptimierung durchgefiihrt, um die Rentabilitdt des Prozesses zu bewer-
ten. Die Optimierung verdeutlicht die Notwendigkeit, den Energiebedarf zu senken und
die Selektivitat des Prozesses zu verbessern. Darliber hinaus zeigt die Kostenanalyse,
dass der oft diskutierte CO,-Pumpeffekt bei der CO,-Elektrolyse als effiziente Rege-
nerierungsmethode des Elektrolyten dienen kann und damit ein Einsparungspotenzial
bietet. Die Ergebnisse dieser Arbeit zeigen, dass die CO,-Elektrolyse eine vielverspre-
chende Option auf der Suche nach nachhaltigen Produktionsketten sein kann, wenn die
untersuchten Prozessparameter kontrolliert und der Prozess aus einer ganzheitlichen
Perspektive optimiert wird.






1. Introduction

Carbon dioxide (CO) emissions into the atmosphere caused by humans
have steadily increased since the Industrial Revolution in 1750; however,
they have skyrocketed in the last decades from about 5 billion tons in the
mid-20th century to more than 35 billion tons per year in 2021 [Frie2022;
Gilf2021]. Carbon dioxide, among other gases (N.O, CH,4, O3) emitted by
humankind, causes the anthropogenic greenhouse effect. The increased
emission of such gases amplifies the natural greenhouse gas effect,
resulting in a drastic temperature increase, referred to as global warming.
To combat global warming and its consequences, e.g., extreme weather,
the rise of sea level, and loss of biodiversity, 195 countries across the world
signed the Paris Agreement in 2015. The agreement aims to reduce the
worldwide CO, emissions to keep global temperature increase below 2°C ,
preferably below 1.5°C compared to the pre-industrial age Shuk2019].

Defossillation and decarbonization of all sectors are imperative to
achieve this goal [Hend2020]. However, some of the sectors cannot
entirely be decarbonized, e.g., the chemical industry, the cement industry,
and steel production, as they either rely on carbon sources or unavoidably
emit CO; in the production processes. For these hard-to-abate sectors,
CO. capture, utilization, and storage (CCUS) offers a huge technical,
economic, and ecological potential to lower CO» emissions and provide
sustainable substitutes to fossil-based feedstocks. Among the different
applications for utilization of captured CO,, the production of synthetic
fuels, e.g., jet fuels, and the use of CO; in plastics and chemicals are of
great interest with a technical potential of approx. 11 000 Mt/yr of captured
CO; in 2030 [Bini2020].



Chapter 1. Introduction

The electrochemical conversion of CO, at ambient temperature is a
promising technology that allows both defossillation and decarbonization
of the industry. Moreover, by utilizing electricity from renewable energy
sources and CO» to produce sustainable carbon building blocks, the car-
bon cycle can be closed. In this process, renewable electricity and water
are used to electrochemically reduce CO, to a variety of different prod-
ucts, e.g., formic acid (HCOOH), carbon monoxide (CO), ethylene (C2oHy),
and ethanol (CoHsOH) as depicted in Figure 1.1. Techno-economic stud-
ies point out CO as an economically viable and atom-economic CO; re-
duction product [Verm2016a]. The mixture of CO and hydrogen (H2), the
so-called syngas, is an important feedstock for the chemical industry with
applications ranging from methanol production to Fischer-Tropsch synthe-
sis [Hern2017].

Anode Cathode
+ : -
HO i X
0, i CoO,

H* : H*
Separator

Figure 1.1.: Schematic of an electrolysis cell for CO, reduction to a target
molecule X.

However, to fully exploit the potential of CCUS technologies such as elec-
trochemical CO, reduction, they must operate at a commercial scale to be
economically viable [Bini2020]. Currently, there are still several technical
challenges to bring electrochemical CO, reduction from the laboratory to
the industrial realization. The energy efficiency and the carbon efficiency
of low-temperature CO, electrolysis are yet not competitive with conven-
tional fossil-based technologies.



The scale-up and commercialization of CO; electrolysis require a profound
understanding of the technology. Even though experimental research on
CO; electrolysis has already given instructive insights into the process, cur-
rent analytical and characterization methods limit the understanding of local
mass transport and reaction phenomena in the process, which are essen-
tial to elucidate the transport of CO; to the electrocatalytically active sites.
Furthermore, a holistic process analysis beyond electrolysis experiments
is required to evaluate the technical and economic potential of this technol-
ogy. This gap in research on electrochemical CO, reduction motivates the
following main research question of this thesis:

Main research question:
What are the current bottlenecks of CO electrolysis for
industrial realization, and how to overcome them?

To address the main research question, this thesis presents mathe-
matical modeling approaches on multiple length scales of the process to
bridge research on fundamental mass transport and reaction mechanisms
to holistic process analysis and optimization. Four sub-questions can be
derived from the main research question to break down the problem. The
sub-questions are discussed in four chapters, following the structure illus-
trated in Figure 1.2.

Sub-question no. 1:
How to modulate the local electrode environment to
improve conditions for electrochemical CO; reduction?

The sufficient availability of dissolved CO> in the vicinity of the catalyst
surface is essential to achieve high activity and selectivity for the CO5 re-
duction reaction [Resa2017; Liu2016]. Interactions of the liquid species,
the surrounding electrolyte properties, and flow conditions, as well as the
electrode potential, affect the local catalyst environment, leading to a com-
plex system for optimization. So far, experimental research lacks methods
to resolve the near-electrode region. Therefore, Chapter 3 discusses a
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Chapter 3: Electrode boundary layer Chapter 5: Surrogate electrolyzer

Artificial neural networks
2D modeling
Resource efficiency

Continuum modeling
Steric effects
Reaction kinetics

Continuum modeling
Steady-state

Multi-phase transport
Reaction kinetics

Holistic optimization
Process design
Economic evaluation

Chapter 4: Gas diffusion electrode Chapter 6: Process flowsheet

Figure 1.2.: Graphical illustration of the simulative approach for the holistic inves-
tigation of CO, electrolysis linked to the chapters elaborated in this thesis.

simulative approach to answer sub-question no.1. A one-dimensional tran-
sient model of the diffusive boundary layer is implemented in the in-house
simulation tool E,Pe,. The size-modified Poisson Nernst Planck equation
is used to account for the solvated ion size as well as local electric field
effects. Additionally, the Fraumkin-corrected Butler Volmer equation allows
coupling the electrocatalytic reaction rate with the local CO. concentration.
Thus, correlations between the aforementioned influencing factors, the im-
mediate electrode environment, and the activity of the catalyst are identified
and used to give insights on how to improve conditions for electrochemical
COo reduction.

Sub-question no. 2:
How to exploit the advantages of gas diffusion electrodes
in CO, electrolysis?

Moving to industrially-relevant operating conditions (> 200 mAcm™2

[Burd2019]), the use of gas diffusion electrodes (GDEs) is inevitable to
overcome mass transport and solubility limitations in CO, electrolysis
[Higg2018]. Yet, a comprehensive understanding of mass transport and



conversion phenomena within these complex structures is not well devel-
oped. To allow insights into GDEs, Chapter 4 presents a one-dimensional
steady-state model of the GDE, which spatially resolves mass transport as
well as homogeneous and electrochemical reactions within the electrode.
The accurate description of gas and liquid transport in the GDE, consider-
ing dissociation reactions in the electrolyte and electrochemical reactions
at the catalyst surface, allows to assess and understand the influence of
global operating parameters on the local environment in the GDE. Thereby,
the simulations show how operating conditions and the morphology of the
GDE need to be tuned to increase the activity of the electrode.

Sub-question no. 3:
How to model industrial scale electrolyzers and optimize
their operation?

Rigorous modeling of electrochemical CO. reduction is computationally
costly. Therefore, the works in Chapter 3 and Chapter 4 as well as the lit-
erature, predominantly report one-dimensional models or two-dimensional
models with only a size-limited representation of the actual electrolysis
cell [Bohr2019; Kas2021]. The model-based investigation of mass trans-
port and conversion phenomena in industrial-scale electrolyzers or even
in laboratory-scale electrolysis cells is, therefore, nearly impossible. It be-
comes even more futile when using rigorous models for process optimiza-
tion with standard optimization solvers. Chapter 5 introduces data-driven
approaches to simulate the mass transport in CO. electrolysis at multiple
scales and optimize the productivity of the process. In this approach, artifi-
cial neural networks (ANNSs) are trained from simulative data of the model
introduced in Chapter 4. Multi-scale modeling of the electrolysis cell is then
achieved by linking multiple ANNs, each representing a section of the cell.

Sub-question no. 4:
What is the optimal process design and operating point
of CO; electrolysis from a holistic perspective?
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To complement the mechanistics on a micro- and macro-scale and
demonstrate the competitiveness of CO, electrolysis, the technology must
be viewed from a holistic perspective. Due to the limited CO, conver-
sion and undesired side reactions, downstream processing of the product
gases is inevitable to achieve the desired product specifications [Aler2021].
Hence, the process design and the economics of the overall process need
to be elaborated to assess influencing factors and the distribution of costs.
Chapter 6 compares different electrochemical cell types and product
purification in CO»-t0-CO electrolysis and discusses the economics within
a techno-economic study. Moreover, different designs of the overall
process and operating points are possible. An elegant method to identify
the optimal process configuration is holistic process optimization. The
General Algebraic Modeling System (GAMS) software is used to optimize
the specific production costs and investigate the sensitivity of the process
to the most relevant economic and technical parameters.

Following the structured multi-scale simulation approach to address the
aforementioned research questions, this thesis complements the literature
on modeling and economically assessing electrochemical CO» reduction,
as shown in Figure 1.3. First, Chapter 2 provides a basic background on
electrolysis and separation technologies for purifying the product mixtures
treated in this work. Moreover, state-of-the-art literature on the cell design,
the operation, and the conceptualization of CO, electrolysis are described
focusing on the eligibility for industrial realization. The following Chapters 3-
5 present modeling approaches on different length scales of the process to
address the main research objective of this thesis. Finally, Chapter 7 sum-
marizes the work and points out future directions of modeling CO- electrol-
ysis.



Electrochemical cell

2006
Gupta et al. resolve local conditions in the
immediate electrode region

2010
Delacourt et al. implement an electrolysis
model to support experimental design

2018
Weng et al. investigate local mass transport
and reaction phenomena in a GDE

2019
Bohra et al. include steric effects in modeling
the electrical double layer

2021
Kas et al. spatially resolve concentration
gradients along the flow channels

2021
Bui et al. investigate near-electrode mass
transport under dynamic conditions

2022

HeRelmann et al. link the effect of process
operating parameters to local GDE
phenomena

2022
Léffelholz et al. address the loss of CO, in
carbonate formation in the GDE

2023
Butt et al. combine size-modified transport and
reaction kinetics in the double layer

2023 |

HelRelmann et al. study steric effects in the
electric double layer

Figure 1.3.: Overview of selected literature related to this thesis. The literature
sources are listed in the reference section.
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Process level

2008

Oloman et al. start to assess the economics
and competitiveness of state-of-the-art
electrolysis data

2016
Verma et al. identify profitable reduction
products and derive performance benchmarks

2018
Bushuyev et al. point out economically viable
routes for electrochemical CO, reduction

2019

Orella et al. present a techno-economic
platform to compare the potential of
electrochemical processes

2021

Shin et al. benchmark state-of-the-art
electrolysis data and address the economics
of electrolyte neutralization

2022
Pribyl-Kranewitter et al. elucidate the system
design choice on economic competitiveness

2022
Roh et al. apply global optimization to study
the flexible operation of electrolysis

2023

HeRelmann et al. holistically optimize the
production of CO and syngas utilizing different
electrochemical membrane reactors

2023

Helelmann uses surrogate modeling to
integrate rigorous electrolyzer models in
holistic process optimization



Chapter 1. Introduction

Previous Publications in Student Theses

This thesiss content and results emanate from research conducted under
the affiliation and position of the author as a research fellow and PhD candi-
date at RWTH Aachen University. The position is associated with the Chair
of Chemical Process Engineering. The work comprises data based on the
following student theses:

 Berinike Gébel, Master’s thesis, 30.09.2019, Modeling of CO> reduc-
tion to CO in an electrochemical membrane reactor

« Tristan Geissler, Bachelor’s thesis, 07.07.2020, Techno economic as-
sessment of the electrochemical COZ2 conversion with holistic process
optimization in GAMS

» Sajad Nabi, Master’s thesis, 24.08.2022, Modeling the ion distribu-
tion in the near-electrode surface in electrochemical CO, reduction
considering steric effects of ions

» Maria Theotokatou, Master’s thesis, 11.01.2023, Optimization of CO
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Chapter 2. Fundamentals

2.1. Electrolysis

This section describes the fundamentals of the electrolyzer, thermodynam-
ics, kinetics, and mass transport in electrochemical conversion processes.

2.1.1. Electrochemical cell

Electrolysis is the subject of electrochemistry concerned with the chemical
conversion of molecules by introducing electrical energy. Such processes
are initiated in an electrochemical cell when applying an electric potential
between two electrodes, as illustrated in Figure 2.1.

Bulk
Diffuse
layer
EDL
OHP

Anode ‘ Cathode -~

//
//
E e
°_> : o 7
Red — Ox + ze- Ij Ox + ze" — Red
©:e U 1T
© i@
Separator

Figure 2.1.: lllustration of an electrolysis cell with a zoom-in on the cathode surface
(Red: Reduced species, Ox: Oxidized species, z: number of electrons exchanged,
e : electron, IHP: inner Helmholtz plane, OHP: outer Helmholtz plane, ¢pyk: bulk
electrolyte potential, ¢y : potential of the metal electrode) [Schm2003; Bard2001].

Such cells are also referred to as electrolytic cells. In contrast, electro-
chemical cells that generate electricity are called galvanic cells. However,
this thesis focuses solely on the first type of electrochemical cell. The pos-
itively charged electrode within the electrolytic cell is called anode, while
the negatively charged electrode is called cathode. The two electrodes are
separated by at least one electrolyte phase in which charge is carried by

10



2.1. Electrolysis

the movement of ions. The electrolyte includes solutions of ionic species,
l.e., salts dissolved in aqueous or organic solvents, as well as ionically con-
ductive polymers and fused salts.

The applied cell potential required to drive charge transport and reactions
within the electrochemical cell is the sum of potential differences between
all conducting phases within the cell. The constituent potential differences
are attributed to individual resistances caused by [Schm2003]:

* resistances at anode and cathode (electrochemical kinetics)

resistances in the electrolyte (ionic conductivity)

transport limitations

contacts and additional parts

resistances in the outer circuit

The transition in electric potential between two conducting phases, e.g.,
between electrode and electrolyte, happens almost entirely at the interface.
This sharp change in potential implies the existence of a strong electric
field at the interface, which significantly influences the behavior of charge
carriers, i.e., electrons or ions, in the interfacial region. Hence, the potential
difference at an interface predominately controls the charge direction and
transfer rate [Bard2001]. The next section deals with reactions that occur
due to the charge transfer at the electrode-electrolyte interface.

2.1.2. Electrochemical reactions and kinetics

The zoom-in in Figure 2.1 illustrates the interfacial region at the electrode-
electrolyte junction, referred to as the electric double-layer (EDL), in which
the electrochemical reactions occur. The boundary layer (BL) at an elec-
trode surface comprises the diffuse layer, the EDL, and the compact layer
(also called the Helmholtz or Stern layer). The compact layer of the BL con-
tains solvent molecules and specifically absorbed molecules, which define
the location of the inner Helmholtz plane (IHP) by the locus of their electri-
cal centers. The diffuse layer extends from the bulk electrolyte to the outer
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Helmholtz plane (OHP). The OHP is defined by the locus of centers of the
nearest solvated ions at the immediate electrode surface. These ions are
nonspecifically adsorbed and only interact with the electrode by long-range
electrostatic forces [Bard2001].

The reactions occurring at the OHP are referred to as oxidation reactions
and reduction reactions at the anode and cathode, respectively. The two
reactions can be expressed as

Oxidation : Red — Ox + ze~ (2.1)
Reduction: Ox + ze~ — Red (2.2)

where Red is the reductant, Ox is the oxidant, and z is the number of elec-
trons e~ transferred in the reaction [Schm2003]. Figure 2.2 depicts a de-
tailed scheme of the different steps in the reduction reaction. The reactant
species needs to be transported to the electrode surface (mass transport
step), where electrons are transferred, and the reactant is electrochemically
converted. This step is often accompanied by adsorption and desorption
processes of the reacting species and reaction intermediates. After the
charge transfer reaction, the formed product is transported through the BL
back into the bulk. Moreover, chemical reactions, e.g., dissociation or cat-
alytic decomposition, can occur along with the other aforementioned steps.
Attributed to slow reaction or transport rates of one or more of these steps,
the overall reaction might become rate-limited [Bard2001].

Each reaction and transport step represents a resistance to the over-
all electrochemical process, as described in Section 2.1.1. To overcome
the individual resistances, a certain driving force is required, referred to as
overpotential. The sum of the separate overpotentials » adds up to the cell
voltage E..; that is needed to operate the electrochemical cell

Ecen = Eév - E;{?V +7 (2.3)

where EY and EY are the cathodic and anodic half-cell Nernst potentials,
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Electrolyte : Electrical double layer
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Mass Chemical Desorption
transport reaction
|
|
| Desorption
1 —
1 ——
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transport reaction

Figure 2.2.: Physical and chemical phenomena that can occur in the electric
double-layer during different steps of electrochemical conversion, adopted from
Schmidt [Schm2003].

describing the minimum voltage necessary to provide the required energy
for a specific electrochemical conversion at specific conditions. The over-
potential comprises (1) ohmic losses due to electrode and electrolyte con-
ductivity, (2) activation energy needed for the electrochemical reaction, and
(3) mass transport limitations [Bard2001; Schm2003]. The Nernst potential
EN is defined as

AG

N__=2¥
£ = zF

(2.4)
with AG as the change in Gibbs free energy, z as the charge number,
and F as the Faraday constant [Mart2015]. For a specific reaction, typi-
cally standard electrode potentials E° are reported that are measured un-
der standard conditions (25°C, 1 atm, 1 M). The Nernst potential EN for a
specific reaction and specific operating conditions is then calculated using
the Nernst equation
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eV = g0, T 8o
zF ARed

(2.5)

in which R is the specific gas constant, T is the temperature, and a is the
chemical activity of the oxidized and reduced species.

To describe the relationship between reaction rate and overpotential to
drive the reaction, a kinetic equation is needed. The most well-known ex-
pression of heterogeneous electrode reaction kinetics is the Butler-Volmer
equation [Butl1924a; Butl1924b; Butl1932]. The Butler-Volmer equation is
an empirical equation derived from fundamental arguments from the transi-
tion state theory of electron transfer as described in more detail elsewhere
[Dick2020]. The derived equation in the general form is defined as

J = lexp(—aat) - exp(L 020 (256)

where j is the current density, j, is the exchange current density, and « is the
transfer coefficient. The current density is proportional to the reaction rate
and describes the charge transfer rate normalized to the geometrical elec-
trode area. The exchange current density is a measure of the exchange
rates between oxidant and reductant species when the electrode and the
electrolyte solution at the electrode surface are at equilibrium such that the
cathodic and anodic current densities are equal and opposite. The transfer
coefficient expresses the fraction of the electrostatic potential energy influ-
encing the reduction («) or oxidation (1 — «) reaction rate in equations 2.1-
2.2 [Guid2014]. Both kinetic parameters j, and o need to be determined
through experiments, which become more easily accessible when rewrit-
ing the Butler-Volmer equation by neglecting the second exponential term,
which is valid for overpotentials » 25.6 mV [Schm2003]. The resulting equa-
tion is referred to as Tafel equation [Tafe1905a; Tafe1905b]
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_—azF |
n=—gF /nj—0 (2.7)

The exchange current density and transfer coefficient can then be ex-
tracted from chronoamperometry or chronopotentiometry measurements
[Anan2021].

2.1.3. Mass transport

Mass transport in electrochemical cells is governed by one or more of the
following driving forces: (1) a gradient in chemical potential (e.g., concen-
tration), (2) a gradient in electrical potential, and (3) a gradient in density or
gravity. The combination of these forces on a charged or uncharged body
in the electrochemical cell is described by the Nernst-Planck equation

aci(x)  ziF

hx)=-D; 2069

X RT /¢ (x) X

+ Ci(x)v(x) (2.8)

Here, Ji(x) is the flux of species i along the x coordinate, D; is the dif-

fusion coefficient, 8;;(;) is the concentration gradient, ¢;(x) is the concen-

tration of i at position x, %) is the electrical potential gradient, and v(x)

is the volume flow velocity along the x coordinate [Bard2001]. It needs to
be mentioned that species are assumed to be infinitesimally small in the
derivation of equation (2.8). The limit of this assumption will be discussed
in Chapter 3. The individual terms in equation (2.8) describe the three types
of mass transport, namely diffusion, migration, and convection.

To solve the Nernst-Planck equation, an additional equation is needed to
determine the electric potential gradient. The Poisson equation relates the
electric field to the local ion concentrations by

2000 - _F 5z 2.9)

i
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where ¢ is the dielectric permittivity of the solution [Bard2003].

The flux of the reacting species from the bulk solution to the electrode sur-
face controls the reaction rate as well as the rate of product removal. As the
concentration of the reactant approaches zero at the electrode, the limiting
current density is reached, and the reaction rate and mass transport are
in equilibrium. This state is then referred to as mass transport limited. To
overcome mass transport limitations in electrochemistry, researchers pre-
sented several methods: the use of electrodes with increased specific sur-
face area [Higg2018], the increase of fluid velocity or installation of mixing
and turbulence promoters [Perc2018], and the optimization of cell design
and operation, e.g., flow fields [Jung2021], ultrasound [Yang2021b], induc-
tion [Koda2022], and pulsed operation [Case2021].

2.2. Electrochemical CO, reduction

The main objective of the multi-scale modeling approach in this work is to
identify the bottlenecks and optimization potentials for CO» electrolysis with
regard to future industrial realization of the technology. The following sec-
tion, therefore, presents a brief overview of the configuration and operation
strategies of the CO; electrolyzer as the central element of this study. More-
over, the last subsection discusses process concepts and perspectives for
commercializing electrochemical CO» reduction in the industry.

2.2.1. Electrolyzer configuration

From the basic representation of a CO, electrolysis flow cell as shown in
Figure 2.1, several modifications to the cell design are possible in order to
approach the following challenges for an industrially-relevant process: (1)
low energy demand, (2) high product selectivity, (3) meaningful production
rates, and (4) stable operation over long periods. Hence, the figures of
merit to be optimized are the energy efficiency, the Faradaic efficiency,
the current density, and the lifetime. Table 2.1 shows the industrial
benchmark for each parameter. Here, only cell configurations using gas
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diffusion electrodes and gaseous CO, as reactant are discussed due to
the superior mass transport rates compared to plate electrodes [Higg2018].

Figure of merit Desired range  Reference
Energy efficiency >75% [Step2022]
Faradaic efficiency >95 % [Mase2021]
Current density > 200 mAcm ™2  [Burd2019]
Lifetime > 50000 h [Step2022]

Table 2.1.: Figures of merit for industrially-relevant CO, electrolysis to carbon
monoxide.

The group of Kenis [Whip2010a] approached the aforementioned goals
in cell design using a microfluidic cell with a 1.5 mm thin electrolyte gap
separating the anode and cathode. Even though the original motivation
of this cell design is to enable rapid catalyst and parameter screening,
Bhargava et al. [Bhar2020] achieved remarkably high energy efficiencies
of up to 80 % and current densities of approx. 800 mAcm™2 without
compromising high Faradaic efficiencies for CO. The minimization of ohmic
resistances and the compact design of microfluidic cells allow to reduce
the cell voltage and overcome mass transport limitations due to short
diffusion paths. However, in particular, microfluidic cells require precise
control of the electrolyte flow to prevent product crossover [Jaya2010].
Thus, membrane-based flow cell designs are advantageous.

Generally, membranes in CO; electrolysis can be divided into dense and
porous materials. Dense, ion-conductive membranes comprise anion ex-
change, cation exchange, and bipolar membranes. Compared to the mi-
crofluidic cell configuration, implementing an ion exchange membrane al-
lows further design freedom. The zero gap design, as illustrated in Fig-
ure 2.3, is commonly used with an alkaline membrane directly mounted
onto the cathode, referred to as membrane electrode assembly. Anion ex-
change membranes used in a zero gap cell demonstrate stable operation
at Faradaic efficiencies > 90 % for CO, cell voltages < 3 V and industrially-
relevant current densities > 200 mA cm ™2 [Kutz2017]. Bipolar membranes
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with the anion exchange membrane side facing the cathode, defined as
forward bias orientation, have also been applied in the zero gap cell de-
sign [Prib2021]. In contrast, using a cation exchange membrane in a zero
gap cell is not straightforward as the acidic nature of the cation exchange
membrane favors the hydrogen evolution reaction [Dela2008; Yang2021a].
Besides the promising performance of zero gap electrolyzers, there are
still several challenges to solve: High-resolution neutron imaging of the
porous electrode in a zero gap cell revealed increased precipitation of hy-
groscopic salt crystals, accompanied by inhomogeneous water distribution.
In turn, the local differences resulted in higher local reaction rates and thus
local dry-out spots, which lead to electrode degradation and cell failure
[Disc2022]. Furthermore, the alkalinity at the electrode surface enhances
(bi)carbonate formation, imposing energy penalties and CO» loss due to
(bi)carbonate crossover and subsequent protonation at the anode as well
as stability issues with bipolar membranes arising from CO- evolution at
the internal membrane junction [Mard2021; Rabi2020; Muro2020]. How-
ever, new materials, e.g., bipolar membranes with a 3D nanofiber junction
[Shen2017], and alternative operating strategies such as pulsed operation
[Xu2021] might help to diminish these issues.

Zero gap One-sided buffered Two-sided buffered

Figure 2.3.: Cell designs for low-temperature CO, electrolysis with oxygen evolu-
tion reaction on the anode, using a gas diffusion electrode and a separator.

The implementation of an electrolyte flow channel in membrane-based
cells allows to specifically tailor the local electrode environments by choice
of electrolyte [Chan2023]. The main effects of the electrolyte on the CO,
reduction reaction are attributed to the pH, the conductivity, and the cation
and anion identity of the electrolyte [Verm2016b]. The membrane-based
flow cells comprise either one (anolyte or catholyte) or two (anolyte and
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catholyte) electrolyte channels. However, Vennekdtter et al. [Venn20193]
showed that in a configuration with two flow channels, high ohmic losses
impose low energetic efficiency. Electrochemical cells with only one elec-
trolyte channel, named one-sided buffered cells, are commonly used with
bipolar membranes in reverse bias mode or cation exchange membranes.
Whereas CO; electrolysis in the zero gap design with a cation exchange
membrane shows only low selectivity, recent research in a one-sided
buffered cell successfully demonstrated CO. reduction to multi-carbon
products in acidic electrolyte [Xie2022c]. The CO» electrolysis in acidic
media allows for high CO, conversion of up to 60 % due to the mitigation
of (bi)carbonate formation. Moreover, the presence of certain electrolyte
cations and anions at the electrode surface facilitates the CO, reduction
reaction [Ma2022]. Similar effects also apply to bipolar membranes in
the one-sided buffered cell design. Chen et al. [Chen2020] obtained
up to 90 % Faradaic efficiency for converting CO, to formate at about
500 mAcm 2. However, the high cell voltage in their cell design, which
is mainly attributed to the energy penalty for water splitting in the bipolar
membrane, resulted in a low energy efficiency of 15 %. One of the main
downsides of using electrolytes in CO, electrolysis is the difficulty of
controlling the gas-liquid interface in the gas diffusion electrode. When not
controlled properly, liquid or gas breakthrough occurs, leading to unstable
operation [Yang2020]. However, selecting suitable electrode materials,
e.g., the diffusion medium [Baum2022], and electrode modifications, such
as incorporating hydrophobic particles into the gas diffusion electrode
[Wu2022], helps to mitigate electrode flooding. On the other hand, moder-
ate electrolyte breakthrough might be advantageous as the liquid dissolves
and removes salt precipitates, which block gas diffusion paths [Jean2018].
Besides the aforementioned dense ion-conductive membranes, Haas et al.
[Haas2018] implemented a porous ZrO» diaphragm in a one-sided buffered
cell for CO> to syngas conversion. They demonstrated stable operation
for more than 1 200 hours at current densities of up to 300 mAcm™2.
Compared to polymeric ion exchange membranes, the ZrO, diaphragm
offers high chemical, mechanical, and temperature stability, making it a
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viable alternative for upscaling attempts [Verm1998; Xu2013].

Given the degree of freedom in electrochemical cell design and its impli-
cation on the figures of merit, a holistic assessment is required to evaluate
economic viability. Therefore, Chapter 6 will discuss how common elec-
trolyzer configurations affect the overall process layout end economics.

2.2.2. Electrolyzer operation

Besides the electrochemical cell design, systematically adjusting the
operating parameters of the electrolyzer is important to maximize the
figures of merit listed in Table 2.1. Figure 2.4 presents the adjustable
operating parameters in CO, electrolysis. Bhargava et al. [Bhar2020]
proposed several system design rules for optimizing CO. electrolysis
to CO. They identified the following operating parameters as significant:
electrolyte composition, electrolyte flow rate, and CO, flow rate.

The electrolyte helps in multiple ways to improve CO» reduction: Large
cations lead to a more compact EDL, i.e., a lower OHP potential, as they
adsorb more easily on the electrode surface due to weaker hydration shells
compared to small cations [Mura1991]. Furthermore, certain cations, e.g.,
K*, act as a co-catalyst for CO. reduction by stabilizing reaction interme-
diates [Verm2016b; Dogo1972]. Anions with high buffering capacity, e.g.,
OH™ and HCO3 ™~ improve the selectivity for most CO, reduction products
by modulating the surface pH, thus, decreasing the proton availability
[Verm2016b]. Moreover, specific adsorption of weakly hydrated anions
can suppress proton adsorption and enhance CO; reduction [Ogur2010;
Mist2016]. In contrast, anions with low buffering capacity are more
favorable for synthesizing multi-carbon products due to high local pH
values [Hori1989; Resa2018]. High electrolyte concentration reduces the
ohmic overpotential attributed to increased ionic conductivity [Verm2016D].
However, while high concentrations of certain electrolytes have a positive
impact on the energy efficiency, Faradaic efficiency, and current density
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Figure 2.4.: Adjustable operating parameters in CO, electrolysis.

of the process, long-term stability might be affected due to corrosion of
electrolyzer parts [Bhar2020]. The electrolyte flow rate should also be
chosen high to increase the removal of OH™ ions from the catalyst surface
and thus limit (bi)carbonate formation. Additionally, high shear forces can
enhance the desorption of the reduction product [Bhar2020].

To overcome diffusion and/or solubility limitations of CO,, the flow of
gaseous CO: fed into the electrolyzer needs to be high, at least 3-4 times
larger than the stoichiometrically required amount of CO. [Jean2018].
While high flow rates are desirable, Kim et al. [Kim2015], and Van Daele et
al. [Van 2022] showed that even at low CO» feed fractions of down to 10 %
still reasonably high Fradaic efficiencies of > 70 % for CO and formate can
be reached. However, the obtained current densities in these works are
fairly low compared to what is needed for an industrially-relevant process.
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In addition, the controlled variation of the potential, referred to as
pulsed electrolysis, has garnered increasing attention as an operation
method to modulate the local microenvironment of the catalyst. The
dynamic interplay of mass transport, reaction kinetics, and charge effects
in pulsed electrolysis improves the following aspects of CO; electrolysis:
Replenishment of CO» in the BL and relaxation of the surface pH during
the off pulse [Bui2021], suppression of the hydrogen evolution reaction
by enhancing the coverage of CO, reduction intermediates at the catalyst
surface [Kim2020], and in the case of copper, induced oxide formation and
catalyst morphology changes modulate the product selectivity [Lee2001;
Jeon2021].

Revealing the influence of the aforementioned operating parameters
on mass transport and reaction phenomena through experiments is diffi-
cult due to the limited resolution of common measurement technologies.
Hence, Chapter 3 and Chapter 4 present modeling approaches to study
CO. electrolysis to CO at the electrode vicinity and in the pore network of
gas diffusion electrodes when changing relevant operating parameters.

2.2.3. Towards industrial realization

The future perspective of CO, electrolysis demands looking beyond
experiments on a bench scale and under laboratory conditions. Moreover,
a holistic assessment of process concepts, including up- and downstream,
is necessary to evaluate the potential of electrochemical CO» valorization.
First attempts on scaling up electrochemical cells for CO2 reduction reach
up to 100 cm? in geometrical surface area [Jean2018]. Also, stacks of
three cells having a surface area of 61 cm? each have been reported
[Endr2019]. Most recently, Sinton and co-workers [Edwa2023] even built a
10x800 cm? stack for CO,-to-CO reduction. However, liquid breakthrough
caused by pressure imbalance on a large scale and inadequate assembly
and compression of cell stacks calls for optimization in pressure control,
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electrode properties, and flow field design. Besides up-scaling, the
durability of the electrolyzer of up to 50 000 operating hours is crucial for
industrial realization [Step2022]. Yet, the longest continuous tests of CO»
electrolyzers are only 1 200 - 4 380 hours [Haas2018; Kutz2017]. Whereas
both works report stable operation in the tested period, degradation of
electrolyzer compartments and operation instabilities might occur when
getting closer to the desired operation time [Nwab2020]. Some of the fail-
ure modes in CO» electrolysis can be summarized as agglomeration and
pulverization of catalyst particles [Roge2017; Wu2016], catalyst poisoning
[Jeon2018], depolymerization and side-chain modification of the catalyst
binder [Nwab2020], loss in hydrophobicity and dissolution of the gas
diffusion layer [Dinh2018], salt precipitation [Nwab2020], bubble formation
[Lee2001], expansion and deformation of the ion exchange membrane
[Hori2003], and membrane polymer degradation [Fuji2012]. The different
degradation mechanisms can lead to an increase in ohmic resistance,
decrease in selectivity, reduction of the active surface area, change in
wetting properties, and loss in ion exchange membrane performance and
thus need to be mitigated. Pulsed electrolysis has already been introduced
as a strategy to improve process stability, e.g., by influencing the catalyst
morphology and avoiding salt precipitation [Jeon2021; Xu2021]. Moreover,
tuning the composition of the electrode helps to maintain the desired
hydrophobicity in the gas diffusion layer or improves its stability [Kim2016].

Apart from the electrolyzer, the up-and downstream processing need to
be considered in holistic process development. As mentioned above, feed-
ing pure CO; in excess enhances electrochemical CO» reduction. How-
ever, most CO, feedstocks contain impurities, and purification of those
might be uneconomical. Thus, several studies have looked at direct CO,
electrolysis from realistic CO» point sources [Choi2021; Zhai2009; Ko2020;
Luc2019; Xu2020]. These studies found that CO» reduction selectivity de-
creases with certain flue gas impurities, i.e., nitrogen oxides and sulfur diox-
ide being present as these are favorably reduced. However, feeding pure
CO, afterward restores catalyst activity [Ko2020]. Furthermore, the inter-
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play of competitive adsorption on the catalyst surface and the incorporation
of sulfur from flue gas can retain the CO» reduction selectivity on specific
metals [Choi2021; Luc2019]. Moreover, coating the catalyst with ionomers
hinders the mass transport of impurities to the active sites and suppresses
parasitic side reactions [Xu2020]. Regarding process intensification, inte-
grated concepts where CO is captured in a solvent, which is then fed into
the electrolyzer are also investigated [Chen2017; Li2019; Pang2022]. On
the other hand, to the best of my knowledge, there is no experimental study
on the downstream processing of electrolysis product streams. Yet, some
groups demonstrate process concepts aiming for higher product purity be-
yond tuning the conventional process variables mentioned in the previous
section. Using a solid-state electrolyte between two ion exchange mem-
branes in a three-chamber cell configuration, Xia et al. [Xia2019] were
able to produce highly concentrated formic acid without the need for fur-
ther purification. However, the additional layer comes at the cost of an
additional energy penalty, which calls for holistic optimization of the overall
process from upstream processing, CO: electrolysis, to downstream pro-
cessing [Lama2022].

Even though some challenges for the electrochemical CO» valorization are
still to be solved, companies have already started to commercialize the
process: CERT Systems [CERT2019], Dioxcycle [Diox2021], Dioxide Ma-
terials [Mate2009], RenewCO, [Rene2018], Twelve [twel2015].

2.3. Gas separation technologies

This thesis focuses on the electrochemical reduction of CO, to CO. At-
tributed to the limited conversion of CO» and the parallel occurring hydro-
gen evolution reaction, the target product CO needs to be separated from
the other gases, i.e., CO» and H,. Additionally, recycling of CO, back into
the electrolyzer is desired to increase the reactant utilization rate. Mem-
brane gas permeation, absorption, and adsorption processes are suitable
technologies to separate the present gases. The different processes are
described in the following sections.
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2.3.1. Membrane gas permeation

Membrane gas permeation has become an industrially viable gas separa-
tion technology within the last decades [Bake2004]. Compared to conven-
tional processes such as thermal purification processes, absorption, and
adsorption, membrane gas permeation shows advantages in terms of flex-
ibility, mobility, plant size, low energy demand, and low investment costs
[Meli2007].

The separation of gases in gas permeation results from gas molecule-
membrane material interactions. Process parameters, i.e., pressure and
temperature, are used to influence the interactions. Figure 2.5 illustrates
the gas permeation process for separating a binary gas mixture. In the
schematic, the light blue molecules permeate faster through the membrane
than the dark blue molecules, resulting in the enrichment of the dark blue
molecules in the retentate, while the light blue molecules accumulate in the
permeate.

Feed A A A Retentate
—_— A A A A [T
|
(Sweep) i A Permeate
A p—

Figure 2.5.: Schematic of a gas permeation membrane module with two gas
molecules. The membrane module is shown as a 4-end module with a feed,
sweep, retentate, and permeate stream.

In almost all technical applications of gas permeation today, dense
polymeric membranes are used [Meli2007]. The transport of gases in
these membranes is described by the solution-diffusion model (SDM)
[Wijm2006]. In the SDM, three steps govern the transport of a gas molecule
through the membrane: (1) absorption of the gas molecule into the mem-
brane at the feed side, (2) diffusion of the molecule through the membrane
and (3) desorption of the molecule at the permeate side. Hence, the sorp-
tion and diffusion characteristics of the gas-membrane material system
drive the gas permeation process and lead to the general expression of
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the SDM for a binary gas mixture [Bake2004]

S:D;
Ji = '(5 L(XiPr — YiPp) (2.10)

where J; is the flux of component i through the membrane, S; is the Henry’s
law sorption coefficient, D; is the diffusion coefficient, ¢ is the thickness of
the membrane, x; and y; are the mole fractions of component i in the feed
and permeate, and p; and p, are the absolute pressures in the feed and
permeate.

The first term of equation (2.10) is defined as the permeance Q;, which is a
gas - membrane specific value, while the product S;D; is called permeability
P; and gives a gas - membrane material specific value. From these values,
the selectivity «;; is derived as

Q

P;
a-F (2.11)

(|

The ratio D;/D; is referred to as mobility selectivity and reflects the dif-
ferent sizes of the two gas molecules. In general, the diffusivity decreases
with increasing molecule size, and thus, the diffusion of small molecules
through the membrane is faster. On the other hand, the solubility selec-
tivity S;/S; reflects the relative condensability of two gases. While large
molecules are more condensable than small molecules, large molecules
more easily absorb into the membrane [Bake2004; Ghos1996].
Both diffusion and sorption depend on the gas-membrane interactions
and the state of the membrane. Below the glass transition temperature
of the polymer, the membrane is in a glassy state, and the mobility of
the polymer chains is low. In this tough and rigid membrane state, the
fixed polymer chains impair the diffusive transport of gas molecules along
the concentration gradient. Above the glass transition temperature, the
membrane is in the rubbery state, the polymer chains are highly flexible,
and diffusion is magnitudes faster than in glassy polymers [Ghos1996]. In
general, the dependence of the diffusion coefficient on the membrane state
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is more pronounced than that of the solubility coefficient [Bake2004]. Thus,
mobility selectivity mainly determines the permeation in glassy polymers,
whereas rubbery polymers are sorption selective. Consequently, for
selecting a suitable gas permeation membrane, the interactions between
the membrane material and all gases must be well known.

Besides the membrane material, the process parameters influence the

gas permeation process. The last term of the SDM in equation (2.10)
describes the partial pressure difference, which is the driving force in
gas permeation. Increasing the feed pressure or lowering the permeate
pressure, e.g., by a vacuum pump, increases the flux of the permeating
component. In the general definition of the SDM, the permeability, i.e.,
the sorption coefficient, is independent of the pressure, which is valid for
small molecules, e.g., He, Hz, N2, O2, CH4). For more condensable gases,
e.g., CO,, hydrocarbons, and vapors, the Henry law is not applicable, and
different models need to be used to describe the real gas permeation
behavior [Wijm2006].
In rubbery membranes, the permeability of condensable gases increases
with increasing pressure, as described by the Flory-Huggins model
[Petr2018]. In contrast, in glassy membranes, the degressive behavior of
the permeability with increasing pressure is described by the dual-mode
sorption model [Paul1979].

In addition to the effect of elevated pressures on the permeability, the
presence of condensable gases influences the permeability and selectivity
of membranes and leads to deviations from the expected ideal permeation
behavior. This effect is called plasticization and is particularly prominent
in glassy membranes in the presence of CO, and organic vapors in
the gas mixture [Barb1988; Meli2007]. Increased absorption of these
molecules in the polymer swells the membrane, and the rigid polymer
matrix is loosened. In the swollen state, the diffusivity of the penetrating
gas molecules increases and, in turn, decreases the mobility selectivity
[Zhou1989]. Plasticization is an essential phenomenon in gas permeation
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and requires particular consideration when separating gas mixtures
containing condensable gases or vapors.

Apart from the pressure, the temperature is a process parameter that can
be used to tune gas separation with membranes [Alde2019]. Both diffusion
and sorption are dependent on the temperature, leading to the Arrhenius-
van’'t Hoff equation for the permeance

Q(T) = Q,-,O[—g(lT - %)] with E = Ep + AH (2.12)
0

where Q;(T) is the permeance at temperature T, Q;, is the permeance at
the reference temperature Ty, E is the activation energy comprising the ac-
tivation energy for diffusion Ep and the enthalpy of sorption AHg, and R is
the ideal gas constant.

For small, non-condensable gas molecules, Ep is typically larger than
|AHg|. As Ep is always positive, E also becomes positive in this case,
meaning that the permeance increases as the temperature increases
[Yamp2006]. In contrast, for condensable gases, AHs is highly negative,
and a reverse dependence of the permeance on the temperature is visible.
Nonetheless, the membrane selectivity generally decreases with increas-
ing temperature [Meli2007].

2.3.2. Absorption

Absorption refers to the separation process in which one or more compo-
nents are transferred from one into another phase based on the physical or
chemical interaction of the absorbate (absorbed component) and the ab-
sorbent (absorbing phase) [Rous1987].

The differentiation between physical and chemical absorption is based on
the origin of the absorbate-absorbent interactions. While in physical ab-
sorption, the separation depends on the solubility of the gases and the
partial pressure, in chemical absorption, reversible or irreversible reactions
between the absorbate and the absorbent occur [Rous1987]. A typical
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example of a chemical absorption process in the context of the gases con-
sidered in this work is amine scrubbing for the selective removal of CO>
[Roch2009]. Figure 2.6 presents a simplified flowsheet of the process.

CO,-lean stream COy-rich stream

Condenser

<
—
l——
x
-

Lean amine
solution

Rich amine
solution

Reboiler
Heat exchanger

Figure 2.6.: Schematic flowsheet of an amine scrubbing process, adapted from
Alie et al. [Alie2005].

The CO»-containing feed gas enters the absorption column ’Absorber’
where the gas stream is brought into contact with the lean amine solution.
The counter-current absorption in an ideal tray, i.e., a stage where liquid
and gas phases are in equilibrium, is illustrated in the zoom-in of the
column. The gas and liquid streams enter the stage with a loading of Y,
and X,.; and leave it with a loading of Y,,_; and X, respectively. The
number of actual stages in the column depends on the efficiency of a tray
which describes how close the separation in a stage approaches the ideal
stage. The amine solution selectively takes up CO, and leaves the column
at the bottom where the CO,-lean gas stream leaves the process at the
top with almost no CO» being present in the gas mixture. In the second
column, ’Stripper’, the CO.-rich amine solution is thermally regenerated
and desorbed, and CO- leaves the process at the top of the 'Stripper’. The
lean amine solution is recycled back into the 'Absorber’.

Among the available amines, Monoethanolamine (MEA) has been com-

prehensively studied and successfully implemented into industrial CO» cap-
ture plants. The advantages of MEA over other alkanolamines are fast re-
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action kinetics in the chemical binding of CO,, low raw material costs, and
a lower tendency to degradation [Kim2013].

The absorption of CO, in the aqueous MEA solution is of both physical
and chemical nature. The liquid phase reactions for the CO,-MEA-water
system are the following [Zhan2011]

2H,0 +— HzO* + OH™ (2.13)

MEAH* + H,0 «+— MEA + HzO" (2.14)
MEACOO™ + H,0 +— MEA + HCO3~ (2.15)
CO; +2H20 +— H3O" + HCO3~ (2.16)
HCO3; ™ +H20 +— H3O" + CO3%~ (2.17)

Here, CO. is primarily captured by the formation of carbamate
(MEACOO™) and hydrogencarbonate HCO3 ™.

Amine scrubbing is mainly used for the removal of CO» from natural gas,
flue gas, hydrogen, and other gases with low O, content to avoid oxida-
tive degradation of the amine [Roch2009; Dutc2015]. Figure 2.7 illustrates
qualitatively in which ranges in terms of gas flow rate and CO» concentra-
tion, amine scrubbing can be used efficiently and economically. According
to this classification, amine scrubbing is applied for large gas streams and
moderate CO» loadings in the gas stream of up to 20 - 30 mol-%. At high
CO2 concentrations in the gas mixture, the energy demand for regener-
ation of the Amine increases drastically, and other technologies or hybrid
process concepts become more advantageous.

The application of absorptive separation processes, i.e., amine scrubbing,
for emerging CO, utilization technologies such as electrolysis has only
been described recently [Aler2021].
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Figure 2.7.: Schematic classification of technologies for CO, separation depen-
dent on mass flow and CO, inlet concentration. Adapted from Baker et al.
[Bake2008].

2.3.3. Adsorption

Adsorption describes the physical or chemical fixation of the adsorbing
component (adsorbate) onto a solid material (adsorbent). Like absorption,
chemical and physical adsorption either describe the fixation due to chem-
ical bonds between adsorbate and adsorbent (chemisorption) or weaker
van der Waals forces between adsorbate and the solid surface (physisorp-
tion).

Adsorption processes are operated in a cyclic mode between adsorption
and desorption. In the adsorption step, the adsorbate is selectively con-
centrated at the surface of the adsorbent. To regenerate the adsorbent,
either the temperature is increased or the partial pressure of the adsorbate
in the gas stream is reduced. The processes are then called Tempera-
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ture Swing Adsorption (TSA) and Pressure Swing Adsorption (PSA). There
are also other cyclic adsorption processes, i.e., the Inert-Purge Cycle and
Displacement-Purge Cycle, as well as combinations of these. However, the
most common cycle in adsorptive gas separation is the PSA [Rous1987].
Figure 2.8 illustrates the PSA process concept.

Product
Column 2
) <
Product

Column 1

Vent

Pressurization , Feed Blowdown Purge

Pressure

Feed

0 03T 05T 08T T

Figure 2.8.: Flowsheet of the basic two-bed PSA system according to Skarstrom
[Skar1960] and schematic illustration of the pressure swing cycle adapted from
Ruthven [Ruth1984].

The pressure swing cycle generally consists of four steps: (1) pressur-
ization of the column, (2) adsorption of the adsorbate from the feed at high
pressure, (3) depressurization of the column to atmospheric pressure,
and (4) desorption of the adsorbate at atmospheric pressure. However,
variations of the process are possible.

The separation performance of the process is defined by the selectiv-
ity, uptake capacity, and stability of the adsorbent. There are mainly four
adsorbent materials commercially used in adsorption: molecular-sieve ze-
olites, activated alumina, silica gel, and activated carbon [Rous1987]. The
adsorption selectivity of molecules onto the adsorbent depends on the dif-
ference in either adsorption kinetics or adsorption equilibrium. In the gas
mixture discussed in this thesis (CO2, CO, H»), H> tends not to adsorb as
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strongly as CO, and CO. Wilson et al. [Wils2020] identified commercially
available high-density silicas and certain zeolites as efficient and selective
absorbents for the bulk separation of CO, from CO and H,. However, to
obtain pure CO, multiple adsorption steps and adsorbent modifications by,
e.g., impregnating activated alumina with copper or changing the structure
of zeolites, are required [Yuba2008; Kasu1991; Wils2020].

For the separation of CO,-CO-H> gas mixtures from CO. electrolysis, ad-
sorption has been considered in several techno-economic assessments
[Joun2018; Spur2018; Shin2021]. Despite the addressed complexity of
adsorptive purification of CO, these studies use simplified calculation meth-
ods to account for the economics of the downstream process. Therefore, a
more rigorous process flowsheeting is necessary to assess the applicability
of adsorption technology for product separation in CO» electrolysis.
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Chapter 3. Investigation of the near-electrode region

3.1. Introduction

The achievable activity and selectivity in electrochemical CO» reduction are
significantly affected by the local mass transport and reaction phenomena
in the immediate electrode environment [Resa2017; Ring2020; Ludw2020].
Hence, understanding and modulating the electrode micro-environment,
I.e., the electric double-layer (EDL), would help steer activity and selectivity
toward industrially relevant and commercially desirable directions. How-
ever, analytically resolving phenomena in the near-electrode region is chal-
lenging as the EDL is spatially concealed between the liquid electrolyte
phase and the solid electrode phase, as shown in Figure 3.1 [Zaer2012;
Shin2022]. Furthermore, complex species-species interactions and cou-
pled electric field effects occur simultaneously, leading to highly convoluted
measurement signals [Magn2019].

(%) Solvated anion (%) Solvated cation OHP IHP
1
. 1

Bulk Diffuse layer EDL Stern laver

Figure 3.1.: Schematic illustration of the boundary layer (BL) modeled in this work.
IHP and OHP stand for the inner and outer Helmholtz plane, respectively. In the
following, the domain where electroneutrality is not maintained is referred to as
EDL.

Therefore, researchers began to develop mathematical models of the
BL to resolve the mass transport and reactions in the electrode vicinity.
Bui et al. [Bui2021] reported a transient continuum model of the BL in
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COMSOL Multiphysics to study local pH effects and reactant transport
in pulsed electrolysis. The model uses the Nernst-Planck equation to
simulate species transport and Tafel kinetics to describe the electrode
reactions. They found that the enhancement in selective CO» reduction
to multicarbons when applying a pulsed potential profile results from
high local CO. concentrations and high pH values and overpotentials.
Even though the model of Bui and co-workers allows comprehensive
insights into the electrode-near micro-environment, it has several critical
shortcomings when modeling the BL. First, their model neglects steric
effects of ions, which become relevant in the considered potential regimes
and significantly influence the local reaction conditions at the electrode
[Bohr2019]. Bohra et al. [Bohr2019] and later Buit et al. [Butt2023] demon-
strated that a size-modified expression of the Poisson-Nernst-Planck
equation is necessary to correctly simulate the local mass transport in
the immediate electrode environment. Several researchers have imple-
mented the generalized modified Poisson-Nernst-Planck (GMPNP) or the
size-modified Poisson-Nernst-Planck (SMPNP) to obtain a more realistic
and complete representation of the BL in CO, electrolysis [Bohr2019;
Bohr2020; Ring2020; Zhu2021; Butt2023; Yu2023].

Another shortcoming in most of the BL models presented in the literature
is the definition of reaction kinetics. When resolving the double-layer,
charge transfer reactions are assumed to occur at the reactant’s plane
of closest approach to the electrode, which is roughly the same as the
outer Helmholtiz plane [Gava2000]. Hence, the driving force for charge
transfer reactions is the potential drop from the electrode to the outer
Helmholtz plane and not the potential difference between the electrode
and the bulk electrolyte, as assumed in the basic formulation of the
Butler-Volmer or Tafel equation. The corrected formulation is the so-called
Frumkin-corrected Butler-Volmer or Tafel equation [Frum1933]. Butt et
al. [Butt2023] showed that the consideration of steric effects combined
with the Frumkin-corrected equation in modeling the BL gives more valid
results than simpler reaction-diffusion or Poisson Nernst-Planck modeling
approaches.
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Chapter 3. Investigation of the near-electrode region

The aforementioned models are numerically challenging and computa-
tionally demanding. Thus, either mass transport or kinetic expressions are
simplified, or simulation times are limited to only a few seconds. How-
ever, to elucidate the underlying mass transport and reaction phenomena
in CO, electrolysis, rigorous consideration of electrode reaction kinetics
and species transport, as well as transient modeling, are indispensable.
Here, | present a time-dependent continuum model of the BL imple-
mented in the computationally efficient in-house modeling framework
E,PE, [Femm2017]. The model uses the SMPNP model to describe mass
transport and the Frumkin-corrected Tafel kinetic expression to account for
the electrochemical reactions. This allows me to study the electrochemical
COz reduction on different time scales to elaborate on species transport,
activity, and selectivity when modulating relevant influencing factors, i.e.,
the applied potential, the electrolyte concentration, and the BL thickness.

3.2. Model description

Figure 3.1 sketches the BL at the cathode simulated in this work. As the
concentration and potential gradients orthogonal to the electrode surface
are of particular interest, a one-dimensional model was implemented. The
domain of the model is confined by the two boundaries, i.e., the outer
Helmholtz plane and the bulk solution. The electrochemical reactions only
take place at the outer Helmholtz plane and comprise the CO» reduction
reaction to CO and the alkaline hydrogen evolution reaction as silver is
chosen as electrode material, see Reactions (3.1)-(3.2) [Hats2014].

CO2+H,O+2e —— CO+20H™ (3.1)
2H,O0+2e” —— H> +20H™ (3.2)

The electrolyte solution is composed of KHCO3 dissolved in water, which
is a commonly used buffer in CO, electrolysis. The model equations
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3.2. Model description

are explained more thoroughly in the following and were implemented in
the custom modeling framework E,PE, developed earlier by our group
[Femm2017].

Governing equations

The mass transport of dissolved species i at the time t in the electrolyte
solution is described by the general mass balance

86—?=—v-j,+s,- (3.3)
where C; is the concentration, v is the Nabla operator, J; is the flux, and
S; is the source or sink term. The SMPNP model is used to calculate
the flux J; of dissolved species by diffusion and migration within the BL.
The SMPNP model was only reported recently for CO, electrolysis and
demonstrated superior accuracy and numerical stability to the previously
used GMPNP model [Butt2023]. For a more comprehensive comparison of
the two models, readers are referred to the work of Butt et al. [Butt2023].

D,‘FC,'Z,'

j,'= -DivGCi+ BT

(3.4)
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Here, D; is the diffusion coefficient of component i, F is the Faraday
constant, z; is the charge number, R is the ideal gas constant, T is the
temperature, ¢ is the potential, and N, is the Avogadro constant. The g;
factor accounts for the influence of the solvent molecule size on the chem-
ical potential of each dissolved species and is calculated from the solvated
ion size of ion i, a;, and of the solvent ag

5=
=3
a
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Chapter 3. Investigation of the near-electrode region

The potential in Equation (3.4) is solved with the Poisson equation

(eoer V) = —FZZ, (3.6)

where ¢y and ¢, are the vacuum and the relative permittivity of the elec-
trolyte solution. Local variations in the concentration of cationic species
are assumed to influence ¢, by

ncat Neat ¥a)
s (Mo O g (S0 o

with €2 and My, o being the relative permittivity and molarity of water at room
temperature, w; being the number of water molecules in the hydration shell
of ion i, and 7" being the dielectric constant of water under the condition
of dielectric saturation and is taken equal to Equation (3.6).

The source and sink terms in Equation (3.3) comprise production and
consumption in the following homogeneous acid/base carbonate reactions
occurring in the aqueous KHCO3 solution

HCO; ™ +OH™ == COs* +Hz0 (3.8)
CO, + OH™ E: HCO3~ (3.9)
HoO =% H* + OH™ (3.10)

3

Here, k and k? refer to the forward and backward kinetic constants of
dissociation reactions (3.8)-(3.10). The contribution of S; to the mass bal-
ance is calculated from
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m
Si=" (nik+vik) R Vi=1..n (3.11)
k=1

n n
Rc=K][C"™ - Kk]]C ™ vk =1..m (3.12)
/=1 I=1

where p;, > 0 is the stoichiometric coefficient of the consumed species i
in reaction k and v;, < 0 is the stoichiometric coefficient of the produced
species. The coefficients are zero if species i does not take part in the
reaction. The reaction rate R, includes the forward and backward reactions
in the acid/base carbonate reactions (3.8)-(3.10).

Boundary conditions

The electrochemical reactions (3.1) and (3.2) are implemented as a flux
boundary condition at the outer Helmholtz plane. The flux J; onp is deter-
mined using the Faraday law

Vi of . _
Ji,OHP = zs: ZI::/{_S i =CO,, OH (3.13)

Here, v; ¢ is the stoichiometric coefficient of species i in the electrochem-
ical reaction s, and js is the current density calculated from the Frumkin-
corrected Butler-Volmer equation for the CO» reduction reaction (CO2RR)
and the hydrogen evolution reaction (HER)

—acomn F
%(E — Eeq.co,rRR — P0HP)

(3.14)

C:CCb,CN4P

exp
Cco, bulk

Jeco,RR = — Jo.co.RR

In the Butler-Volmer equation, jf, co,rr is the exchange current density,
Cco,.onp is the CO2 concentration at the OHP, C¢o, pui is the bulk elec-
trolyte concentration of CO2, acp,gr is the cathodic transfer coefficient,
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E is the applied electrode potential in V versus the point of zero charge
(PZC), Eqq,co,rr is the equilibrium voltage and ¢ o4p is the potential at the
outer Helmholtz plane. The Frumkin correction of the kinetic expression in
Equation (3.14) considers that the effective electrode potential to drive the
electrochemical reaction in the EDL is not the potential difference E — &g,
but E — ¢o4p [Bard2001]. The same also applies to the HER.

. . — F
JHER = — Jo,HER €XP O;QI—E-'F(E — Eeq.HER — POHP) (3.15)

The exchange current densities and the charge transfer coefficients in
Equation (3.14) and (3.15) were fitted to literature data [Hats2014]. The
point of zero charge was assumed to translate to a potential of approx.
-0.6 V vs SHE, which is in a reasonable range for silver foil with a polycrys-
talline surface structure [Bohr2019; Kost1994; Hats2014; Lu2014]. The
boundary condition for the potential was set to the potential at the outer
Helmholtz plane, which is not constant but a function of the potential gradi-
ent at that position.

oo
®onp = E — Lonp7 (3.16)

The potential of the bulk solution, representing the left boundary condi-
tion, is set to zero, and the concentrations of the dissolved species are set
to the bulk concentration of the respective electrolyte solution. Here, the
bulk concentrations are calculated from Henry’s law, the Sechenov equa-
tion, and the dissociation reactions (3.11). Henry’s law is used to calculate
the sorption equilibrium between gaseous COx, Cgoz’g (high purity CO»
gas at 1 bar), and dissolved CO; in water, C2, ,,

Ceo2.ag = K Clon g (3.17)

K3 = 93.4517 (g) —60.2409 + 23.3585 ln(%) (3.18)
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where KJ is the temperature-dependent Henry constant, calculated for
298.15 K in this work [Rieb2011]. From the concentration of dissolved
CO; in water, the concentration of dissolved COs in the electrolyte solu-
tion, Ccoz a9, Can be calculated as

CO
Iog( Coz’aq) = KsCs (3.19)
CCOZ,aq
Here, Cg is the electrolyte concentration, and Ks is the Sechenov’s con-
stant, defined as

Ks = (hcoz + hion) (3.20)
hcoe = W&oy + hloo(T —298.15) (3.21)

with  h; being the Sechenov parameters for all dissolved species
[Weis1996]. Subsequently, the concentration of all dissolved species in the
respective electrolyte solution can be calculated from the dissociation equi-
librium, see Reactions (3.8)-(3.10). The simulation parameters are listed in
Table A.1.

Numerical method

The model was implemented in C++ based on the custom in-house E,PE,
modeling framework [Femm2017]. For solving the set of coupled equations
described before, nonlinear solvers by PETSc [Bala1997] were used. The
simulation time was set to 30 s with 214 950 temporal discretization steps,
after which a steady state was assumed. A total number of 1 756 mesh ele-
ments was chosen for a BL thickness of 130 um. The differential equations
were solved in a backward Euler scheme.
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3.3. Results and discussion

The following subsections present and discuss the validity of the model
and the influence of electrolyte properties and double-layer characteristics
on the activity and selectivity of electrochemical CO» reduction on a planar
silver electrode.

3.3.1. Model validation

The model was validated with experiments from Hatsukade et al.
[Hats2014] carried out in an electrochemical flow cell with an aqueous
0.1 M KHCOQOj3 electrolyte solution and silver foil as the cathode. For the
validation, a BL thickness of 130 um was assumed based on a similar value
reported by Weng et al., who also used the data of Hatsukade et al. for val-
idation. The polarization curve in Figure 3.2(a) shows a good fit of the sim-
ulated data with the experiments. Furthermore, the limiting current density
for the electrochemical CO» reduction in the simulation is in good agree-
ment with the experimental study, as shown in Figure 3.2(b). However, the
model slightly overestimates the CO partial current density in the low and
high potential regimes. Also, the simulated partial current density for the
HER in Figure 3.2(c) is higher than the measured partial current densities
between potentials of -1.35 V vs SHE and -1.75 V vs SHE. Besides the
uncertainty in the model parameters taken from the literature, the potential
of zero charge, the BL thickness, and the charge transfer reaction kinetics
are not explicitly known for the experimental system of Hatsukade et al. For
a more accurate fit, the potential of zero charge and the BL thickness must
be determined experimentally. Nevertheless, the fitted parameters are in
a reasonable range, and the model matches the order of magnitude of the
experimental results and shows good agreement with the trends observed
in the study by Hatsukade et al.

The in-house modeling framework E,PE, allows for highly efficient tran-
sient simulations of the BL and, therefore, outperforms recently reported
studies on modeling the BL in electrochemical CO, reduction in terms of
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Figure 3.2.: Experimental (points) and simulated (curves) total (a) and partial cur-
rent densities for the electrochemical CO, reduction to CO (b) and the HER (c) as
a function of the applied cathode potential. The experimental data was taken from
Hatsukade et al. [Hats2014].

simulation time [Bohr2019]. Figure 3.3 shows the current density in the
range from 0 s to 15 s and the CO, concentration along the BL thick-
ness at different simulation times. The current density peak within the first
hundreds of us in Figure 3.3(a) is attributed to the double-layer charging.
The charging current is much larger than the faradaic current for the re-
duction reaction and can usually not be resolved experimentally as the
double-layer charging is completed after a few ps to ms (400 ps in Fig-
ure 3.3(a)) [Bard2001; Kim2020; Ha1995]. Only when decreasing the data
acquisition time of potentiostatic measurements as low as 0.2 ms Bui et al.
[Bui2021] could show the double-layer charging experimentally. It must be
mentioned that the charging current in the current model might be overesti-
mated due to a simplification made for the Robin boundary condition at the
cathode. The model assumes the same permittivity in the Stern layer as in
the electrolyte. However, a recent work by Johnson et al. [John2023] shows
that the capacitance of the Stern layer calculated under this assumption is
higher than experimentally measured values. Future work should, there-
fore, use a more realistic surface charge boundary condition.

The CO, concentration profiles for the plotted time steps from 0.001 s to
1 s in Figure3.3(b) show that CO; is steadily depleted at the electrode as
the concentration gradient along the BL increases, thus, leading to the de-
crease in current density in Figure3.3(a). Between the time step 1 s and
5 s, the slope of the CO, concentration profile changes, indicating emerg-

45



Chapter 3. Investigation of the near-electrode region

ing diffusion limitation as also shown by the plateauing CO. partial cur-
rent density in Figure 3.2(b). From that time on, the current density and
the CO, concentration profile only change slightly until after 11 s steady-
state is reached, which is in good agreement with the work of Bohra et al.
[Bohr2019] (steady-state after 10 s).
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Figure 3.3.: Current density at -1.65 V vs SHE as a function of simulation time in
the range from 0Os to 15s (a); CO, concentration along the BL at -1.65 V vs SHE
and different simulation times (b).

In the simulations carried out for the model validation, the CO, concen-
tration in the BL significantly drops in steady-state when increasing the po-
tential from -1.05 V vs SHE to -1.85 V vs SHE, as indicated in Figure 3.4(a).
At -1.85 V vs SHE, CO; is almost completely depleted in the vicinity of the
electrode (Figure 3.4(d)) resulting in the observed decrease in the CO» re-
duction rate in Figure 3.2(b). For an applied potential of -1.05 V vs SHE,
the CO2 concentration only changes slightly along the BL as the diffusion
of CO: is faster than its consumption rate in the electrochemical reduction
reaction. Only in the first 2 nm of the BL does the CO, concentration drop
from 32.5 mM to 23.3 mM. At the same time, Figure 3.4(b) shows an in-
crease in the pH in the BL from 6.8 in the bulk electrolyte to 8.7 and 11.6 at
the near-electrode region for -1.05 V vs SHE and -1.85 V vs SHE, respec-
tively. The trends observed for the pH in the BL are also in good agreement
with CO» electrolysis experiments on Ag foam in a flow cell conducted by
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Zhang et al. [Zhan2020] using operando Raman spectroscopy. However,
in the simulations of this work, the pH at the immediate electrode surface
strongly drops to 6.0 at -1.05 V vs SHE and 5.4 at -1.85 V vs SHE. The
strong pH decrease is due to the electrostatic repulsion of OH™ ions at the
negatively charged electrode and cannot be resolved with the techniques
used by Zhang et al.

The significant changes in the local pH affect the dissociation reactions
(3.8)-(3.10) as indicated by the plotted deviation from the equilibrium in
Figure 3.4(c) and Figure 3.4(f). The deviation dev from the equilibrium for
a general dissociation reaction

f
oA + B % ~C +6D (3.22)

is calculated as

kPICT D)

dev=1-— —k,f[A]a[B]ﬁ

(3.23)
where kP is the backward reaction kinetic parameter, o~ are the stoichio-
metric coefficients in Reaction (3.22), and k,f is the forward reaction kinetic
parameter.

The dissociation reaction between HCO3~ and CO3z®~ is in equilibrium
for almost the entire domain. Only in the range from 3 nm to 0.9 nm
and from 0.8 nm to 0 nm the equilibrium is strongly shifted to the left
side of Reaction (3.8) and to the right side, respectively. The negative
deviation from the equilibrium of Reaction (3.8) is most likely attributed
to the drop in pH and, thus, the absence of OH™ ions at the electrode
vicinity. However, at the immediate electrode surface, the equilibrium shifts
to the right side as the CO32~ concentration becomes almost zero due to
enhanced electrostatic repulsion and steric exclusion. The deviation of the
dissociation reaction of CO, to HCO3;~ (Reaction (3.9)) is 1 for the entire
domain, indicating that CO; is steadily consumed in the BL because of the
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Figure 3.4.: CO, concentration in the BL (130 um) at different potentials (a); pH in
the BL (130 um) at different potentials (b); Deviation from the equilibrium of reac-
tions (3.8)-(3.9) in the BL at a potential of -1.85 V vs SHE (c); CO, concentration
at the electrode vicinity for a BL thickness of 130 um at different potentials (d);
pH at the electrode vicinity for a BL thickness of 130 um at different potentials (e);
Deviation from the equilibrium of reactions (3.8)-(3.9) at the electrode vicinity for a
BL thickness of 130 um at a potential of -1.85 V vs SHE (f).

high alkalinity in the near-electrode region and sluggish reaction kinetics of
the backward reaction.

The presented results highlight the importance of modulating the local
electrode environment, i.e., reactant concentration and pH value, by tuning
the flow conditions and the electrolyte solution properties. Therefore, the
influence of the BL thickness and the electrolyte concentration are investi-
gated more deeply in the following.

3.3.2. Boundary layer thickness

The BL thickness directly correlates with the hydrodynamic conditions at
the electrode and with the applied current density or potential [Gupt2006;
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Zhan2020]. Hence, modulating, e.g., the flow rate or implementing turbu-
lence promoters, influences the BL thickness and thus affects mass trans-
port in the near-electrode region. The beneficial effect of decreasing the BL
thickness was, e.g., demonstrated experimentally by Clark and co-workers
[Clar2018a] in an electrochemical flow cell using in-situ product characteri-
zation by differential electrochemical mass spectroscopy. When increasing
the electrolyte flow rate by a factor of 8.5, they achieved six times higher CO
partial current densities in a CO, saturated 0.1 M CsHCOj3; solution. Sim-
ilar trends were also observed in another work by Clark et al. [Clar2018b]
using 0.1 M KHCOg3 electrolyte solution.
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Figure 3.5.: Total current densities at BL thicknesses of 25 um, 50 pm, and 130 pum
as a function of the applied cathode potential (a); CO partial current density (b);
CO. concentration in the BL as a function of the normalized distance from the OHP
(c); pH in the BL (d); CO32~ concentration in the BL (e); HCO3;~ concentration in
the BL (f).

Figure 3.5(a)-(b) shows the effect of decreasing the BL thickness on the
simulated total current density and the CO partial current density. Chang-
ing the BL thickness by a factor of approx. 5 from 130 um to 25 u results
in more than 11 times higher CO partial current density at -1.85 V vs SHE.
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Furthermore, the potential at which mass transport limitation becomes
apparent shifts to more negative potentials vs SHE attributed to the higher
CO; availability at the electrode, as indicated by Figure 3.5(c). The shift of
the mass transport-limited potential regime is also indicated by the change
in the slope of the CO, concentration profiles, as discussed before.

Interestingly, the pH value in Figure 3.5(d) is not significantly impaired
by the change in BL thickness. The pH is lower for smaller BLs in the
distance from 100 % to 86 % to the OHP and follows an identical course
in the remaining BL. The small difference in the pH profiles close to the
electrode can be explained by the increasing production rate of OH™ in the
charge transfer reactions when decreasing the BL thickness, as shown in
Figure 3.5(a)-(b). Hence, even though diffusive mass transport is improved
for lower BL thicknesses, the diffusive flux is balanced with the OH™
production rate. Also, the concentration profiles of CO»°~ and HCO3™ in
Figure 3.5(e)-(f) follow a fairly similar trend for the different BL thicknesses.

3= concentration is

In the immediate electrode region, however, the CO,
lower for a decreasing BL thickness due to enhanced removal of CO,>~
ions.

Again, the general trend of pH gradients and HCO3 ™~ and CO,®~ concen-
tration profiles in the near-electrode region shows good agreement with
the experimental work by Zhang et al. [Zhan2020]. Similar trends were

also found in the study of Lu et al. [Lu2020].

In summary, these results highlight the importance of decreasing mass
transport pathways, i.e., the BL thickness, in electrochemical flow cells. Be-
sides enhancing the hydrodynamics at planar plate electrodes, the imple-
mentation of gas diffusion electrodes is a promising approach to improve
the reactant transport to the reactive sites. More details on the mass trans-
port and reaction phenomena in such electrodes are discussed in Chap-
ter 4.

50



3.3. Results and discussion

3.3.3. Electrolyte concentration

The electrolyte not only modulates the near-electrode reaction environment
but also influences the polarization behavior, as shown in Figure 3.6(a).
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Figure 3.6.: Total current densities at KHCO3 concentrations of 0.05 M, 0.1 M, and
0.2 M as a function of the applied cathode potential with a BL thickness of 50 um
(a); CO partial current density (b); CO» concentration in the BL as a function of the
normalized distance from the OHP (c); pH in the BL (d); CO32~ concentration in
the BL (e); HCO3~ concentration in the BL (f).

When increasing the bulk electrolyte concentration from 0.05 M KHCO3 to
0.1 M and 0.2 M, the polarization curve shifts to higher current densities,
and the maximum total current density at -1.85 V vs SHE increases
from 22.9 mAcm™2 to 26.8 mAcm ™2 and 31.0 mAcm™2, respectively.
The increase in total current density when changing the bulk electrolyte
concentration is mostly attributed to the increasing CO partial current
density in Figure 3.6(b). A comparable trend for the current densities at
the modeled planar plate electrode is also seen in gas diffusion electrodes
as shown in the simulative works in Chapter 4 and in experimental works
[Bhar2020]. However, the observed trend for the CO partial current
density cannot solely be explained by the availability of more reactants
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as the CO. concentration in the bulk electrolyte is less for higher KHCO3
concentrations, as shown in Figure 3.6(c) [Zhon2017]. In the first part of
the BL from 50 um to 30 um, the CO, concentration profiles differ due to
the different initial bulk concentrations and are closer in the remaining BL,
especially close to the OHP, which is in good agreement with the work of
Zhu et al. [Zhu2021]. One reason for different current densities in Fig-
ure 3.6(b) is the cathodic overpotential required to drive the charge transfer
reaction, which decreases with increasing electrolyte concentration, i.e.,
from-1.13 V vs SHE to -1.14 V vs SHE and -1.15 V vs SHE for the studied
increase in the KHCO3 concentration. Even though the absolute difference
in the cathodic overpotential is small, the influence on the current density
is more significant due to the exponential behavior of the Butler-Volmer
kinetic in Equation (3.14)-(3.15).

A beneficial effect that is often ascribed to KHCO3 is the co-catalytic
function of K" in stabilizing the rate-limiting CO.°"~ reaction intermediate
[Dogo1972]. Verma et al. [Verm2016b] hypothesized in their work that in-
creasing the electrolyte concentration further improves the stabilizing effect
of K. However, the results for the K* concentration in Figure 3.7 show
that the K* concentration is almost identical when varying the KHCO3 con-
centration between 0.05 M and 0.2 M. Hence, the improved reaction rates
might be mainly due to the aforementioned higher cathodic overpotential.
Again, it needs to be mentioned that the Stern layer capacitance is overesti-
mated in the current model, which might lead to higher concentrations of K*
in the electrode vicinity, as shown by Johnson et al. [John2023]. Therefore,
the effect on the K* concentration when varying the electrolyte concentra-
tion might be blurred. Potentially, the enhanced stabilization of the CO,°~
radical becomes more relevant at higher electrolyte concentrations and not
in the concentration range studied here. Due to convergence issues, a fur-
ther increase in the bulk electrolyte concentration beyond 0.2 M was not
possible with the current model.

Furthermore, the higher KHCO3 concentration of 0.2 M leads to an in-
creased buffer capacity and thus lower pH values over almost the entire BL
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Figure 3.7.: K" concentration at -1.85 V vs SHE for 0.05 M, 0.1 M, and 0.2 M
KHCO3; over the logarithmic distance from the OHP.

compared to 0.05 M and 0.1 M, as shown in Figure 3.6(d). Nevertheless,
the CO2 concentration is higher for lower electrolyte concentrations, which
is most likely due to the lower initial CO2 concentration in the bulk and the
higher consumption rate in the charge transfer reaction.

The downside of the enhanced buffer capacity of the 0.2 M KHCOs3
electrolyte solution is the increasing formation of CO3?~ and HCOs~
according to Reaction (3.8)-(3.9). Figure 3.6(e) shows that the CO3%~
concentration increases drastically from the bulk concentration of 0.33 mM
to 121.3 mM at a distance of 6 nm from the electrode in case of the
0.2 M electrolyte solution. A common issue in electrolyte buffered CO»
electrolysis, especially when using porous gas diffusion electrodes, is the
precipitation of salts near the catalyst layer, leading to blockage of diffusion
pathways and electrode flooding and thus losses in process activity and
selectivity [Disc2022]. Even though this work deals with planar plate
electrodes where the risk of salt formation is mitigated, the aforementioned
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findings can be transferred to the operation of gas diffusion electrodes. In
porous electrodes, the BL thickness in the catalyst layer pores would be
in the range of the pore radius (-nm). As the CO3~ concentration does
not change significantly when reducing the BL, as shown in Figure 3.5, the
increased formation of COs?™ near the catalyst would lead to concentra-
tions close to the solubility limit at electrolyte concentrations that are used
in some experimental works [Bhar2020], which have higher bulk CO32~
concentrations (>~1.0 M). Therefore, these results highlight the importance
of maintaining a balance between the buffer capacity of KHCO3; and the
risk of salt formation due to CO32~ formation.

The same conclusions also apply for HCO3™, even though the HCO3;~
profile shows a descending trend towards the electrode, as plotted in
Figure 3.6(f). When increasing the KHCO3; concentration from 0.05 M
and 0.1 M to 0.2 M, the level of HCO3~ concentration notably increases,
especially in the region from 1 ym to 0.004 um in front of the OHP. The
higher HCO3~ concentration close to the electrode might result not only
from the higher bulk concentration but also from the increased local
production of OH™ in the charge transfer reactions and the subsequent
formation of HCO3 ™~ as in Reaction (3.9).

The simulation results on the variation of the electrolyte concentration
reveal that high KHCOj3 concentrations are most favorable for electrochem-
ical CO. reduction due to low cathodic overpotentials and enhanced buffer
capacity. However, local increases in CO3°~ and HCOs~ concentration
near the electrode surface limit the use of highly concentrated electrolyte
solutions in CO; electrolysis in order to mitigate salt precipitation. It needs
to be mentioned that in the conversion of the model results from V vs PZC
to V vs SHE, the same voltage vs PZC (listed in Table A.1) was used
even though the bulk pHs of the various electrolyte concentrations differ.
However, the difference in the bulk pH, as shown in Figure 3.6(d), is minor,
and therefore, the influence should be negligible.
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3.4. Conclusion

This work reports a one-dimensional transient model of the BL at a planar
plate electrode for the electrochemical conversion of CO» to CO. The model
describes the transport and dissociation of dissolved species in the domain
and accounts for their actual solvated size using the SMPNP model. More-
over, charge transfer reactions, i.e., the electrochemical CO, reduction and
the hydrogen evolution reaction, are modeled with a Frumkin-corrected
Butler-Volmer kinetic. The presented polarization curves and concentra-
tion profiles in the BL are in good agreement with experimental data from
the literature, proving the good validity of the model. Interestingly, the pH
drastically shifts in the near-electrode region from high alkaline pH values
of approx. 12 to pH values of around 5-6 at the immediate electrode sur-
face. These local changes are experimentally inaccessible and often not
correctly resolved in most models. However, the results give essential in-
sights on local increases in CO32~ and HCO3 ™~ concentration, which might
lead to salt precipitation when, e.g., modulating the electrolyte concen-
tration. Decreasing the BL thickness, i.e., improving the hydrodynamics
at the electrode, leads to a significant increase in the CO partial current
density attributed to enhanced CO. mass transport to the electrode. On
the other hand, the pH, as well as the CO3%~ and HCO3~ concentrations,
are not as strongly affected as the polarization behavior. Furthermore, the
KHCOj3 concentration was varied to influence the activity and selectivity of
CO; electrolysis. Besides the beneficial effects of increasing the electrolyte
concentration on the cathodic overpotential and the buffering capacity, the
aforementioned local increases in CO3?~ and HCO3;~ concentration limit
the use of highly concentrated electrolyte solutions. Surprisingly, the con-
centration of K™ at the immediate electrode surface, which is thought to
have a co-catalytic effect on the CO, reduction, is not significantly affected
when increasing the KHCO3 concentration in the studied regime.

While this work highlights the positive effects of changing the electrolyte so-
lution characteristics and decreasing the BL thickness, i.e., improving the
hydrodynamics at the planar plate electrode surface, the length of reactant
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transport paths needs to be significantly reduced to enhance the activity
and selectivity of the electrochemical CO, reduction. One promising ap-
proach is the use of porous electrodes, so-called gas diffusion electrodes,
which will be discussed in the following chapter.
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Chapter 4. Elucidating mass transport and conversion phenomena in the GDE

4.1. Introduction

The research in electrically driven CO, valorization has emerged during
the past 30 years [De L2019]. A remarkable development in the research
field is the development of gas diffusion electrodes (GDEs), replacing the
previously used full metal electrodes. GDEs, as illustrated in Figure 4.1,
overcome the limited CO, solubility in aqueous electrolytes by enabling
fast mass transport of diluted CO, towards the reactive sites of the cat-
alyst due to short diffusion pathways [Cook1990; Weng2018; Dunw2018;
Venn2019a; Higg2018; Shi2020]. As a result, significantly higher current
densities and production rates of CO» reduction reaction products were
achieved, moving the technology closer towards industrial application [De
L2019].

Ag nanoparticles Carbon paper

!

KHCOj, solution
(constant composition)

!

CO,, CO, H,
(ideally mixed)
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Y Y Y \
Electrolyte Catalyst Diffusion Gas channel
channel layer medium
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« molar flux for all ionic species @ « composition equal to bulk

« zero flux for all gaseous species [ » molar flux of all gaseous species

- applied cathode potential

CL — DM interface

» zero flux for all ionic species

Figure 4.1.: Schematic of a GDE as considered in this work and model structure
of the one-dimensional GDE model. CL and DM refer to the catalyst layer and
diffusion medium, respectively

However, the experimental quantification of species transport within
the GDE is difficult. At the moment, only modeling can help to obtain a
comprehensive understanding of the influence of operating parameters
and GDE properties on the CO; reduction. Only recently, a limited number
of publications have been dedicated to this issue [Dela2010; Wu2014;
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Weng2018; Weng2019; Brée2020; Tan2020; Kas2021].

Weng et al. [Weng2018] investigated how different states of wetting of the
catalyst layer (CL) influence the mass transport towards the electrode and
the COy reduction rate. They showed that flooding of the CL negatively
affects CO, mass transport, especially at high current densities. By either
decreasing the catalyst loading or increasing the electrolyte flow rate and
CL porosity, the CO» reduction reaction can be improved. Weng et al.
assumed a constant gas composition in the gas channel. Hence, the
model does not consider changes in the gas composition with varying
fluid flow conditions. Thus, diffusion resistances in the gas phase cannot
be represented. In particular, mass transport limitations at low gas flow
rates as well as low CO, feed fractions might not be displayed correctly
by the model. Recently, Bree et al. [Brée2020] modeled different reactor
configurations with either a GDE or planar full metal electrode, based
on an experimental study from Vennekoétter et al. [Venn2019a] The
model allows the computation of the ohmic and mass transport-related
overpotentials in the different reactor configurations in order to assess the
energy efficiency of the given reactors. The authors also considered three
different configurations where GDEs were used as the cathode. However,
in the study of Bree et al., the CO, gas was supplied in dead-end mode,
where it is pressed through the GDE into the liquid layer. Furthermore,
Bree et al. modeled gas transport in porous media using Fick’s diffusion.
However, Suwanwarangkul et al. [Suwa2003] depicted in a study on gas
transport in solid oxide fuel cell anodes that the dusty gas model is the
most appropriate to describe the transport of Hy, H,O, CO, and CO; in
porous media. Especially at high operating current density, the assumption
of equimolar counter diffusion may not hold. Wu et al. [Wu2014] modeled
a microfluidic cell for CO» reduction, including a GDE. The study investi-
gates the influence of gas flow rate and composition, as well as channel
dimensions and GDE porosity at current densities below 80 mAcm™2.
These current densities, however, are not relevant for industrial processes
that operate above 200 mAcm"z.[Burd2019] At high current densities,
mass transport limitations become prominent, and therefore, the opti-
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mal operation and design of the electrodes must be assessed at such
relevant conditions. Tan et al. [Tan2020] presented a one-dimensional
mass-transport model to predict the local CO, concentration and the local
pH value within the GDE inside a flow cell at different current densities.
Tan et al. simulated the influence of the CL thickness and CO, fraction at
the three-phase boundary on the local CO, concentration within the CL.
The consumption of CO, and the production of OH™ are calculated from
Faraday’s law at a given and fixed current density and constant Faradaic
efficiency. The potential distribution within the GDE and electrochemical
kinetics are not considered in the model. Therefore, the influence of
changing conditions in the GDE on the electrochemical reactions cannot
be displayed. Furthermore, mass transport within the diffusion medium
(DM) is not implemented in the model, but a constant CO, fraction at the
CL - DM junction is assumed. Thus, the investigation of mass transport
limitations in the gas phase at different gas flow rates is not feasible. In a
recent publication, Blake et al. [Blak2021] published both a numerical and
an analytical model that approximates the cathodic CL environment. The
models show good agreement with experimental data from Verma et al.
[Verm2016b] and allow me to study the influence of geometrical changes
of the CL and electrolyte flow on the energetics and the liquid species
concentration within the CL. In their models, Blake et al. do not model gas
diffusion within the GDE or the gas flow in the gas channel. However, the
local gas transport in the GDE, as well as the composition of the bulk gas
phase, have a significant impact on CO. reduction when operating a GDE
in flow-by mode.[Jean2018; Bhar2020]

With the model described in this chapter, | study the electrochemical
CO, reduction at industrially relevant current densities, considering varying
compositions and flow rates in the bulk gas phase and the liquid electrolyte,
diffusion resistances in the gas diffusion electrode, and non-equilibrium dis-
sociation reactions. My work will, therefore, answer and discuss the follow-
ing questions to guide research on GDEs:

» What is the local pH value at the catalyst layer when the bulk elec-
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trolyte buffer strength is increased, and how does this affect CO» re-
duction?

» Can variation of the electrolyte flow rate influence the CO, reduction
rate?

» Why is it beneficial to feed CO in excess along the GDE?

» Can the GDE properties be tuned to increase the CO, reduction rate?

4.2. Methodology

This section describes a model of a GDE operating in flow-by mode. The
overall model structure and the system of equations are described in the
following. The gas channel is considered a well-mixed exchange reservoir
with an inlet and outlet flow connected to the GDE via a mass balance.
The electrolyte channel boundary is modeled as a flux boundary with a
mass transport correlation and constant bulk composition. The description
of mass transport in the GDE using the dusty gas model and Nernst-Planck
equation in the gas and liquid phase allows for an accurate investigation of
multi-component mass transport within the GDE. Table A.2 lists the simu-
lation parameters.

4.2.1. Model structure

Figure 4.1 sketches the model structure considered in this work. In
general, GDEs consist of a gas diffusion layer (GDL), a microporous layer
(MPL), and a CL. The GDL and MPL form the DM. The developed model
of the GDE is one-dimensional with respect to the direction orthogonal to
the gas and liquid flow. Steady-state operation under ambient conditions
is assumed. The temperature is taken to be constant, which is valid on
a small scale [Whee2020]. The GDE consists of a CL and a DM. The
bulk electrolyte concentration is assumed to be constant, while the gas
channel is modeled as a zero-dimensional, well-mixed exchange volume.
The cathode potential is taken as the input parameter for all simulations.
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Silver nanoparticles are chosen as a catalyst. Thus, CO, reduction to
CO and H. evolution are the only electrochemical reduction reactions
considered [Hats2014]. In this study, an aqueous KHCQOj; solution is
chosen as an electrolyte. Therefore, H»O is the primary source for the
hydrogen evolution reaction (HER) as the concentration of H" in a neutral
electrolyte is at least eight orders of magnitude smaller than that of H,O
[Sing2017]. The gas phase consists of CO,, water vapor, and the two
gaseous products CO and H,. Dissolved CO and H» in the liquid phase
are neglected due to their low solubility [R L 2003].

The transport of species in the gas- and liquid phase must follow mass
conservation, such that for species i
on;

ax = Opri+ Aeri+ A (4.1)

where n; is the molar flux of species i, Rprj, Rct i, and Ry ; are the volumet-
ric source terms due to phase transfer (PT), charge transfer reactions (CT)
and homogeneous reactions occurring in the liquid phase (). Mass con-
servation is written for all species except for H>O. A source term for phase
transfer is only considered in the CL for dissolved COz,q) and gaseous
COo, respectively. Rqr; applies to species involved in the electrochemical
reduction reactions, such as COzq), OH™, and gaseous CO and H,. Ho-
mogeneous reactions in the liquid phase due to acid/base carbonate and
water dissociation reactions occur in the electrolyte channel and the CL
and apply to all dissolved species.

4.2.2. Gas phase

The dusty-gas model is used to model the multi-component gas flux of COa,
CO, and H; within the porous GDE [Yuan2014]

n . . .
p oy yin; = yin; n; (4.2)
R - E : ff o ff :
T ox j=1j#i Dﬁ/ Die,K
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where p is the local pressure in the gas phase, R is the specific gas
constant, T is the temperature, and y; and y; are the fractions of gaseous
species i and . ijff is the effective binary diffusion coefficient of species i
and j, and D?f is the effective Knudsen diffusion coefficient. Viscous flow
is neglected because the gradient in pressure along the GDE is considered
to be small.

The Bruggeman relationship describes effective diffusion coefficients for
gas diffusion in porous media, considering the porosity ¢, and tortuosity 7,
of medium m [Yuan2014]

peff - Mp_¢:p (4.3)
Tm
Binary diffusion coefficients are calculated using an empirical correlation
introduced by Fuller et al. [Full1966]

0.0101325-10-3T175(M, 2 + M, 2)
Di,j = 1 1 : (4.4)

pG(V,'§ + Vf)

where M; and M; are the molar mass of species i and j, pg is the gas phase
pressure, and v; and v; are the diffusion volumes for species i and j. In this
model, changes in the binary diffusion coefficients due to changes in local
pressure are neglected. All binary diffusion coefficients are calculated at
ambient pressure (0.101325 MPa) and with diffusion volumes taken from
Fuller et al. [Full1966]. The Knudsen diffusion coefficient D; x for species i
in a pore of medium m with diameter dp,  is defined as [Yuan2014]

2 |8RT
D,',K = §dp’m W—M (45)

The generalized Graham’s law describes the molar diffusion flux of the
nth gaseous species H20. It considers the counter-current diffusion of the
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gaseous species within the CL and DM and is defined as [Solc2001]

> hi/Mi=0 (4.6)

An additional equation is required to calculate the fraction of the n?
gaseous species from the overall fractions

Z yi=1 (4.7)

The relationship of gaseous species fraction y; and partial pressure p; is
given by

Pi
R 4.8
Yi= s (4.8)
Since the gas phase is assumed to be saturated with gaseous H>O at all
times, the partial pressure of H2O is set to its saturation pressure pg(, at
ambient conditions and its fraction in the gas phase is given by

igo= 0 (4.9)
Gaseous species that are produced by electrochemical reactions on the
catalyst surface are assumed to be transported directly through the DM to-
ward the gas channel. Gas bubbles and possible bubble dynamics within
the liquid phase of the CL and the electrolyte channel are neglected. This
is a valid assumption for small reactors with flowing electrolytes in a certain
flow rate regime, as it has been shown that bubbles are effectively washed
away by the flowing electrolyte without any impact on the reactor perfor-
mance [Jaya2005].
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4.2.3. Liquid phase

The Nernst-Planck equation is defined for all liquid phase species as
[Schm2003]

=D 16,2 (4.10)

where ¢; is the molar concentration and u; is the mobility of species i.
¢; denotes the electrolyte potential in the liquid phase. The liquid phase
species comprise COzaq), K*, H*, COs*~, HCO;~, OH™. Liquid prod-
ucts formed in the reduction reaction are neglected, which is valid for sil-
ver electrocatalysts where CO and H» are the major reduction products
[Hats2014]. The Nernst-Einstein relationship is used to determine the mo-
bility u; [Schm2003]

ff
Dle Z,'F

Yi=TRT

(4.11)

where z; is the charge of species i and F is the Faraday constant. The
effective diffusion coefficients are determined by applying the Bruggeman
relationship, see Equation (4.3).

Next to the Nernst-Planck relationship, an additional equation is required
in order to obtain a fully determined system. In this model, the electrolyte
potential ¢, is determined by assuming an ohmic relationship of the local
liquid potential ¢, and the local current density within the liquid phase j
[Newm1962; Pinn2011]

j = _U,eff% (4.12)

The effective local conductivity o¢" of the liquid phase within the GDE is
calculated under consideration of the local concentration of ionic species
[Newm2004]
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F2
of" = FY |zl uici = T > zZ2De"c (4.13)
j j

As aqueous KHCOg3; solution is used as a buffering electrolyte, the follow-
ing four acid/base carbonate reactions occur in the liquid phase [Hash2018]

COs + HpO kk: H* + HCOs™ (4.14)
1
HCO5~ —ké H* + COs2 (4.15)
COy + OH™ —kk; HCO3™ (4.16)
-3
HCOs™ + OH™ == M0 + COz*~ (4.17)

Here, HoCOj3 species is ignored, as it is only relevant at pH values be-
low 7.4 [Sull2012]. Equilibrium constants are taken from Schulz et al.
[Schu2006]. In addition to the acid/base carbonate reactions, water dis-
sociation takes place

H,O ?& H* + OH™ (4.18)
—W

In this model, reactions (4.14)-(4.18) are not assumed to be at equilib-
rium due to the continuous consumption and production of liquid phase
species as the charge transfer reactions proceed. The resulting source
term for liquid phase species i from n homogeneous liquid phase reactions
is given by

Ri=> siktkn [] ¢—kn]] © (4.19)

Sn’j<0 Sn’j>0

where k, and k_, are the forward and reverse reaction rates, s, is the
stoichiometric coefficient of species i and j which are denoting the species
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involved in reaction n.

Phase transfer between gas- and liquid phase is assumed to occur solely
for CO, and H»O. Dissolution of CO and H in the liquid is neglected
because their solubility in water is multiple orders lower than that of CO»
[Torl2018]. The source term Rpr ¢o, regarding the phase transfer of CO; is
written considering Henry’s law

Rer co, = Ker.co, @y (Hoo, PG Yo, — Ccou) (4.20)

The dissolution of CO, is modeled using a mass transfer coefficient
Kpr.co, according to the film theory [Vija2005]

D
kPT1602 = ?502 (4-21 )

where D¢, is the diffusion coefficient of COxaq) in the liquid phase. Fur-
thermore, in Equation (4.20), Hco, is the Henry constant for CO. at ambient
conditions and is set to 34-10 > molm~2Pa~".[Carr1991] The direction of
CO; phase transfer is from gas phase to liquid phase because CO in the
liquid phase is consumed due to electrochemical reduction. Hence, the
source term Rpr c0, in the mass conservation, Equation (4.1), is set nega-
tive for the gas phase and positive for the liquid phase.

4.2.4. Solid phase

Ohm’s law is used to describe the electron transport within the solid phase
s of the medium m, which is either the CL or the DM

lsm = o 205 (4.22)

where is i is the local current density in the solid phase, ¢sm is the local
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solid potential, and o¢", is the effective conductivity of the CL and DM,
respectively. The electrical conductivity of the DM is corrected with the
Bruggeman relationship, see Equation (4.3).

Charge conservation is assumed in the entire GDE, such that

discL Ol _sx—:
= o = —avzk: i (4.23)

where i, is the partial current density of reaction k, happening on the in-
terfacial surface area aj. The interfacial surface area ay of the spherical
catalyst nanoparticles in the CL is defined as surface area per volume

ay = 601 -car) (4.24)
dag
The distribution of liquid in the GDE is accounted for using the thin-film
modeling approach. Thus, the walls of the pores are considered to be partly
covered by a thin film of electrolyte, whereas the remaining volume of the
pore is filled with gas. From that, the active surface area a) follows as

ay = ayS (4.25)

The thickness of the thin film ¢ is calculated as a function of saturation S
based on the cross-sectional area A of a pore with a mean diameter ad, as
follows

A 7ds — 5(dp —20)
s=21_ , 4.26
Ap zd3 ( )

§= %(1 ~J/1-8) (4.27)

The resulting fractions in the CL are ¢¢ (1 — S) for the gas phase, ¢ S
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for the liquid phase, and 1 — ¢, for the solid phase, where ¢, is the poros-
ity of the CL in the absents of a liquid phase. The thickness of the CL,
Lc,, is determined using the catalyst loading of Ag nanoparticles mug per
geometrical electrode area Ag

Ag pag (1 —€ct)

Lo (4.28)

where p,q is the density of silver.

4.2.5. Electrode kinetics

Two charge transfer reactions are considered at the catalyst surface in this
model. These are the CO», conversion to CO and the HER from H;O, see
Equation (4.29) and Equation (4.30), respectively.

CO2aq) + H2O+2e™ —— CO+20H" (4.29)
2HO+2e” —— Ho +20H™ (4.30)

The source term relating Rcr; to the charge transfer reactions for liquid
phase species i = COzrq, OH™ and gas phase species k = CO, H; is
defined as

Sikayi
Reri=»_ ;,\;(zkak (4.31)
Pl

where s; « is the respective stoichiometric coefficient of species i in reaction
k and N, x is the number of electrons transferred in reaction k. The reaction
kinetics of the charge transfer reactions are calculated from Tafel kinetics
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. Ccoug) - — F
ico = Cf;% 2 io,co exp(%) (4.32)
2
. . —ap, F
i, = o, XP(—" o 2) (4.33)

where [y is the exchange current density, oy is the charge transfer coeffi-
cient and r is the overpotential for reaction k. The exchange current den-
sity and the transfer coefficient are fitting parameters. In this work, these
parameters are fitted to match experimental data for a 0.5 M KHCO3 solu-
tion, determined in the work from Verma et al. [Verm2016b]. In the case of
COo reduction to CO, the limiting solubility of aqueous COx(aq) is taken into
account by the first term, where cco,,,, is the local COz(aq) concentration in
the CL and cgaéz is the saturation concentration of dissolved CO, at ambient
conditions. H>O is considered to be available in excess. The overpotential
nk includes ohmic losses due to electrical and ionic conductivity within the
GDE accounted for by the local potentials of solid phase ¢s, and liquid
phase ¢,. The standard electrode potential E of reaction k is corrected for
the operating conditions by the Nernst equation, where a pH value aver-
aged over the CL is used to reduce numerical complexity. This leads to the
overpotential of reaction k described by

2303 RT PH) B Jtotal WRer

Mk = dsm — & — (EP — F (4.34)

OEC

The last term covers changes in the electrical conductivity of the elec-
trolyte when varying the ion concentration. Thus, cathodic potentials in this
work are not IR-corrected. Here ji.;, is the sum of both partial current den-
sities, Wger is the distance of the GDE to the reference electrode and g is
the ionic conductivity within the electrolyte channel determined analogously
to Equation (4.13).

The partial current densities ji are calculated by integrating the local cur-
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rent densities i, in the CL
cL
Jie = / ay, i dx (4.35)
0

4.2.6. Boundary conditions

The flow channels of electrolyte and gas are the boundary regions of the
model. The composition in the electrolyte channel is taken constant, while
the gas channel is modeled as an ideally mixed volume with an inlet and
outlet.

Electrolyte channel

The diffusion layer between the GDE and the flowing electrolyte is modeled
as a flux boundary condition with the molar flux described by

Nec.i = Kec,i (Couik,i — Cx=0,) (4.36)

where ngc ;i is the molar flow leaving the electrolyte channel towards the
GDE. Here, EC denotes the electrolyte channel at the GDE boundary x = 0.
Crulk,i 1S the concentration of liquid phase species i and is assumed to be
equal to the inlet composition. c¢,g; is the concentration in the GDE at
position x = 0. The mass transfer coefficient kg ; is calculated on the
basis of the Sherwood- Reynold- Schmidt correlation for laminar flow (Re <
3.10°)

D; ,pvecl 1,0y
kec, = 1.85 L (FES=E)3 () s (72)3 (4.37)
E K Pl E

wj

wl=
—~

where Lg and dg are the length and depth of the electrode being equivalent
to the length and depth of the flow channels and wg; as the width of the
electrolyte channel. p and ;. are the density and viscosity of the liquid. The
flow velocity vgq is calculated from the electrolyte flow rate qgc and the
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channel dimensions wg; and de. The hydraulic diameter g, is given by

_ 2WECdE

dy =
7™ Wee + dg

(4.38)

At the electrolyte channel boundary x = 0, all gas phase molar fluxes are
set to zero. As the DM is assumed to be dry, liquid phase molar fluxes and
liquid phase properties (i;, ¢;) are set to zero at x = CL.

Gas channel

A mass balance describes the inlet and outlet flows of the gas channel.
Since dissolved CO and H» are neglected, the amount of CO and H, dif-
fusing into the gas channel is governed by the rate of electrochemical re-
duction reactions. The molar flux density, Ngc ;, is therefore calculated on
the basis of the current density jx of reaction k by Faraday’s law

ok
nGC,I = Nz,kF (439)
The amount of gaseous CO» supplied by diffusion from the gas channel
is assumed to be equal to the amount of CO, that is dissolved in the
electrolyte. Therefore, Equation (4.20) is also used to calculate the molar
flow Nge.co, of CO2 leaving the gas channel into the GDE.

The local gas phase fractions in the DM at the position of gas channel
boundary x = GDE, y,_gpe,, are set equal to the gas phase fractions
within the gas channel Ybulk,i-

4.2.7. Numerical method

The presented model equations are solved by gPROMS ModelBuilder. The
overall model is divided into one composite model and three submodels
that are solved in parallel during the simulation. Because of the opposite
inlets of the electrolyte and gas channels, two different discretizing meth-
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ods are used for the submodels. The electrolyte channel inlet model and
liquid phase model are solved using a first-order back finite differential
method. The gas phase model and the composite model are solved using
a first-order forward finite differential method.

The differential-algebraic equations are solved using a fully implicit solver
following the Runge-Kutta method. A non-uniform grid is used in the distri-
bution domain, as large gradients are expected in the small CL compared
to the ones occurring in the DM. A logarithmic grid transformation is applied
to the distribution domain, leading to a high number of steps in the CL at
the beginning of the domain and fewer steps in the DM. The number of step
elements is set to 2 000.

4.3. Results and discussion

The following subsections present the simulation results and discuss the
influence of electrode properties and operating parameters, such as the
electrolyte concentration and flow rate, and the gas composition and flow
rate.

4.3.1. Model validation

The kinetic parameters in the Tafel equation in Equation (4.32) and Equa-
tion (4.33) were fitted to match the experimental results for 0.5 M KHCO3
in the work from Verma et al. [Verm2016b]. More detailed information on
the reactor setup and the operating parameters used in the experiments
is reported in the work from Whipple et al. [Whip2010b] and Verma et al.
[Verm2016b]. Figure 4.2 shows simulation results from this work and ex-
perimental results from the work of Verma et al. The graphs present the
partial current density of CO and H, as a function of the cathode poten-
tial at different KHCO3 concentrations. When increasing the potential, also
the CO and H» partial current densities increase. In the medium potential
range from -1.2 V vs SHE to -1.6 V vs SHE, the partial current density of
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Figure 4.2.: Comparison of simulation (line) and experimental results (symbol) for
(a) CO partial current densities and (b) H» partial current densities as a function of
the cathode potential vs SHE for various KHCO3 concentrations. The experimental
data is taken from Verma et al. [Verm2016Db].

CO differs stronger to the experimental results for higher concentrations
of 2.0 M KHCOs;. Discrepancies at higher KHCO3 concentrations above
-1.2 V vs SHE may result from the beneficial effect of K" ions on the stabi-
lization of the radical CO,*~ intermediate in the electric double-layer, which
is not accounted for in the model. For more detailed information on this,
see: [Verm2016b; Bard2001; Resa2017; Dogo1972; Paul1988; Ring2019;
Thor2012] The simulated Hy partial current density differs strongly from the
experimental results for all plotted KHCO3 concentrations and for potentials
higher than -1.4 V vs SHE. The deviation between simulation results and
the experimental data might result from mass transport limitations of the
reactants in the HER at elevated potentials.

4.3.2. Influence of the electrolyte buffer concentration

As shown in Figure 4.2, the partial current densities of both electrochemical
reactions increase for each applied cathode potential when increasing the
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concentration of KHCO3 in the electrolyte. Figure 4.3 displays this effect
for an extended range of KHCO3; concentrations from 0.1 M to 3.5 M. The
simulation results of the CO partial current density and the CO fraction
at the gas channel outlet are shown for an applied cathode potential of
-1.6 V vs SHE and -1.8 V vs SHE. At -1.6 V vs SHE, the increase in CO
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Figure 4.3.: CO partial current density (solid line) and CO fraction in the gas chan-
nel outlet (dashed line) at -1.6 V vs SHE and -1.8 V vs SHE as a function of elec-
trolyte concentration.

partial current density is not as significant as for -1.8 V vs SHE. For the
higher potential, a steep increase in CO partial current density occurs
when increasing the KHCO3 concentration from 0.1 M to 1.0 M. The pos-
itive effect of an increasing KHCO3 concentration on the electrochemical
CO2 reduction becomes smaller at concentrations above 1.0 M as the
curves of CO current density and CO outlet fraction start to flatten. Thus,
the increase in CO partial current density in Figure 4.3 demonstrates
that ionic conductivity has a beneficial effect on the energetics of the
process. Furthermore, the KHCO3; concentration has a more pronounced
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effect on the electrochemical CO. reduction at high cathode potentials.
At low cathode potentials, the electrochemical reactions are kinetically
controlled as the resulting CO current density is limited by charge transfer.
Thus, the electrolyte salt concentration weakly influences the attainable
current density at low potentials, where the charge transfer resistance
dominates. The influence becomes more pronounced at high potentials
above -1.3 V vs SHE, as shown in Figure 4.2. However, Figure 4.3 also
reveals that even though the ionic conductivity is further increased, the CO
partial current density flattens. The electrical resistance of the electrolyte
decreases when increasing the electrolyte concentration and becomes
almost constant for KHCO3; concentrations above 1.5 M. Thus, a limit is
reached where the conductivity of the electrolyte cannot be increased any
further. The correlation between the results shown in Figure 4.3 and the
trend in the electrical conductivity of the electrolyte demonstrates that the
flattening ohmic resistance is the reason for the stagnating CO partial
current density when increasing the electrolyte concentration. These
results highlight the need for an IR-drop compensation at every applied
potential when investigating GDEs to exclude the influence of the ionic
conductivity in the electrolyte channel.

Some studies also assign the increasing buffer capacity of KHCO3 at
increasing electrolyte concentration as a reason for the improved reduction
rate in CO, electrolysis at elevated potentials [Hash2018]. To investigate
the buffering effect, Figure 4.4 shows the pH value in the CL as a function of
the cathode potential at different KHCO3 concentrations. When increasing
the cathode potential, the enhanced CO, reduction rate at high electrolyte
concentrations results in an increased production of OH™ and, therefore,
a higher pH, despite the higher buffering capacity. Because of this effect,
the lines for 0.1, 1.0, and 3.0 M KHCOg3 intersect at about -1.3 V vs SHE to
-1.6 V vs SHE. Consequently, the buffering effect of the electrolyte plays
a more dominant role at lower potentials and becomes less significant at
elevated potentials. The aforementioned results complement the findings
of Chapter 3 in the low KHCO3 concentration range at a planar plate
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Figure 4.4.: Average pH in the CL as a function of applied cathode potential vs
SHE for 0.1 M (dashed line), 1.0 M (solid line) and 3.0 M (dotted line) KHCO3.

electrode.

Figure 4.5 shows the liquid phase concentrations of COz(aq), HCO3™,
CO3%™, and OH" in the CL as a function of cathode potential vs SHE and
for 1.0 M and 2.0 M KHCOs3. As mentioned previously, liquid reduction
products are neglected in this study due to the low selectivity of silver to
other CO; reduction products other than CO. The shown concentrations
are averaged values of the local liquid phase concentrations in the CL.
The HCO3 ™~ concentration in the CL is higher in the case of 2.0 M KHCO3
as more HCO3™ is transported into the GDE from the bulk electrolyte.
The concentration decreases strongly with increasing potential, which
might be attributed to: (1) The depletion of HCO3;™ in Equation (4.17) due
to the strong increase in OH™ production in the CO, reduction reaction.
(2) CO2 consumption in the reduction reaction is increased at higher
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Figure 4.5.: Concentrations of liquid phase species CO2(aq) (solid line), HCO3™
(dashed line), CO3?~ (dashed and dotted line) and OH™ (dotted line) in the CL as
a function of cathode potential vs SHE for 1.0 M (left) and 2.0 M (right) KHCOs.
The concentrations are averaged over the thickness of the CL. The concentration
at the solubility limit of KoCOg is taken from Xu et al. [Xu2021].

potentials. Therefore, the reaction of CO, to HCO3~ becomes slower,
see Equation (4.16). The CO. concentration is close to its maximum
solubility for both 1.0 M and 2.0 M KHCO3; at low potentials because CO»
is sufficiently supplied from the gas phase. With increasing potential, the
CO; concentration decreases as it is consumed in the reduction reaction
as well as reacted to CO3%~, due to the increasing OH™ concentration. The
trend in CO» concentration differs only slightly for the 1.0 and 2.0 M KHCO3
solutions despite the higher reduction rate for 2.0 M KHCO3 as shown in
Figure 4.2. The OH™ concentration in the CL is higher when using 2.0 M
KHCO3 compared to 1.0 M KHCO3. As described before, this is attributed
to the increased ionic concentration in the case of 2.0 M KHCO3, which
leads to a higher current density and, therefore, a higher OH™ production
at the same potential. However, due to the enhanced buffering capacity of
the 2.0 M KHCOg3 solution, the increase in OH™ gradient between CL and
electrolyte channel leads to enhanced removal of OH™ in the CL. Murata
et al. [Mura1991] also observed this phenomenon in an experimental study.

The CO3®~ concentration increases with increasing OH™ concentration.
At potentials above -1.6 V vs SHE, the concentration of CO3?~ exceeds
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the solubility limit of KoCOj3 of 8.03 M and increases further with increasing
potential. The precipitation of salt due to the high CO3%~ concentration
significantly impacts the operation of the GDE. Leonard et al. [Leon2020]
showed that at galvanostatic operation, the cathode potential increases
due to an increased kinetic potential attributed to higher local pH values.
Additionally, due to the hygroscopic character of the precipitated salt crys-
tals, water is "pumped" through the GDL via capillary action. This effect
results in pore flooding of the DM and thus higher CO, mass transport
resistance [Leon2020]. The neglect of salt precipitation is due to the model
assumptions that the electrolyte salt is completely dissociated in water,
and all ions are treated as point-like ions. However, the assumption of
point-like ions does not hold for such high ion concentrations as observed
for CO3°~ [Bohi2017]. Furthermore, Landstorfer [Land2018] showed in
a thermodynamic simulation study that the assumption of a completely
dissolved electrolyte is questionable for concentrations beyond 0.5 M.
He showed that the actual partial molar volume of the ionic species in
the electrolyte is magnitudes larger than the solvent, indicating that the
ions are strongly solvated. Therefore, the dissociation degree of strong
electrolytes is decreased, thus leading to salt precipitation at relatively low
concentrations.

Future modeling work of the aqueous electrolyte in electrochemical CO»
reduction should account for the finite ion size in the near-electrode region
to prevent unrealistically high ion concentrations at elevated potentials
as presented in Chapter 3. On the other hand, there are a few studies
where high electrolyte concentrations have been used successfully in the
reduction of CO,, e.g., a 7 M KOH solution was used in the work from De
Arquer et al. [De A2020], and even 10 M KOH solution was applied as the
electrolyte by Gabardo et al. [Gaba2018]. This demonstrates that there is
a need for more research on the physics of electrolytes in electrochemical
COo reduction to obtain a better understanding of the influence of high ion
concentrations in the CL.
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In summary, the simulation results indicate that the positive effect of in-
creasing KHCO3 concentration on the electrochemical reduction of CO»
results from (1) an increased electrical conductivity, (2) the buffering ca-
pacity of KHCOj3 at low potentials, and (3) HCO3 ™~ serving as an additional
CO- source in the electrolyte channel. However, the latter is expected to
play a subordinated role in the case of a GDE where CO: is sufficiently
supplied by the feed gas. The results also reveal that the enhancement in
CO partial current density is limited to a certain extent until the ohmic re-
sistance in the bulk electrolyte cannot be reduced any further by increasing
the electrolyte concentration. As mentioned before, the positive influence
of the cationic species K" as co-catalyst for the CO. reduction reaction was
not considered in the model. To my knowledge, no mathematical descrip-
tion of this phenomenon could be directly implemented in the system | am
modeling. The deviation between simulation and experimental results in
the validation in Figure 4.2, however, stresses the need for a mathemati-
cal description that accounts for the stabilizing effect of K™ on the radical
CO,*" intermediate in the electric double-layer.

4.3.3. Effect of electrolyte and gas flow rate
Electrolyte flow rate

Figure 4.6 illustrates the influence of the electrolyte flow rate, normalized to
the geometrical area of the electrode, on the CO partial current density at
an applied cathode potential of -1.8 V vs SHE for electrolyte concentrations
of 1.0 M and 2.0 M KHCO3. The CO partial current density is almost
constant for 1.0 M KHCO3, whereas a slight increase in the CO partial
current density is visible at low flow rates and 2.0 M KHCO3. Similar results
were obtained in an experimental study from Bhargava et al. [Bhar2020].
At elevated potentials, the increase in CO partial current density in their
experiments was even more pronounced, which they attributed to increas-
ing removal of OH™ at higher flow rates as well as faster delivery of OH™
ions to the anode. Due to numerical instabilities, | was not able to simulate
potentials above -2.0 V vs SHE with the given model.
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Figure 4.6.: CO partial current density as a function of normalized electrolyte flow
rate at an applied cathode potential of -1.8 V vs SHE for 1.0 M and 2.0 M KHCO:s.

Figure 4.7 shows the liquid phase concentrations within the CL as a
function of electrolyte flow rate at an applied cathode potential of -1.8 V
vs SHE and for the case of 2.0 M KHCO3. The HCO3~ concentration in
the CL is at a low level compared to the concentration in the electrolyte
channel. Against intuition, the HCOs~ concentration decreases with
increasing flow rate even though the mass flow from bulk to CL increases
with the flow rate. However, due to the increased carbonate removal from
the CL at high flow rates and the constantly high production of OH™ due
to Equation (4.29), bicarbonate is depleted in the CL because reaction
Equation (4.17) outweighs the mass transfer from bulk to the CL. The
CO, concentration in the CL remains constant with increasing flow rate
because CO; is constantly transported into the electrolyte from the gas
phase. Also, the concentration of OH™ does not change in the range of
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Figure 4.7.: Concentrations of liquid phase species CO2(aq) (solid line), HCO3™
(dashed line), CO3?~ (dashed and dotted line) and OH™ (dotted line) in the CL as
a function of normalized electrolyte flow rate at an applied cathode potential of -1.8
V vs SHE and 2.0 M KHCOg3. The concentrations are averaged over the thickness
of the CL. The concentration at the solubility limit of K.COgs is taken from Xu et al.
[Xu2021].

the considered flow rates. As CO. is constantly available in the CL, the
reduction reaction steadily produces CO and OH™. The concentration of
CO3°~ decreases as the flow rate increases and starts to flatten out at
higher flow rates > 0.4 ml min—' cm~2. The diffusion of CO3®~ out of the
CL is more pronounced with increasing flow rate. However, due to the high
pH value of around 12.5 in the CL, CO; reacts to CO3>~, thus balancing
the removal out of the CL. Comparing these results to the simulations of
the different boundary layer thicknesses in Chapter 3 shows discrepancies
in the effectiveness of removing CO3*~ and HCO3~ from the electrode by
enhancing the hydrodynamics. For one, the differences might originate
from the higher CO3?~ concentration gradient between the GDE and the
bulk electrolyte, thus increasing the driving force for diffusion. Moreover,
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the simplified representation of the mass transport coefficient in the GDE
model might overestimate the transport across the diffusive boundary layer.

In summary, high electrolyte flow rates improve the removal of ions from
the GDE. Considering the aforementioned scaling issues in the GDE, high
electrolyte flow rates should, therefore, be chosen to diminish the CO3?~
concentration in the CL. It should be noted that the discussed simulations
are made under the assumption of isothermal operating conditions. How-
ever, the temperature within the reactor rises at high current densities.
In electrolyzers with an aqueous catholyte, elevated temperatures might
lead to a mitigation of the CO, reduction reaction and an increase in HER
due to lower solubility of CO> in the electrolyte. At the same time, reac-
tion kinetics and diffusivity improve at elevated temperatures. Dufek et al.
[Dufe2012] and Léwe et al. [Léwe2019] found that there is a trade-off be-
tween these two phenomena with a turning point at 60°C and 50°C, respec-
tively. The electrolyte flow rate and additional cooling can then be used
to set an optimal operation point for the electrolyzer. The consideration
of non-isothermal conditions becomes particularly relevant for larger elec-
trolyzers. Therefore, future modeling work should include energy balances
and temperature dependence to help optimize the temperature control of
the electrolyzer.

Gas flow rate

The graph of the CO partial current density in Figure 4.8 can be divided
into two regions. In the first region, the CO partial current density increases
rapidly as the amount of CO; fed into the reactor, and thus, the excess
rate increases. In this region, the CO, fraction at the CL-DM interface is
lower than the CO, feed fraction of 50% and 95%, respectively, as shown
in Figure A.1. Thus, the reduction reaction to CO is limited by the mass
transport of CO» from the gas channel towards the CL-DM interface in the
GDE. When increasing the excess rate, more COs is transported into the
GDE, and the CO partial current density increases. In the second region,
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Figure 4.8.: CO partial current density (solid line) and CO outlet fraction (dashed
line) as a function of the excess rate A at an applied cathode potential of -1.9 V vs
SHE and a KHCO3; concentration of 1.0 M for a COs inlet fraction of 50% and 95%.
The inlet gas stream is composed of the respective CO. inlet fraction, a fraction of
0.1% CO and Hz each, and the remaining fraction being gaseous H,O.

at excess rates above 2.5, only a slight increase in the CO partial current
density is apparent. This is attributed to the limited mass transport of
gaseous COs into the liquid electrolyte, as the aqueous CO, concentration
in the CL stagnates. Therefore, the CO partial current density cannot
increase further, even though more CO; is fed into the reactor. On the
other hand, Figure 4.8 depicts that an increase in the excess rate results
in a decline of the CO fraction in the outlet stream due to dilution with
unreacted CO,. A similar trend was also shown by Kim et al. [Kim2015].
When increasing the CO, feed fraction from 50% to 95%, diffusion into the
GDE and phase transport into the liquid phase are enhanced due to higher
partial pressure in the gas phase. These findings are in good agreement
with experimental results from Jeanty et al. [Jean2018]. Their study shows
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that the CO Faradaic efficiency increases with an increasing excess rate.
However, above an excess rate of 3.0, the CO Faradaic efficiency cannot
be increased any further.

Therefore, selecting the optimal feed flow rate is a trade-off between im-
proved CO., reduction rate and dilution of the product stream. The inlet CO»
fraction should be chosen as high as possible to enhance the dissolution
of COs into the electrolyte. Furthermore, pressure loss should be consid-
ered. Vennekotter et al. [Venn2019a] showed that the pressure loss over
the GDE increases with increasing gas flow rate. Thus, liquid penetration
in the GDE and, therefore, the CO reduction reaction rate changes when
varying the gas flow rate [Weng2018].

4.3.4. Tailoring the electrode properties

In the case of a low potential of -1.7 V vs SHE, the CO partial current
density is only slightly affected by a change of DM porosity as shown in
Figure 4.9. At higher potentials of -1.9 V vs SHE, an increase in DM poros-
ity leads to a more pronounced decrease in CO partial current density. A
highly porous DM is advantageous regarding gas phase mass transport,
see Equation (4.3). Hence, a more significant amount of the inlet CO>
at the gas channel can be transported into the CL and electrochemically
reduced to CO. On the other hand, an increase in DM porosity follows a
decrease in the solid phase. This impairs the electron transport from the
current collector at the boundary of the DM and the gas channel through
the DM to the CL. Attributed to the decrease in the solid phase, the
electrical resistance of the DM increases, see Equation (4.22). At elevated
cathode potentials, the current density is strongly affected by a reduced
amount of solid phase in the DM. Consequently, the decreasing electrical
conductivity outweighs the improvement of gas transport within the DM at
high porosity and elevated potentials.

The influence of the CL porosity on the electrochemical CO, reduction
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Figure 4.9.: CO partial current density as a function of DM porosity at an applied
cathode potential of -1.7 V and -1.9 V vs SHE.

is studied from 0.2 to 0.6. The CL thickness is calculated based on the
catalyst loading and the CL porosity from Equation (4.28). Thus, a change
in CL porosity at a constant CL thickness will result in changes in the cat-
alyst loading. Furthermore, a change in CL porosity leads to a change of
the specific surface area a, in Equation (4.24). Figure 4.10 shows the CO
partial current density as a function of CL porosity at an applied cathode
potential of -1.7 V and -1.9 V vs SHE for a constant CL thickness of 3 um.
In the simulated region, the mass loading reduces from 2.8 to 1.3 mgcm ™2,
An increase in CL porosity leads to several aspects that influence the CO
partial current density. For instance, mass transport is improved due to
an increase in the effective diffusivity, see Equation (4.3). Furthermore,
the average pore size within the CL increases. As the value for saturation
is kept constant, this leads to an increase in film thickness that covers

the catalyst surface, see Equation (4.26). However, an increase in film
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Figure 4.10.: CO partial current density as a function of CL porosity at an applied
cathode potential of -1.7 V and -1.9 V vs SHE at a constant layer thickness.

thickness hinders the mass transport of dissolved CO, from the liquid-gas
boundary to the catalyst surface. Hence, this has a mitigating effect on the
CO partial current density. The volume-specific surface area decreases
with increasing CL porosity, which can be taken from Equation (4.24). A
decrease in the CO partial current density is apparent if the CL porosity
is increased. The decrease in partial current density is attributed to
the decrease in catalyst mass loading and, thus, the decrease in active
sites being available for the CO, reduction. Consequently, the amount of
available reaction sites for the reduction has a larger impact on the CO
partial current density than the improved species transport.

In this work, the influence of the ionomer on mass transport and sta-

bility was neglected for simplification. In their experimental study, Verma
et al. [Verm2016b] showed that this assumption is valid for the modeled
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system as they did not see a significant change in CO partial current den-
sities when preparing the GDE without adding Nafion. However, tailoring
the ionomer content or post-treating the GDE with polymers, e.g., Nafion,
has shown a beneficial effect on the CO2R rate [Liu2018; Liu2019; De
A2020; Ozde2020]. The increased Faradaic efficiency and energy effi-
ciency reported in these studies is due to improved reactant transport in
the polymeric layer, stabilization of the CO.*~ intermediate near the cata-
lyst surface, and protection against contaminants [Espo2018; Ponn2017].
Therefore, future modeling work should consider the effect of the ionomer
on mass transport and kinetics.

4.4. Conclusion

A one-dimensional steady-state model was developed for the electrochemi-
cal reduction of CO, to CO in a continuous flow-through reactor. The model
describes the cathode as a gas diffusion electrode, continuously provided
with CO> coming from a gas channel on the one side and buffering KHCO3
electrolyte on the other side. The model assumes an isoporous medium
and accounts for different properties of CL and DM and the wetting of the
CL. The model includes flow conditions of the gas phase, electron transport
in the solid phase of the GDE, and multi-component mass transport from
and to the electrolyte and gas channel. Furthermore, the model considers
the electrochemical reduction of CO» to CO and the HER, phase trans-
fer of liquid phase and gas phase species, and homogeneous equilibrium
reactions within the electrolyte. This model formulation is the most com-
prehensive so far disclosed in the literature and allows me to explore the
influence of relevant parameters such as electrolyte concentration, elec-
trolyte and gas flow rate, gas composition, and properties of the CL and
the DM at industrially relevant current densities.

The simulation results demonstrate that an increase of KHCO3; improves
the electrochemical reduction of CO, to CO. The predicted local pH and
liquid phase concentrations indicate that its positive influence originates
from an enhanced ionic conductivity in the electrolyte and improved buffer-
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ing of OH™ ions in the CL. | found that high electrolyte flow rates enhance
the removal of carbonate ions, thus lowering the risk of salt precipitation in
the CL due to the local pH value conditions.

The simulations indicate that diffusion and solubility limitations of CO; in
the GDE are influenced by the gas flow rate and the corresponding local
CO, fraction along the gas channel. An increase in gas flow rate helps
to overcome diffusion limitations in the GDL until CO, phase transfer into
the electrolyte becomes limiting. However, at the same time, an increase
in gas flow rate dilutes the produced CO in the product stream. Thus, the
optimal flow rate is a trade-off between the desired CO production rate and
the purity of the product. The gas phase transport in the GDE is mainly
affected by the porosity and catalyst loading of the CL. Increasing porosity
within the CL at constant thickness, meaning a decrease of catalyst load-
ing, deteriorates the electrochemical reduction of CO,. Also, an increase
in the porosity of the DM shows a reducing effect on the production rate
attributed to lower conductivity. Hence, both effects should be considered
for an optimal design of the GDE.

The understanding of the influence of relevant operation parameters and
electrode properties on the performance of GDEs gained in this study can
be used to improve the operation and tailor the structure of GDEs. The
modeling results help to keep the experimental effort low and thus accel-
erate the way to commercialization of CO. reduction processes. In future
works, the model needs to be extended to a second dimension along the
flow channels to account for changes in the gas and electrolyte composi-
tion as a function of the height of the electrolyzer. The concentration profile
along the flow channel will influence the local mass transport that needs to
be considered in large-scale electrolyzers.
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5.1. Introduction

The continuum models presented in Chapter 3 and Chapter 4 allow local
resolution and a deep understanding of species transport and reaction
phenomena at the immediate electrode interface or in the porous structure
of the gas diffusion electrode (GDE). On the downside, the high accuracy
of these models makes them computationally demanding and, thus,
difficult to extend to multiple dimensions or to use in holistic process
assessment. However, assessing reactant concentration gradients in two
dimensions, i.e., perpendicular to the electrode and along the flow channel,
is particularly important when scaling up CO» electrolyzers to pilot-scale
or industrial-scale. Kas et al. [Kas2021] modeled a 2D section of a GDE
and showed CO, depletion in electrochemical reactions and carbonate
formation in the electrolyte along the flow channel. Furthermore, they
demonstrated that mass transport limitations become more significant at
a certain conversion rate and height of the GDE. Hence, 2D simulations
can help to optimize the modulation of the gas flow rate, the reactant
composition, and the reaction rate when scaling up. In another work, Blake
et al. [Blak2023] presented a 2D model of a CO electrolyzer with 100 cm
in height. At this scale, changes in catalyst layer pH and widening con-
centration boundary layers along the flow channel result in much greater
reaction and local environment inhomogeneity compared to small-scale
electrolyzers. However, the 2D continuum models of Blake et al. and Kas
et al. are computationally demanding, and therefore, either simplifications
of the model equations are necessary, or the size of the simulated domain
needs to be reduced. Hence, computationally more efficient approaches
are required to simulate CO> electrolysis on laboratory and industry length
scales.

This chapter describes an approach in which surrogate models of the
GDE continuum model from Chapter 4 are derived to mimic the behavior
of an infinitesimally small section of the GDE. Several of these surrogate
models are then connected via mass balances in the gas and liquid flow
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Figure 5.1.: lllustration of the multi-dimensional surrogate modeling approach for
the simulation of a 500 cm? GDE.

channels along the flow direction to obtain a two-dimensional representa-
tion of the GDE. This approach is referred to as multi-dimensional surrogate
modeling and is schematically shown in Figure 5.1.

The surrogate model of the GDE section is implemented as an artificial neu-
ral network (ANN). ANNs are biologically inspired computational networks
related to the structure of the human brain. They comprise an input layer,
one or more hidden layers, and an output layer. Each layer consists of one
or more neurons, which have unique values and are fully interconnected
with the neurons in the following layer, as illustrated in Figure 5.2.

The values of the previous neurons x; determine the values of the neu-
ron’s net input A(x;) by simple multiplication with the respective weights w;,
and addition of the respective neuron’s bias b, as stated in Equation 5.1
[Rasc2019].

h(x) =) wix; + wob (5.1)
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Figure 5.2.: Scheme of calculation of neuron values in an ANN during training
adapted from Raschka et al. [Rasc2019].

After that, a well-chosen activation function is applied to the net input
to calculate the resulting neuron value g(h). This step is responsible for
creating a non-linear relation. Next, the output error is evaluated, and
if deemed necessary, the weights and biases are updated accordingly.
This process is referred to as the backpropagation learning algorithm and
comprises the computation of partial derivatives to update the weights and
biases by means of gradient descent [L6pe2022]. The learning process
is repeated a selected amount of times (epochs) with data from a training
data set. Finally, the accuracy of the ANN is assessed with the help
of evaluation metrics through the computation of data from a separate
validation data set, whose target values are unknown to the trained ANN
[Rasc2019]. The training data set in this work consists of simulation data of
the GDE continuum model from Chapter 4. The methodology is described
in more detail in the following section.

5.2. Methodology

The following subsections describe the procedures of generating training
data with the GDE continuum model introduced in Chapter 4, identifying
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the structure of the ANN, and training and validating the ANN. Finally, the
method of connecting the surrogate models is elucidated.

5.2.1. Data generation

The multi-dimensional modeling approach in this thesis aims to simulate a
GDE with a geometrical surface area of 500 cm? (50 cm x 10 cm, length
x width). The 2D surrogate model of the GDE consists of 25 discrete el-
ements, each represented by an ANN trained from data of the GDE con-
tinuum model. The training data set is generated in the gPROMS Mod-
elBuilder using the Monte Carlo pseudo-random sampling method. The
Monte Carlo method performs multiple simulations within set boundaries,
including the lower and upper limits. For the simulation, the Monte Carlo
sampling method manipulates the applied cathode potential, the feed gas
composition, the electrolyte composition, and the saturation factor. The
boundaries of each variable are listed in Table 5.1. The number of vari-
ables and sampling points results in a total number of 31 000 simulations.

Variable Lower limit  Upper limit Unit
Cathode potential -1.8 -1.3 V vs SHE
CO:, fraction 0.4 0.97 -

H, fraction 0.005 0.25 -
H->O fraction 0.02 0.3 -
Gas flow rate 3000 4 000 sccm
CO,® 1 30 mM
Pore saturation 0.6 0.85 -

Table 5.1.: Variables manipulated within the Monte Carlo pseudo-random sam-
pling method and boundary values.

The upper limits for the gas mole fractions are estimated based on the
maximum conversion rate obtained with the GDE continuum model. The
electrolyte composition is varied by changing the concentration of aqueous
COz ina 1 M KHCOs3 electrolyte. The concentration of each liquid species
is then calculated using dissociation equilibrium constants, as described in
Chapter 4.
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5.2.2. Training and validation of ANNs

The ANNSs are trained in the Python-based machine learning framework
PyTorch [Pasz2017]. In this thesis, the architecture of the ANN, i.e., the
number of hidden layers and neurons per layer, is determined using the hy-
perparameter optimization framework Optuna [Akib2019]. The tested hy-
perparameters, i.e., the parameters defining the ANN structure, include the
learning rate, the batch size, the number of hidden layers, and the num-
ber of neurons per layer. The limits for each of the hyperparameters are
listed in Table 5.2. Optuna works by sampling the defined hyperparameters
within their boundaries and pruning unpromising trials at the early stages
of the training.

Hyperparameter Lower limit  Upper limit  Unit
Learning rate 1 E-04 1 E-03 -
Batch size 5000 20 000 -
Number of hidden layers 1 4 -
Number of neurons per layer 1 750 -

Table 5.2.: Limits for hyperparameters in the ANN optimization in Optuna.

Subsequently, the optimal ANN architecture identified by Optuna was
transferred to PyTorch for the training, validation, and testing of the ANN.
First, the inputs and outputs of the training data set, which is 75% of the
whole data set simulated in gProms, are transformed via normalization so
that the values are in the range of [0,1]. Due to various outputs differing
in many orders of magnitude, normalization levels these discrepancies and
facilitates the training of the ANN. The data normalization of a value is
performed as follows

Xi — Xmin

Yi= oo
: Xmax - Xmin

(5.2)

where Y; is the normalized value for a specific input/output data set, X;
is the current considered value, and X2 and X,,,;, are the maximum and
minimum value of the specific data set, respectively. The Adam training
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algorithm is chosen to train the optimized ANN architecture given by Op-
tuna. To evaluate the training progress, the mean squared error (MSE) as
defined in Equation 5.3 is used.

n
MSE = 1 >(%i- 7 (5.3)
Here, n refers to the sample size, Y; is the value from the data set, and
Y; is the predicted value. The ReLU-function is chosen as the activation
function for the neurons.
The validation of the ANN architecture was carried out using 25% of the
whole data set. The inputs of the ANN comprise the cathode potential, the
feed gas composition, the aqueous CO» concentration, and the pore satu-
ration factor. The outputs are the gaseous and liquid species fluxes at the
electrolyte and gas channel - GDE interface.
In addition to the commonly used method for training and validation of
ANNSs, as described above, the k-fold cross-validation method was imple-
mented. The k-fold cross-validation method excludes | data from the data
set to use this subset of data as an unbiased test data set as illustrated in
Figure 5.3. The data set is divided into a test data set and a validation data
set. The difference in k-fold cross-validation compared to random validation
during training is that with every iteration, a different fold is left out of the
training so that every sample is used as a test sample once.

5.2.3. Model structure for multi-dimensional surrogate
modeling

This work introduces multi-dimensional surrogate modeling to simulate the
concentration gradients in the electrolyte and gas channel of a 500 cm?
(50 cm x 10 cm) electrochemical cell in 2D. Following the approach intro-
duced in Figure 5.1, the 500 cm? was discretized into 25 elements, each
represented by an ANN trained from data of the gProms GDE model. Mass
balances were formulated for the gas and electrolyte channels to calculate
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Iteration 1 Iteration 2 Iteration 3 Iteration k
Fold 1 Fold 1 Fold 1 Fold 1
Fold 2 Fold 2 Fold 2 - - Fold 2
Fold 3 Fold 3 Fold 3 Fold 3
Fold k Fold k Fold k - Fold k

Training data Test data

Figure 5.3.: Schematic illustration of the k-cross validation method adapted from
Frochte [Froc2019].

the species mole fraction in each discrete element. It is assumed that each
element is ideally mixed so that the mole fraction in the element equals the
mole fraction in the outlet of each element. In the gas channel, the species
mass balance is

0 = NgasYin-1+ Jicpe.nLape.nWapeeapr,o — NgasYin (5.4)

where Ngas is the molar flow rate in the gas channel, y; , is the molar fraction
of component i = CO2,CO, Hz in element n, y; , 1 is the molar fraction of i
in the previous element n-1, J; gpe  is the flux of i at the gas channel - GDE
interface which is an output of the ANN, Lgpe , and wgpe are the height
and the width of the discrete element, and ¢gp, o is the porosity of the gas
diffusion layer. The molar fraction of H,O was calculated from the closing
condition for the k species

k
1= Zyi,n (5'5)
i=1
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The electrolyte composition in each discrete element is calculated from
the dissociation equilibrium of the acid/base carbonate Reactions 4.14-4.17
as in Chapter 4. Additionally, the electroneutrality constraint is implemented
as

K
0=> cina (5.6)
i=1

where c¢; is the concentration and g; is the charge of liquid species i. How-
ever, as this only gives five equations to solve the concentration of the six
liquid electrolyte species, another equation is needed. Here, the concen-
tration of CO» c¢p, , in element n is calculated from a mass balance

0 = VielecCc0,.n—1 + Jco,.6pE.nLGDE.nWGDE — VelecCcos.n (5.7)

with V.. being the volumetric flow rate of the electrolyte, Cco,.n1 I8 the
molar fraction of CO> in the previous element n-1, and Jco, gpe,» is the flux
of CO; at the electrolyte channel - GDE interface which is an output of the
ANN.

5.3. Results and discussion

The optimal ANN architecture identified by Optuna for the seven inputs and
eight outputs comprises two hidden layers with 729 neurons in the first layer
and 720 neurons in the second. Given the optimized ANN architecture, the
MSE decreases after only a few epochs during training with the whole data
set in PyTorch, as shown in the left plot in Figure 5.4. The final MSE after
100 epochs is 5.1 107°. A similar trend is also seen for the loss in MSE for
the validation of the ANN with an MSE of 5.0-10~° after 100 epochs. The
low magnitude of the MSE indicates a high accuracy of the ANN in predict-
ing the behavior of the gProms GDE model. Furthermore, as validation and
training loss are in a similar range, overfitting of the ANN can be excluded.
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Figure 5.4.: Left graph: The progress of the loss function, i.e., the MSE, during
training and validation of the ANN over the epochs using the whole data set (75%
for training and 25% for validation). Right graph: MSE for different k-folds deter-
mined from k-cross-validation. The dot indicates the average MSE, the middle line
in each boxplot represents the median, the upper and lower end of the boxes in-
dicate 95% and 5% quartile, and the lower and upper antennae are the lower and
upper Whisker of the boxplots.

To test the ANN architecture on predicting unseen data, k-cross validation
with k >1 was performed. The average MSE in the right graph in Figure 5.4
for the different k-folds is almost constant at approx. 5.4-107°, demon-
strating a suitable generalization of the ANN. Even with the 2-fold cross-
validation, which only uses half of the data points than training with the
whole data set, a similar MSE was achieved, indicating that the original
data set is sufficiently large. For k >5, more pronounced deflections of the
MSE can be seen. However, the relative change of the MSE is low. The
ANN trained and validated with the whole data set was chosen in the fol-
lowing.
The parity plot in Figure 5.5 for the CO partial current density confirms the
good accuracy of the trained ANN, as the predicted current densities are in
good agreement with the simulated data points.

According to the multi-scale modeling approach presented in Figure 5.1,
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Figure 5.5.: Parity plot of the predicted partial CO current densities from the ANN
and the simulated partial CO current densities from the gProms model.
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a 2D surrogate model was built from the trained ANN. Figure 5.6 shows
the CO, concentration in the electrolyte channel (left graph) and the CO»
bulk gas fraction (right graph) along the electrolyte and gas flow channel,
respectively. The 1 M KHCOS solution enters the liquid flow channel
with a concentration of dissolved CO, of 13.8 mM. At potentials as low
as -1.3 V vs SHE, the CO. concentration increases linearly along the
flow direction. Simultaneously, the CO» fraction in the gas channel stays
nearly constant. Attributed to the low current density at -1.3 V vs SHE
of about 20 mAcm™2
CO. bypasses the GDE while dissolved CO, diffuses into the electrolyte
channel. Increasing the potential leads to a less pronounced increase in
dissolved COs: in the electrolyte channel and more CO, being consumed
from the gas channel, respectively. Interestingly, at -1.8 V vs SHE, the CO»
concentration in the electrolyte channel starts stagnating towards the outlet
of the flow channel. The CO, fraction in the gas channel further decreases
due to increased consumption of CO. in the electrochemical reduction

, as shown in Figure 5.7, most of the gaseous

reaction, as shown in Figure 5.7. Consequently, the driving force for CO»
dissolution into the liquid phase within the GDE decreases, and therefore
also the diffusive CO; flux from the GDE to the electrolyte channel.

The decrease in CO; fraction due to increased consumption along the
gas channel at elevated potentials also leads to a change in CO partial
current density, as shown in Figure 5.7. However, the decrease in CO
partial current density is neglectable for -1.3 V vs SHE and -1.6 V vs SHE
and small for -1.8 V vs SHE, despite the strong decrease in the local CO»
gas fraction at -1.8 V vs SHE. Comparing these results to the simulation
study on the impacts of the CO, fraction on the electrochemical CO>
reduction at different excess rates in Chapter 4, the decreasing trend of the
CO partial current density with the CO, gas fraction is in the same range.
The decrease in CO» fraction from 95% to 50% led to a decrease in the
CO partial current density of approx. 30%. Here, the CO» fraction changes
from 97% at the channel inlet to 75% at the outlet, resulting in a decrease
of the CO partial current density of approximately 14%. However, when
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Figure 5.6.: Molar concentration and gas fraction of CO, in the electrolyte and
gas channel along the height of the surrogate electrolyzer for different cathode
potentials.

operating at an industrial scale, i.e., 1000 cm? to 1 m?, the loss in CO
partial current density is expected to be even higher than on the scale
considered in this study [Bahn2022; Lehn2014].

One way to overcome the descending production rate of CO in large-
scale electrolyzers is by increasing the gas flow rate. Figure 5.8 compares
the CO, concentration in the bulk electrolyte channel and the CO, gas
fraction in the gas channel for different gas flow rates. The CO, con-
centration in the electrolyte is not affected by an increase in the gas flow
rate from 3 500 sccm to 4 000 sccm. When decreasing the flow rate to
3 000 sccm, the increase in the CO. concentration along the channel
height is slightly lower compared to the higher flow rates. Hence, the
amount of CO, dissolving into the electrolyte and diffusing into the bulk
channel stays almost constant when changing the gas flow rate in the
considered regime. However, a significant decrease in CO» concentration
is apparent when applying a flow rate of 2 000 sccm as more COs is
converted in the CO. reduction reaction than transported into the bulk
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Figure 5.7.: CO partial current density along the height of the surrogate elec-
trolyzer for different cathode potentials.
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electrolyte channel. Moreover, the CO, concentration stagnates along
the flow channel at this flow rate. Consequently, dissolved CO, diffuses
from the bulk electrolyte into the GDE and also becomes a reactant for the
reduction reaction. The difference in the CO, gas fraction as a function of
the gas flow rate is more prominent compared to the CO, concentration
in the electrolyte for the flow rates between 3 000 sccm and 4 000 sccm.
Again, the CO. fraction decreases almost linearly for the considered
flow rates. However, the drop is more significant for lower flow rates of
3 000 sccm and 2 000 sccm. Thus, an increased driving force for mass
transport from the gas into the liquid phase along the entire channel length
is achieved at higher flow rates. While increasing the flow rate might help
to overcome mass transport issues in large-scale electrolyzers, the effort
for CO, separation in the downstream process increases when the CO»
conversion rate decreases. As shown in the economic sensitivity study in
Chapter 6, a decrease in the per-pass conversion rate has a detrimental
effect on process economics. Therefore, the mathematical optimization of
large-scale electrolyzers regarding CO2 mass transport and CO» utilization
needs to be carried out using 2D models to resolve along the channel
gradients.

It needs to be mentioned that a constant saturation of the GDE with lig-
uid electrolyte was assumed. However, in systems on an industrial scale,
pressure inhomogeneities and changing electrode wettability influence the
liquid saturation of the GDE and significantly impact mass transport in the
porous electrode and thus also the CO partial current density [Weng2018].
The saturation distribution along the GDE can be considered by consider-
ing the saturation factor introduced in Chapter 4 as an input of the ANN.
However, this requires a model to relate the liquid saturation of the GDE
and its wettability characteristics and the local partial pressure, e.g., from
experiments or numerical simulations [Gost2009; Niu2018]. With a given
saturation model, the saturation factor could be included as an output of
the ANN to describe the local effects of electrode wettability.
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Figure 5.8.: Molar concentration and gas fraction of CO, in the electrolyte and
gas channel along the height of the surrogate electrolyzer for different gas feed
flow rates.

5.4. Conclusion

This proof of concept study has shown that ANNs can be used to efficiently
model parts of electrolyzers for electrochemical CO. reduction at a relevant
scale. Using the comprehensive continuum model from Chapter 4, data
was generated to train an ANN that mimics the mechanistic GDE model.
Scaling of the GDE to a 500 cm? geometrical electrode area was achieved
by combining multiple surrogate models, each treated as a discrete ele-
ment of the full-scale electrode.

The predicted output by the ANN and the given training data from the con-
tinuum model are in good agreement, proving the applicability of ANNs for
mimicking the GDE model. Interestingly, the CO, concentration in the bulk
electrolyte increases along the channel height but then stagnates due to
a declining driving force for mass transport from the gas phase into the
electrolyte. The partial pressure gradient along the gas channel is more
pronounced for elevated potentials where the consumption rate of CO; is
increased. Due to the descending transport of CO> into the liquid phase,
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the CO partial current density drops at the inlet and the outlet position of
the GDE, e.g., by 14% for 1.8 V vs SHE. The mass transport from the
gas phase to the catalyst sites can be improved by increasing the gas flow
rate. However, mass transport in large-scale electrolyzers must be opti-
mized considering the separation effort in the downstream process to meet
the holistic cost optimum.

In future work, the multi-scale modeling approach can be extended by com-
bining continuum models on various length scales and parts of the elec-
trolyzer. For example, a spatial resolution of the local mass transport in
the near-electrode environment as in the model in Chapter 3 would allow a
more comprehensive insight into the relation of changes in the bulk chan-
nels and the local reaction environment.
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Chapter 6. Techno-economic assessment using holistic process optimization

6.1. Introduction

Current research on electrochemical CO; reduction focuses on decreasing
the energy input and improving the CO, utilization even when operating
at industrially relevant current densities [Liu2018; Haas2018; Larr2019;
De A2020; Bhar2020; Nwab2021]. While many of these reports address
important aspects of improving CO, electrolysis by the development of
functional electrode materials, the design of efficient cell configurations,
the control of process conditions and reactant transport, one essential
question is not yet fully answered: Which ion exchange membrane is best
suited for electrochemical CO, reduction in terms of economics?

The ion exchange membrane controls ion transport from one electrolyzer
half-cell to the other and affects the reaction environment at the electrodes,
the mass balance of the whole process, and, thus, the overall electrolyzer
performance, i.e., Faradaic efficiency, cell voltage, and long-term operation
stability. However, the question of which ion exchange membrane is
best suited cannot be answered by focusing on the electrolyzer alone
because downstream processing will significantly change depending on
the membrane type. Figure 6.1 presents the three types of ion exchange
membranes that are mainly used in CO, electrolysis: anion exchange
membranes (AEMs), cation exchange membranes (CEMSs), and bipolar
membranes (BPMs). So far, studies on CO» electrolysis to CO using
AEMs report among the best performance in terms of energy and Faradaic
efficiency [Ma2017; Liu2018; Gaba2019; Zhen2019; Ma2020a]. However,
a significant drawback often accounted to AEMs is the CO, pumping
effect due to the crossover of HCO3~ and COs?~ from the cathodic to the
anodic half-cell and the subsequent protonation to CO,, as illustrated in
Figure 6.1 [Rabi2020]. Ma et al.[Ma2020a] found that 70% of the gaseous
CO. at the cathode is captured in the catholyte and transported through
the AEM to the anode, where it leaves the process in a mixture with,
e.g., Oz from oxygen evolution reaction (OER). Thus, substantial amounts
of the reactant are either lost or have to be separated from other gases
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/—AEM—\ _\
——
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CO, COy

Figure 6.1.: Schematic illustration of the electrolyzer configurations with an anion
exchange membrane (AEM) (left), bipolar membrane (BPM) (center), and a cation
exchange membrane (CEM) (right). The electrolyzer design configurations are
adapted from the experimental works underlying this study [Liu2018; Salv2017;
Venn2019a].

evolving at the anode, resulting in additional costs. Moreover, stable
anion exchange membranes have only been developed recently and need
further improvement [Salv2021]. BPMs can be operated in two modes: the
forward bias and the reverse bias mode. In the forward bias mode, the
CEM faces the anode, and the AEM faces the cathode. This configuration
has the great advantage of maintaining a basic pH value in the catholyte,
which is beneficial for CO, reduction. The CEM prevents the crossover of
HCO;3;~ towards the anode to mitigate CO, losses at the anode. However,
gaseous CO» may be released in the interface between the CEM and AEM,
leading to delamination of the membrane [Patr2019]. The reverse bias
mode, as shown in Figure 6.1, has a great advantage compared to the use
of CEM and AEM alone: ion crossover can be mitigated, which enables
the use of different electrolytes in the catholyte and anolyte compartment.
This degree of freedom is especially advantageous for the electrochemical
CO> reduction, as it enables the use of cost-effective, non-noble anode
catalysts such as nickel [Venn2019b]. Patru et al.[Patr2019] show oppor-
tunities for reverse and forward bias for electrochemical CO, reduction.
The third class of ion exchange membranes used in low-temperature CO»
electrolysis are CEMs. CEMs such as Nafion® are widely used and well
established in other electrochemical processes, e.g., in fuel cells and water
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electrolysis, and are commercially available on a large scale. However, the
major drawback of using CEMs in CO, electrolysis is due to the typically
increased presence of H' ions at the membrane surface, which requires
the implementation of a buffer layer between the membrane and the
electrode [Ma2017; Venn2019a].

Several experimental studies discuss the advantages and disadvantages
of each membrane type on electrochemical CO, reduction [Salv2017;
Lin2019; Salv2019; Patr2019; Ma2020a; Ma2020b; Rabi2020; Blom2021;
Xie2022a; Erik2022]. However, future research in the field would ben-
efit from comparing the economic potential of the various electrolyzer
configurations. Techno-economic analyses of CO, electrolysis discuss
various products and evaluate influencing parameters [Verm2016a;
Li2016; Spur2018; Joun2018; Ruma2019; Shin2021; Aler2021; Prib2022].
Only recently, researchers also began to systematically study the
techno-economics of different ion exchange membrane reactors for CO,
conversion [Shin2021; Prib2022]. Pribyl-Kranewitter et al. [Prib2022]
simulated common electrolyzer designs for CO. electrolysis to carbon
monoxide and formic acid and product separation in Microsoft Excel®and
Aspen Plus®. However, they only considered fixed operating points without
flowsheet optimization. Shin et al.[Shin2021] presented an economic eval-
uation of an AEM and BPM electrolyzer configuration for CO. electrolysis.
Their results demonstrated that the production costs for CO are competitive
with conventional processes. Furthermore, Shin et al. elucidate how the
ion exchange membrane can address electrolyte regeneration in CO;
electrolysis. However, even though the study highlights important aspects
regarding the economic assessment and comparison between the AEM
and BPM electrolyzer configuration, the simplified representation of the
processes does not allow a profound evaluation of mass and energy
balances and, thus, investment and operational costs. Therefore, the
literature needs a holistic approach to identifying an optimal process con-
figuration and operation point of electrolysis and downstream processing
to minimize the overall production costs of electrochemical CO, reduction
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products. Roh et al. [Roh2021] presented a globally optimized process
for flexible operation of electrochemical CO, reduction and separation of
the product stream. Yet, they only considered a one-side buffered CEM
electrolyzer configuration, which might be less efficient and profitable than
others. Furthermore, Roh et al. did not model the downstream processing
on a detailed level. However, the separation process needs rigorous
consideration to investigate the achievable purities of the desired products
and assess recycle streams and losses in the overall process.

Here, | present a holistic approach to optimize and assess the economics
of the electrochemical CO» conversion to CO or syngas by accounting for
different electrochemical membrane reactor configurations. The mass and
energy balances for each electrolyzer are based on state-of-the-art litera-
ture data. The downstream processing of the anodic and cathodic gas out-
let streams is implemented using membrane gas permeation. Membranes
offer unique advantages in terms of flexible operation, scalability, and costs,
making them a viable option for downstream processing of the electrolysis
off-gases [Bake2004; Scho2013b; Alsa2017]. The process flowsheet and
operational parameters are optimized to minimize the specific production
costs of the desired product. With this work, | can elucidate the follow-
ing research questions on electrochemical membrane reactors and holistic
process design:

Which electrolyzer configuration is most economic for CO and syngas
production?

Which process parameters are key to increasing profit?

Is it economic to operate CO, electrolysis to produce both carbon
monoxide and hydrogen as syngas?

Does the CO» pumping effect in AEMs negatively influence the overall
process economics as often described, or could it offer advantages?
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6.2. Methodology

This section describes the holistic optimization framework and the general
assumptions made in this work. Furthermore, the underlying equations of
each process unit and the cost model are introduced.

6.2.1. Process scheme

Holistic process optimization has been employed to determine the optimal
process flowsheet and operating conditions of electrochemical CO» reduc-
tion to CO or syngas.

CO,-rich R
| Separation "
| process 0,/H,0 -

H,O 0,/H,0/CO,
Co,
CO, {§ | electrolysis | CO,/CO/H,/H,0
AT H,0 R
Separation CO/H, .
process CO,-rich
CO/H,
H,
H,0 H,O .
electrolysis 0, -

Figure 6.2.: Simplified block flow diagram of the process for electrochemical CO
and H, production from CO, and H>O. The grey blocks and streams are only
considered for the AEM electrolyzer and the production of Hy in water electrolysis,
respectively.

Figure 6.2 sketches the process layout: CO, and H,O are converted
to CO and H» in an electrolyzer. Experimental data from state-of-the-art
CO; electrolysis literature is used to fit regression models that account
for energetics and mass conversion [Liu2018; Salv2017; Venn2019a].
Here, the most prominent electrolyzer configurations in low-temperature
CO: electrolysis using AEMs, BPMs, and CEMs are compared. The
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cathodic product stream is purified in the separation process to meet the
desired specifications. In this work, the downstream processing of the
gaseous products is achieved by adsorptive drying and membrane gas
permeation. For the AEM electrolyzer configuration, CO, crossover is
considered, and the amount of CO; in the anodic off-gas being purified
and recycled or emitted to the atmosphere is an optimization task. For
syngas production, additional Hs is purchased from H2O electrolysis. The
ratio of Hz produced in CO, electrolysis and Hy purchased is a degree
of freedom in the optimization. The desired products in this study are
CO with a purity of > 98% as, e.g., used in phosgene production, and
syngas with Hz:CO ratios of 1:1 and 2:1 used, e.g., in oxo-synthesis and
Fischer-Tropsch synthesis, respectively [Heus2005; Webe1970; Lu2007].
For scaling the syngas processes, the product streams are set to the
same heating value for scaling the syngas processes as the CO product
gas stream. The objective of the holistic optimization is to minimize the
specific production costs (€/tproduct) Of the overall process by adapting
the process configuration, i.e., the process flowsheet, the ratio of recycle
and purge streams, and the selection of the gas permeation membrane
materials, as well as relevant process parameters, i.e., the current density
of the electrolyzer, the electrode area, the compression ratio, and the
gas permeation membrane area. Based on the process optimization, the
economics are investigated.

The process model, including models of the different unit operations, is
implemented in the General Algebraic Modeling System (GAMS). To opti-
mize the present nonlinear problem, the Branch-And-Reduce Optimization
Navigator (BARON) solver is chosen to find initial values, and the CONOPT
solver is applied to identify the optimum. The model structure is adapted
from the work of Scholz et al. [Scho2015].
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6.2.2. Process units
Electrolysis process

For the techno-economic assessment of the electrolysis process, five pa-
rameters are required to estimate the economics of the process: (1) the
current density (j), (2) the cell voltage (V), (3) the Faradaic efficiency (FE;)
for i = CO, Hy, (4) the CO, conversion rate, and (5) the geometrical elec-
trode surface area (Ageom). This data is usually determined in experiments
or calculated using rigorous mathematical models that account for mass
transport and electrochemical reaction kinetics. The parameters describ-
ing the electrolysis performance in this study are taken from representative
experimental studies [Liu2018; Salv2017; Venn2019a]. The current density
is chosen as the optimization variable. The cell voltage and the Faradaic
efficiencies are calculated for the given current density based on regres-
sion curves that are fitted to experimental data so that each performance
indicator is described by

y=1f(x,58), y" = (V,FE) and x™ = (j) (6.1)

where y is the performance indicator, which is either the cell voltage or
the Faradaic efficiency, x is the current density that is to be optimized,
and g are the fitting parameters gy, 51, ..., 3n that are adapted so that the
regression curve matches the experimental data. The regression analysis
is conducted in Microsoft Excel®. The experimental data taken from the
literature, the regression curves, and the coefficients of determination are
listed in Equations (A.1)-(A.6).

The amount of gas produced, N,, in the electrochemical reactions is cal-
culated from Faraday’s law

_j‘FEi'Ageom
h z-F

N;
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Here, z is the number of electrons transferred in the electrochemical re-
action, and F is the Faraday constant. The conversion rate of CO; in the
electrolysis is assumed to be constant but is varied within a sensitivity study.
The energy consumption of the electrolyzer is calculated from the current
density and the cell voltage.

Pe/ec =j ) Ageom -V (6.3)

Adsorptive dehumidification

Adsorptive drying of the electrolysis off-gases is considered to minimize the
risk of water condensation in the compressors and swelling of the gas sep-
aration membrane. The investment and operation costs are approximated
using a shortcut equation derived from data from Scholz et al. [Scho2013a].

Compressor

The compressors are modeled as multi-stage isentropic compression with
interstage cooling. The compression ratio and the number of compression
stages are optimization variables in this work. The isentropic outlet temper-
ature T, of each compression stage is calculated from

Pout =D/

7-ouz‘ = Tin‘ < - ) (6-4)
Pin

where T;, is the inlet temperature, p;, and p,: are the inlet and outlet pres-

sure, and « is the isentropic exponent. The power consumption of the com-

pressors P, to compress a molar flow N is determined by

R

PC=N'

R (Tout - Tln) (6'5)

k—1
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Gas permeation membrane

Membrane processes are known to be flexible in operation, e.g., for fast
start-up/shutdown, easily scalable by numbering up, and cost-effective
when using polymeric membranes [Bake2004]. Furthermore, gas perme-
ation technology is already implemented on a larger scale, e.g., air separa-
tion, natural gas processing, and biogas upgrading [Bake2002; Chen2015].
In this study, different membrane materials for separating the electrolysis
off-gases have been evaluated [Alga2017; Mura2010; Davi2011; Aitk1992].
The membrane materials have been selected according to reasonable se-
lectivity values and the availability of permeance data for the respective
gases. Even though some of these membranes are not yet commercially
available, they are based on polymers that are produced on an industrial
scale.

The membrane model is discretized along the length using a constant step
size. The species flux J; through the membrane is modeled using the
Solution-Diffusion Model (SDM)

Ji=Q-0-(Yri-Pr—Yp,i-Pp) (6.6)

where Q; is the permeance of species i in the membrane, ¢ is the thickness
of the selective layer of the membrane, which is assumed to be 0.5 pm
for all membrane materials due to missing information in the respective
references. y,; and y,; are the molar fractions of / in the retentate and
the permeate, respectively. p, and p, are the absolute pressures on the
feed and permeate side. Temperature gradients due to heat dissipation,
the Joule-Thomson effect, and pressure losses are neglected. Further-
more, constant permeances and ideal gas behavior are assumed. The
membrane module configuration, the membrane material selection, the
membrane area, and the stage-cut are optimized in this study.

The gas permeation process for separating the anodic outlet gas stream
is modeled using a surrogate model in the overall process flowsheet to
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reduce complexity and computational costs. The surrogate model is de-
rived from separate simulations in which the aforementioned membrane
processes are optimized for different CO»:0, ratios and flow rates. The
optimization results are fed into a regression model to fit the anodic gas
separation performance.

6.2.3. Economic evaluation

For the optimization of the process, the specific production costs PC
(€/tproduct) Of either CO or syngas are chosen as the objective function.
Thus, the optimization problem is to minimize PC.

1
mproduct

PC =

: (CCtotal : dyear + OCtota/) (6-7)

Here, Mpoquct is the mass of product per year, CCyy are the capital costs
of the plant, djear is the depreciation factor calculated from the lifetime of the
plant and the interest rate, and OC,,, are the yearly operational costs. The
production capacity of the plant is set to 80 000 ta™
required for producing, e.g., toluene diisocyanates in a typical world-scale
plant, assuming stoichiometric conversion [Cove]. For comparison of the
CO and the syngas production processes, the higher heating value HHV,

, Which is the amount

of the final product stream is taken constant. The heating value defines
the amount of energy in the fuel (here, either CO or syngas). The heating
value for a product stream of 80 000 tcoa™" calculates to 808 900 MJa™".
From this value, the amount of syngas to be produced is calculated as
45 200 ta~' (1:1) and 32 900 ta~' (2:1). The HHV; for CO and H, is
tabulated in Table A.5.

Capital costs

The capital costs are the sum of the capital costs of each process unit. The
capital costs of the electrolyzer CCgecirol-er are calculated based on an in-
vestment cost analysis for a hydrogen fuel cell [Inst2013]. The bare module
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costs BCglectrolyzer Of the electrolyzer are calculated per geometric electrode
area and comprise cost for the electrodes, the ion exchange membrane,
and surroundings, including aluminum end plates, bipolar graphite plates,
and busbars for electricity supply. All parameters for calculating BCeeciroy zer
for each electrolyzer type are given in the Appendix.

CCe/ecz‘ro/yzer = BCe/ectrolyzer ’ Ageom (6-8)

Capital costs for the compressor CCcompressor are estimated with
Guthrie’s method [Bieg1997; Guth1969]. This method allows the calcu-
lation of the bare module costs of the compressor BCeompressor Dased on
reference costs C, for the equipment with a reference compression duty
So.

BCcompressor = C0 : (S£> (6-9)
0
In this equation, S is the required compression duty determined in the
optimization, and « is the scaling factor, which considers the economy of
scale and is, therefore, lower than 1. The reference values and the scal-
ing factor are taken from Biegler et al. [Bieg1997] and are tabulated in
Table A.3. The capital costs of the compressor are then calculated to

CCcompressor = BCcompressor : UF ' (MPF+ MF - 1) (610)

where UF is the update factor, MPF is the material and pressure factor,
and MF is the module factor. UF takes into account the change in price
level between 1969 and now. MPF and MF account for the material and
size of the compressor.

The capital costs of the membrane module CCemprane are calculated
based on the required membrane surface area Anem and area-specific
membrane module costs for polymeric membranes BCemprane, listed in
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Table A.3 [Zhao2009].

CCmembrane = BCmembrane : Amem (6-1 1 )

Capital costs for drying the electrolysis off-gas before compression are
calculated using data for adsorptive drying from Scholz et al. [Scho2013al].

Operation costs

Operation costs include expenditure on utilities OCities, 1-€., €nergy and
reactants, CO, emissions OC,nissions, replacement of electrolyzer and gas
permeation membrane components OC,gpjacement; @S Well as maintenance
costs OCmaintenance-

OCrotai = OCluiiities + OCemissions + OCrep/acement + OCraintenance  (6.12)

Energy is consumed in the electrolyzer and the compressor units. The
utility costs for electrical energy UCgecrriciry in the base case scenario are
taken to 0.09 €/kWh. The utility costs for reactants UC; comprise carbon
dioxide and hydrogen from water electrolysis. Expenses for water are ne-
glected. For the base case, a CO. price of 25 $/t is assumed, which is
calculated for carbon capture from flue gas [Schn2011]. For the AEM elec-
trolyzer, the ratio of recycling CO. from the anodic off-gas is a degree of
freedom in the optimization. In the case of recycling, the expenses for pu-
rifying CO, from the anode are calculated in a surrogate model, which has
been fitted to simulation results from optimization runs for different CO»:0>
ratios and flow rates. Costs for hydrogen are considered for the production
of syngas. Hydrogen is produced in water electrolysis and implemented as
a shortcut equation described in more detail in [Hess2023]. The ratio of
purchased hydrogen from water electrolysis is optimized in this study. The
operation costs for utilities are calculated to
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OCluiiities = tyear - (UCelectricity - (Pc + Peiec) + UCco, - Miged,co,  (6.13)

+U CH2 - Myater e/ectro/ysis,Hg) (6.14)

In this equation, fes is the annual operation time of the plant, and
Mieed,co, ANA Myater elecirolysis,H, are the required mass streams of COz in
the feed of the CO» electrolyzer and H, from water electrolysis, both calcu-
lated in the optimization.

As COs is separated from the desired product but not fully recycled, addi-
tional costs for the emission of purged COz, My,ge co,» N€E to be consid-
ered. Emission costs are also considered for the processes with an AEM
electrolyzer, where CO, is not recovered from the anodic off-gas. Emitters
of CO» need to buy certificates from the European Union to release carbon
dioxide to the environment. The CO- certificate price ECgp» assumed in
this study is 25 €/t.

OCemissions = ECCOZ ) mpurge,COz ) tyear (6-1 5)

The operation costs also consider the replacement of the electrodes, the
ion exchange membrane, and the gas permeation membrane. The life-
time, fiime, Of the electrodes and ion exchange membrane, is taken to
2.5 years [T Sm2011]. After this operation period, the parts have to be
exchanged. For the gas permeation membranes, a lifetime of 5 years is as-
sumed [Zhao2009]. The replacement costs are summed up over the plant
lifetime, ty4n:, Of 20 years and then depreciated per year.

1
(BCigm + BCcatalyst)

OCrep/acement = dyear : tplant ) (t
lifetime, electrolyzer (6 1 6)

1

+ i -B Cmembrame)
lifetime,membrane

Maintenance of the components of the CO, electrolyzer and the gas per-
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meation membrane process is assumed to be 2.5% of the total capital costs
depreciated per year.

6.3. Results and discussion

The following section first presents operation costs for electrochemical CO
and syngas production using the AEM, BPM, and CEM electrolyzer config-
urations. Then, the sensitivity of economics of electrochemical CO, con-
version to CO is examined. Lastly, the CO, pumping effect in AEM elec-
trolyzers is assessed.

6.3.1. Electrochemical membrane reactor configuration
for CO and syngas production

The specific production costs for CO using the AEM electrolyzer, as shown
in Figure 6.3, are 796 €/tco and lower than those using the BPM and CEM
reactor with 837 €/tco and 1 071 €/tco, respectively. The CO prices from
conventional state-of-the-art production processes reported in the litera-
ture range from 522 €/tco to 1 070 €/tco [Joun2018; Verm2016a]. Thus,
the CO; electrolysis processes considered in this study already achieve
competitive CO production costs. The electrolyzer is the main cost driver
in CO production and constitutes 75% - 84% of the total production costs.
Similar values are reported in the literature [Shin2021]. The costs for elec-
trolysis are mainly responsible for the cost difference between the three
electrolyzer configurations and are the lowest for the AEM electrolyzer.

Table 6.1.: Key operational parameters of the electrolyzer in the base case sce-
nario.

Parameter AEM BPM CEM Unit
Current density 230 70 58 mAcm?
Cell voltage 30 28 3.0 \Y
CO Faradaic efficiency 95 89 82 %
Per-pass conversion 20 20 20 %

Anodic CO»:05 ratio 2:1 - - -
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Figure 6.3.: Specific production costs for the different reactor configurations and
products CO and syngas (1:1, 2:1), respectively. The costs are divided into expen-
diture for the electrolysis process (Electrol.), the downstream processing (DSP),
the reactants CO, and Hy, as well as other process-related expenditures like CO»
emission costs and costs for deionized water. The electrolysis and the downstream
processing expenses comprise investment, operational, replacement, and mainte-
nance costs. The dashed lines represent CO prices from the literature [Joun2018;
Verm2016a].

The expenditures for separating the product gases are slightly higher for
the AEM reactor, making up 16% of the total production costs. The higher
downstream processing costs are attributed to the additional separation of
the anodic off-gas due to the crossover of CO,, which is about 8% of the
total production costs. The optimized flowsheet presented in Figure 6.3 as-
sumes a CO,:0; ratio of 2:1 in the anodic gas outlet stream of the AEM
electrolyzer, which means that the crossover of CO3?~ dominates. In the
base case scenario, the optimization results that it is more economical to
recycle CO» with a purity of > 98% than emitting it as shown in the process
flowsheet of the CO production process using the AEM electrolyzer in Fig-
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ure 6.4. A similar share of anodic downstream processing costs of approx.
6% was also reported by Shin et al. [Shin2021].

The flowsheets for the BPM and CEM electrolysis processes for CO pro-
duction are presented in Figure A.2 and Figure A.3. At the operation point
of the BPM and CEM electrolyzers, listed in Table 6.1, the Faradaic ef-
ficiency of CO is about 89% and 82%, respectively. Thus, substantial
amounts of Hy are co-produced but not purified and are not considered
an additional valuable product when pure CO is the target product. In fu-
ture work, implementing a second objective function - the minimization of
H> production costs - could improve the economics of the BPM and CEM
electrolysis processes and make them more competitive.
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>»@ <
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N =312 kmol h-' s FEco =95 % .
Xcoz = 98 mol-% ';":J V=30V N =1 323 kmol h-*!
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N = 565 kmol h-! N = 1725 kmol h-!
Xcop = 67 mol-% Xco = 27 mol-%
Xop = 33 mol-% Xpp = 12 mol-%
Xcoz = 61 mol-% Polyimide PEBAX
Ap=9.3bar |A=1313m2 A=43513 m? N = 364 kmol h*!
|| Anodic | ;®_' . » Xco = 98 mol-%
DSP " Xz = 1 mol-%
l Xcoz2 = 1 Mol-%
. — L e
N = 253 kmol h-! N = 38 kmol h-! N =1 323 kmol h!
Xcoz = 28 mol-% Xco = 2 mol-% Xco = 8 mol-%
Xg2 = 72 mol-% Xyyo = 36 mol-% Xyp = 14 mol-%
Xcoz = 62 mol-% Xco2 = 78 mol-%

Figure 6.4.: Flowsheet of electrochemical CO production using an AEM elec-
trolyzer for the base case scenario. The water removal unit is not shown in the
flowsheet, as only the water removal costs are considered. The anodic down-
stream processing is only shown as a block because it is not modeled rigorously
in the overall process flowsheet but is considered as a surrogate model. The gas
permeation membrane materials used in the process are Polyimide and PEBAX.

In the optimized flowsheets, the permeate stream of the second mem-
brane step is mainly recycled into the gaseous feed of the electrolyzer.
The mole fraction of CO> in the feed thereby decreases to about 70 mol-%,
e.g., for producing pure CO using a BPM electrolyzer. In this work, it is
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assumed that the decreased CO, feed fraction does not have an impact
on the electrochemical CO, reduction, which is valid for CO, fractions
between 60 mol-% and 100 mol-% as shown by Kim et al. [Kim2015]
At higher potentials, as considered in the work of Kim et al., a further
decrease in the CO» feed fraction, however, would lower the production
rate of CO due to mass transport limitations [Hess2022]. In future work,
more rigorous models of the electrolysis process need to be implemented
in the optimization model to consider the detrimental effect of decreasing
CO,, feed fractions at high current densities.

For the production of syngas with ratios of 1:1 and 2:1, the process
using the BPM electrolyzer shows the lowest specific production costs with
1 111 €/tsyngas and 1 411 €/tsyngas, respectively. The respective flowsheets
of the two processes are given in Figure 6.5 and Figure 6.6. Low down-
stream processing expenditures and costs for additional H» result in lower
production costs compared to the AEM and CEM electrolyzer when using
the BPM electrolyzer. However, the AEM electrolysis process costs are in
a similar range. For both syngas products, the costs for electrolysis with
the CEM configuration strongly dominate due to a high cell voltage and
large electrode areas needed, even though more H is produced in the
CEM electrolyzer than in the other two. The specific production costs and
the flowsheets of the BPM electrolysis processes show that most of the Hz
contained in the syngas is purchased from water electrolysis: For syngas
with a ratio of 1:1, approx. 87% of Hy in the final product is produced from
water electrolysis. The amount of purchased H, is even higher for the
2:1 ratio (93%). The same applies to the other electrolyzer configurations
shown in Figure A.4 - Figure A.7. In turn, the CO; electrolyzer is operated
at a point where mostly CO is produced in syngas production. These
findings emphasize that CO, electrolysis should be used and optimized
for CO production only and not for the co-production of CO and Hs. For
syngas production, a combination with water electrolysis is economically
more promising.
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Figure 6.5.: Flowsheet of electrochemical syngas (ratio 1:1) production using a
BPM electrolyzer for the base case scenario. The water removal unit is not con-
sidered in the flowsheet, as only the costs for water removal are taken into account.
The gas permeation membrane material used in the process is PEBAX.

The electrolyzer constitutes 39% - 69% of the overall capital expendi-
tures (CAPEX) for the AEM and CEM electrolyzer in CO production, as
shown in the left graph in Figure 6.7. The wide range is mainly attributed to
the different operating current densities of 230 mAcm ™2 and 58 mAcm ™2
as identified in the holistic optimization as a trade-off between CAPEX
and operational expenditures (OPEX). The lower current density leads to
a significantly larger electrolyzer area for the CEM configuration to achieve
the required production rate. Compared to CO production, the decrease
in the expenses for the production of syngas is attributed to the lower
production capacity and purity of CO from CO- electrolysis and the lower
effort for downstream processing as the total product flow rate decreases
when keeping the heating value of the product stream constant. The
distribution of investment costs between the electrolysis and downstream
processing are similar for the different products.

The right graph in Figure 6.7 shows that the OPEX for the electrolysis
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Figure 6.6.: Flowsheet of electrochemical syngas (ratio 2:1) production using a
BPM electrolyzer for the base case scenario. The water removal unit is not con-
sidered in the flowsheet, as only the costs for water removal are taken into account.
The gas permeation membrane material used in the process is PEBAX.

dominates. The OPEX of the AEM and BPM processes are similar. The
main cost driver of electrolysis is the electricity demand. The electricity
costs account for 92% and 75% of the electrolysis-related OPEX for the
AEM and CEM electrolyzer, respectively. The share of electricity costs is
lower for the CEM electrolyzer even though the electricity demand is more
significant (60 MW for AEM and 70.4 MW for CEM). The increased elec-
tricity demand is attributed to the worse energetics of the CEM compared
to the AEM and BPM electrolyzer. The underlying experimental data for
the AEM (Liu et al. [Liu2018]) and BPM (Salvatore et al. [Salv2017]) elec-
trolyzer were generated in a zero-gap cell assembly, whereas a one-sided
buffered cell design was chosen for the CEM electrolyzer (Vennekoétter et al.
[Venn2019a]). As the acidic environment of the CEM promotes hydrogen
evolution reaction (HER) at the cathode, the buffer layer is typically neces-
sary between the cathode and the membrane [Ma2017; Venn2019a]. The
buffer layer causes additional ohmic losses, which lead to increased elec-
tricity demand. Even though some studies show that CO, reduction may
work in an acidic or zero-gap assembly with CEM, the performance is not
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yet on the level of AEM characteristics in terms of faradaic efficiency and
cell voltage [Mont2021; Huan2021; Xie2022c; Hua2022; Pan2022]. The
remaining electrolysis-related OPEX are attributed to replacement costs,
which have an increased influence on the economics of the CEM electrol-
ysis process. IrOx needs to be used as an anode catalyst in the AEM
and CEM configuration because of the neutral to acidic pH in the anolyte
[Vass2022]. The use of the noble catalyst material results in increased
electrolyzer replacement costs, which are even more pronounced for the
CEM electrolyzer due to the large electrode areas that need to be re-
placed. Thus, these costs show a more significant contribution (8% ) to
the electrolysis-related OPEX compared to the BPM electrolysis process
(1.6%).
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Figure 6.7.: (a) CAPEX and (b) OPEX for the different reactor configurations and
production of CO and syngas (1:1, 2:1), respectively. The heating value is kept
constant for the three products. The CAPEX comprises investment costs for CO»
electrolysis and costs for downstream processing. In this study, Ho from water
electrolysis is purchased and only considered in the OPEX. The OPEX comprises
expenses related to the electrolysis, the downstream processing, the reactants
CO, and H», and other operation-related expenditures. The electrolysis and down-
stream processing OPEX include electricity costs and component replacement.
Minor expenditures, i.e., costs for deionized water and maintenance, are summed
up to other process-related costs. A more detailed overview of the different cost
contributors is specified in the methodology section.
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6.3.2. Sensitivity analysis in holistic process optimization

The previous results highlight that electrochemical CO» reduction should be
applied and optimized for the selective electroreduction of CO, to CO and
not for the co-electrolysis to syngas. Therefore, the following results and
discussion focus on the production of pure CO only. Attributed to the low
maturity level of electrochemical CO, reduction technology and the asso-
ciated uncertainty of technical end economic parameters, the sensitivity of
the production costs towards changes in the most relevant influencing fac-
tors is assessed. The process flowsheet and operation point are optimized
for each scenario in Table 6.2.

Table 6.2.: Economic and technical parameters considered in the sensitivity study.

Parameter Worst case Base case Bestcase Unit
Electricity price 0.135 0.09 0.045 €/kWh
Bare electrolyzer costs +30 0 -30 Y%
CO,, feedstock price 45 22 0 €/tcoz
CO;, certificate price 50 25 0 €
Cell voltage +40 0 -40 %
Faradaic efficiency CO -20 0 +20 %
Per-pass conversion 10 20 30 %

The most significant influence on the specific production costs in
Figure 6.8 is seen for a change in electricity price: The electricity price of
the basic scenario is assumed to be 0.09 €/kWH according to the German
industry electricity price from 2017 [BMVi]. The price variation by + 50%
covers the expected German industry electricity price of 2030, assuming
the phase-out of coal-fired power generation [Gier]. The lower limit of -
50% is, e.g., reached by Norway, whose electricity production is mainly
based on hydropower [IEA]. The change in electricity costs affects both
the CO. electrolysis and the downstream processing. However, due to
the minor contribution of the downstream processing costs to the overall
production costs, as presented in Figure 6.3, the significant sensitivity
towards the electricity price is mainly attributed to the electrolysis process.
The electricity costs for the AEM, BPM, and CEM electrolysis processes
account for 67.5%, 63.8%, and 59.1% of the specific production costs. The
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impact of the electricity price on the AEM electrolysis process is slightly
more pronounced compared to the BPM and CEM process configurations
due to the higher share of electricity costs for the AEM electrolyzer, as
mentioned before. However, despite the significant contribution of elec-
tricity costs to the production costs of the AEM electrolysis process, the
absolute production costs are still comparatively low due to the superior
energetics of the electrolyzer.
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Figure 6.8.: Sensitivity of the different reactor configurations for CO production
towards a change in economic parameters.

The bare module costs of the electrolyzers have been calculated based
on material costs for the main components, i.e., the electrode catalysts,
the ion exchange membrane, the housing, and the periphery. In the basic
scenario, the costs are calculated to 1 050 €/m? for the AEM, 780 €/m?
for the BPM, and 1 030 €/m? for the CEM electrolyzer configuration.
These costs are in a comparable range to those reported in the literature
[Verm2016a; Li2016; Joun2018]. When varying the bare module costs
between -30% and +30%, the specific production costs respond nearly
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linearly to the change, as shown in Figure 6.8. The CEM electrolyzer
process configuration shows the highest sensitivity toward electrolyzer
investment costs. Intuitively, an increase in electrolysis capital costs
would be compensated by decreasing the electrode area. That, in turn,
increases the current density of the electrolyzer to maintain the desired
production capacity of the plant. Such a relationship can be seen for the
AEM electrolyzer in Figure A.8, where the change in the bare module
costs is compensated by the change in electricity costs due to the variation
of the operation point, i.e., the current density. Consequently, the specific
production costs show negligible sensitivity to the capital costs of the
electrolyzer. However, due to the poor energetics of the CEM electrolyzer,
the electrode area and the current density are only varied slightly by
the optimizer for a change in bare module costs. Therefore, the capital
expenditures for the electrolysis are only partially balanced, leading to
higher and lower production costs when increasing and decreasing the
bare module costs, respectively.

The sensitivity of specific production costs towards the CO. price and
the CO, emission costs behave similarly. Production costs using the
BPM and CEM electrolyzer exhibit a nearly linear change. The impact of
the CO, price is more pronounced than the one of CO» emission costs
because of the larger contribution to the overall production costs, as shown
in Figure 6.3. The optimizer does not vary the operation point of the elec-
trolyzer for the different scenarios in both sensitivity parameters. However,
an increase in the CO, price or the CO, emission costs increases the
overall CO, utilization rate, meaning less loss of CO» in the downstream
processing. The CO; utilization rate is the share of CO, in the feed gas
that is converted to the final product CO. Between the worst case scenario
and the best case scenario of the CO» price, the CO- utilization rate varies
between 90% - 85% for the BPM and 87% - 81% for the CEM electrolyzer
(same values for the CO, emission costs). The change in utilization rate
is mainly attributed to the amount of CO» that is lead out in the permeate
stream of the first gas permeation membrane step. When increasing the
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CO, price or the CO» emission costs, the membrane is scaled down by the
optimizer, and so is the CO; flux through the membrane. The non-linear
trend in the AEM electrolysis process toward the CO, price and the CO»
emission costs is attributed to a change in the process flowsheet: At a
certain point for decreasing CO. prices and CO, emission costs, the an-
odic off-gas is not separated anymore but emitted to the environment. The
change in treating the off-gas leads to a more pronounced decrease in the
CO production costs because additional costs for the anodic downstream
processing are omitted.

The electrolysis process contributes most to the overall process cost and
reacts most sensitively to changes in economic parameters. Hence, further
optimization of the electrolyzers is required. Figure 6.9 therefore shows
how the change of relevant technical electrolysis parameters influences
process economics.
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Figure 6.9.: Sensitivity of the different reactor configurations for CO production
towards a change in technical parameters of the electrolyzer.

In the sensitivity study of the cell voltage, the output data of the re-
gression models, i.e., the polarization plots, are shifted by +/- 40% from
the base case scenario plots. The cell voltage significantly influences
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the CO production costs. The expenditures for electricity consumption of
the electrolyzer are the main contributor to the specific production costs.
Furthermore, cell voltage variations solely affect the operation of the
electrolyzer but not the downstream processing when keeping the product
requirements constant. Therefore, the sensitivity trend in the tornado chart
towards the cell voltage is fairly linear. Moreover, due to the high share
of electricity costs for electrolysis in the production costs with the AEM
electrolyzer process, the change in cell voltage shows a more pronounced
influence. The operation point of the AEM electrolyzer changes from
230 mAcm™2 (3 V) to 405 mAcm™2 (1.9 V) and 158 mAcm™2 (4 V) in
the best and worst case scenarios, respectively. Thereby, the electricity
demand increases from the best to the worst case scenario from 38 MW to
80 MW, and the electrode size increases from 5 000 m? to 12 800 m?.

The CEM electrolyzer process shows the lowest sensitivity towards a
change in Faradaic efficiency for CO. Even though in the best-case sce-
nario, the CEM electrolyzer is allowed to operate at a point with Faradaic
efficiencies for CO of up to 89% at current densities below 40 mA cm™2, the
operation point of the electrolyzer is not varied significantly from the basic
scenario (58 mAcm™2 and 82% Faradaic efficiency for CO). In the worst
and best case scenarios, the current density of the electrolyzer is optimized
to 55 mAcm™2 (79% Faradaic efficiency for CO) and 61 mAcm™2 (85%
Faradaic efficiency for CO), respectively. Thus, mostly energetics but also
capital costs of the electrolyzer determine the operation point even when
the Faradaic efficiency is improved.

In contrast, the AEM and BPM electrolysis processes are more susceptible
to variations in the Faradaic efficiency. It must be noted that for the
AEM and BPM electrolyzer, an increase of the Faradaic efficiency by
approx. 5% and 12% already lead to an efficiency of 100%, resulting in
a nonlinear trend in the tornado charts. For the BPM electrolyzer, e.g.,
the operation point is optimized to 70 mA cm™2 (71% Faradaic efficiency
for CO) and 111 mAcm™2 (100% Faradaic efficiency for CO) in the worst
and best case scenario, respectively. In the worst case scenario, the
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current density is not changed significantly compared to the base case
scenario (68 mAcm™2 and 89% Faradaic efficiency) as higher current
densities would lead to even lower Faradaic efficiencies and also higher
cell voltages. However, larger electrode areas are needed at the lower
current density to achieve the required production capacity. Hence, the
energy demand of the electrolyzer increases from 60 MW in the base case
to 75 MW in the worst case. The expenses for the downstream processing
also increase between the base and worst scenarios by 44%. At large, the
increase in electrolysis and separation costs leads to the strong influence
of Faradaic efficiency on production costs. Consequently, improvements
in mass transport of CO» to the catalyst sites and suppression of the HER
in BPM electrolyzers, by, e.g., modification of the gas diffusion electrode
using functional ionomers as presented by De Arquer et al. [De A2020],
could improve the process economics. Most AEM electrolyzers reported
in the literature already reach high Faradaic efficiencies for CO production
because of the alkaline environment at the cathode and the resulting
absence of H" ions [Liu2018; Yin2019; Larr2019; Xu2021]. The strong
sensitivity when decreasing the Faradaic efficiency, however, underlines
the importance of investigating and optimizing long-term stability in AEM
electrolyzers to maintain a constant operating point. Xu et al. [Xu2021],
e.g., presented a self-cleaning strategy by periodic operation of the
electrolyzer and were able to operate at constant Faradaic efficiency for
more than 157 h. Furthermore, Petrov et al. [Petr2022] showed that
casting membranes with internal micro channels significantly improves
water management and potassium crossover, increasing energy efficiency
and long-term stability of CO» electrolyzers.

The per-pass conversion of COz to CO is 20% in the base case scenario
and is varied between 30% (+ 50%) and 10% (- 50%). The variation of
the per-pass conversion causes a non-linear change in specific production
costs with a more pronounced sensitivity to a decrease in the per-pass
conversion than an increase. The lower per-pass conversion leads to a
dilution of the cathodic gas stream and, when keeping the desired produc-
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tion capacity constant, also to a larger gas flow rate in the downstream
processing. The electrolyzer is not scaled, and the optimizer does not
change the operating point when varying the per-pass conversion. Thus,
the elevated specific production costs are mainly attributed to increased
energy consumption in the compression and larger gas permeation mem-
brane areas to separate CO,. For the AEM electrolyzer, e.g., the share of
costs for downstream processing in the overall production costs increases
from 16% to 22% when changing the CO, per-pass conversion from 20%
to 10%. Additionally, the CO, utilization rate decreases for the lowest
per-pass conversion, e.g., from 85% to 73% for the CEM electrolyzer.
Thus, larger expenditures for CO, emissions and replenishment need to
be considered for lower CO, per-pass conversions.

Interestingly, an increase in the per-pass conversion to state-of-the-art val-
ues of around 20-30% reported by different groups [Jean2018; Bhar2020;
Jeng2020] does not significantly improve the specific production costs.
This is because when increasing the per-pass conversion, less uncon-
verted CO; is in the downstream flow of the electrolyzer, thus lowering
the CO2 mole fraction and the total flow rate of the cathodic gas outlet
stream. The lower flow rate reduces the downstream processing unit
sizes, whereas the lower partial pressure of CO» in the downstream needs
to be compensated by an increase in compression ratio to maintain a
sufficient driving force for gas permeation. As the compressor is the
main cost driver in the downstream processing, the trade-off between
unit size and compression ratio mainly causes the non-linear behavior
in Figure 6.9 when changing the per-pass conversion. To overcome this
trend, alternative technologies for gas purification could be considered,
e.g., absorption and adsorption.

The sensitivity toward the per-pass conversion is similar for all three
electrolyzer configurations but with a slightly lower amplitude for the CEM
electrolyzer due to a lower share of downstream processing costs in
the production costs. |t must be mentioned that a change in per-pass
conversion is assumed not to affect the electrolysis process. However,
in real systems, the per-pass conversion results from many influencing
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factors, e.g., the CO, feed flow rate and composition, the electrolyte,
the structure and composition of the gas diffusion electrode, and the
temperature and pressure. Thus, changes in these parameters would
also affect the operation of the electrolyzer and, therefore, expendi-
tures for electrolysis. Furthermore, Jeng et al. [Jeng2020] showed that
increasing the per-pass conversion by decreasing the CO, feed flow
rate also increases the fraction of CO. being converted to carbonates.
Thus, increased costs for the anodic downstream processing are expected.

In summary, the sensitivity study highlights three major influencing fac-
tors on the economics of the CO»-t0-CO electrolysis process: the elec-
tricity price, the cell voltage, and the Faradaic efficiency. Therefore, the
future development in CO- electrolysis process needs to focus on decreas-
ing the electricity demand of the electrolyzer as well as improving the re-
actant mass transport. The AEM electrolyzer configuration already shows
promising results due to the energetically efficient zero-gap cell design and
the favorable conditions at the electrode. However, a major obstacle often
associated with the application of AEMs in CO. electrolysis is the HCO3™~
and CO3°~ crossover, which leads to the evolution of CO; at the anode
side [Rabi2020; Blom2021]. Therefore, the following section deals with this
subject in more detail.

6.3.3. CO; crossover in AEM electrolyzers

The specific production costs in Figure 6.10 are the lowest for a CO2:0;
ratio of 0:1, at which no CO, evolves at the anode and no purification
of the anodic off-gas or expenditure for CO, emission costs is required.
The costs increase by approx. 8.5% when CO3®~ becomes the dominant
permeating species, indicating that the expenditures for the anodic down-
stream processing do not contribute significantly to the overall process
costs, as mentioned before. When the CO»:0, ratio changes from 2:1 to
4:1 for HCO3™~ crossover, the specific production costs do not increase
significantly. In the anodic downstream processing, CO is concentrated
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in the permeate of the two-step membrane gas permeation process.
As gas permeation is a partial pressure-driven process, increasing the
concentration of the faster-permeating component in the feed results in a
higher driving force for separation. Hence, the expenditures for purification
of the anodic off-gas only increase slightly because of the higher flow rate
of CO,, which evolves at the anode. Simultaneously, the CO, utilization
of the overall process decreases from 92% to 79% and 75% when CO3z%~
and HCO3~ become the dominant permeating species in the AEM.
Therefore, the lower CO, utilization for the case of CO, evolution at the
anode is attributed to the higher loss of CO, in the anodic downstream
processing. In summary, CO, pumping does not significantly impair
the economics of the AEM-based process. Also, the loss of COs in the
anodic off-gas is beneficial even for the highest CO,:0, ratio. Moreover,
the recovery of gaseous CO; from CO3*~ and HCO;~ crossed over the
AEM implies an additional advantage over the BPM and CEM electrolyzers.

Rabinowitz et al. [Rabi2020] discuss the problem of CO, loss via
carbonate formation in low-temperature CO, electrolysis. The energy
needed to regenerate CO, from COs?~ in the liquid electrolyte is ide-
ally 56 kdJmolcoz~" (JAGP)), but realistically >230 kJ molcos ™' [Rabi2020;
Keit2018]. For the BPM and CEM electrolyzer, where CO32~ is transported
out of the electrolyzer in the catholyte outlet, the additional energy penalty
for regeneration of CO, from CO3s?~ needs to be considered. In the AEM
electrolyzer, CO3°~ is assumed to be the dominant ion transferring across
the ion exchange membrane in the considered current density range and for
long operation times [Larr2019; Ma2020a]. CO3?~ is protonated to CO, at
the anode and leaves the electrolyzer. As more than 80% of the CO, evolv-
ing at the anode is recycled to the cathode, CO3®~ is thereby indirectly re-
generated. However, an additional energy penalty needs to be considered
for the protonation of CO3®~ at the anode side, which leads to a shift in pH
and, thus, an increase in the OER overpotential [Parr2014]. The increased
overpotential is already included in the experimental data, which is used to
fit the regression model of the electrolyzer. The energy required to sepa-
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Figure 6.10.: Specific production costs and CO. utilization rate for an AEM elec-
trolyzer and the production of CO at different CO,:0. ratios in the anodic off-gas.
The different CO,:0, ratios result from the crossover of either OH™, CO32~, or
HCO;™.

rate CO» from O in the anodic off-gas using membrane gas permeation is
calculated to be 22 kJmolcoz~'. Table 6.3 compares the specific energy
demand for the separation of CO, and O3 to the literature. The thermody-
namically required energy for separating the gas mixture is 2.3 kd molcoz ™.
Alerte et al. [Aler2021] report a value of 2 501 kJ molcoz~" for the anode
gas separation using amine absorption. The enormous energy demand
results from the high heating duty in the amine regeneration. Therefore,
amine scrubbing might not be a suitable technology for the anodic off-gas
separation because (1) it is usually not applied for CO, fractions >25%
and (2) certain amines tend to degrade when brought in contact with O
[Roch2009; Lepa2011]. Shin et al. [Shin2021] employed pressure swing
adsorption for the separation of a 1:1 mixture of CO, and O,. Their shortcut
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calculation results in an energy demand of 1.3 kdJ molcoz ™" which is less
than the absolute standard Gibbs free mixing energy of 3.4 kJ molcoz ™',
calculated from Aspen Plus V11. The contradiction highlights the impor-
tance of more rigorous consideration of the separation process.

Table 6.3.: Comparison of the specific energy demand for separating the anodic
off-gas compared to literature and the ideally required Gibbs free energy of mixing.

ldeal Our work Alerte et al. Shin et al.
[Aler2021] [Shin2021]
Separation - Gas perme- Amine ab- Pressure
technology ation sorption swing  ad-
sorption
CO2:0; ratio 2:1 2:1 2:1 1:1
Energy 2.3 22.2 2 501 1.3

demand
(kd molcoz ™)

Comment Calculation  Base case Without heat Based on
in Appendix integration shortcut
calculation
method

In summary, the indirect regeneration of CO, from the electrolyte by the
ionic crossover of carbonate and subsequent separation of the anodic off-
gas using membrane gas permeation is energetically more favorable than
regenerating CO. directly from the electrolyte by, e.g., a calcination cycle
[Keit2018]. Thereby, the CO»> pumping effect is a cost saver than a cost
killer, as often described. Moreover, even higher energy efficiency and
better economics could be achieved when using a liquid-to-liquid anode re-
action without oxygen evolution, as demonstrated by Xie et al. [Xie2022b].

6.4. Conclusion

A process model was developed to optimize the electrochemical produc-
tion of CO and syngas, including downstream processing of the respective
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product gases by membrane gas permeation. This study compares the
three ion exchange membranes used in low-temperature CO» electrolysis:
anion exchange membrane, bipolar exchange membrane, and cation ex-
change membrane. The results indicate that the AEM-based electrolyzer
is best suited for CO production due to low electricity costs and capital
costs for the electrolyzer. The calculated CO production costs of around
796 €/tco are already competitive with reported market prices for CO. Most
surprisingly and against the often ascribed detriment, this work showed that
the CO, pumping effect in the AEM electrolyzer does not significantly im-
pair the economics of the process. Quite the contrary, the release of CO at
the anode and the subsequent separation and recycling using gas perme-
ation offers an efficient indirect regeneration of HCO; ™ and CO32~. Future
work, therefore, needs to focus on elucidating the energetics and long-term
stability of this operation mode. The BPM electrolyzer configuration shows
the lowest production costs for syngas with H>:CO ratios of 1:1 and 2:1,
mainly attributed to the lower costs for additional H> production from water
electrolysis. The holistic optimization reveals that the process for syngas
production is economically more promising when Hs is purchased from wa-
ter electrolysis and not co-produced with CO in the CO; electrolyzer. Thus,
electrochemical membrane reactors for CO, reduction to CO need to be op-
timized for the selective synthesis of CO and not for the co-electrolysis to
syngas. This finding is also supported by the strong sensitivity of production
costs to changes in Faradaic efficiency, as demonstrated in the sensitivity
study. Moreover, the results highlight membrane-based gas separation as a
suitable technology for downstream processing in electrochemical CO;-to-
CO conversion. The low costs of polymeric membrane modules, the variety
of selective membrane materials, and the flexibility in flowsheet design offer
advantages compared to other conventional separation technologies.
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Chapter 7. Conclusion and Outlook

Electrochemical CO, reduction plays a crucial role in mitigating climate

change by converting carbon dioxide into valuable products, offering a sus-
tainable approach to reducing greenhouse gas emissions. This technol-
ogy holds the potential to create a closed-loop carbon cycle, enabling the
production of clean fuels and chemicals while simultaneously reducing the
reliance on fossil fuels.
Within this work, mathematical modeling of electrochemical CO. reduction
has been applied on different length scales of the process to identify its
current bottlenecks for industrial realization and derive pathways to over-
come these hurdles. Referring to the sub-questions derived in Chapter 1,
the following answers can be concluded from this thesis:

Sub-question no. 1:
How to control the local electrode environment to
improve conditions for electrochemical CO, reduction?

Sub-question no. 1 was approached by implementing a one-dimensional
transient model of the boundary layer at a planar plate electrode accounting
for species size-dependent transport in the domain. Two important control
knobs were investigated to steer activity and selectivity of the electrochem-
ical CO» reduction to CO, i.e., the boundary layer thickness and the elec-
trolyte concentration. Decreasing the boundary layer thickness by improv-
ing the hydrodynamics at the electrode significantly improves the reduction
rate of CO, due to enhanced reactant mass transport. Interestingly, the
effect on removing of CO3?~ and HCO3~ with improved hydrodynamics is
less pronounced. The simulation results also highlight the importance of
modulating the electrolyte concentration. On the one hand, high KHCO3
concentrations reduce the cathodic overpotential and help to buffer the pH
in the boundary layer, thus improving the electrochemical CO» conversion.
However, high electrolyte concentrations also pose a risk for salt precipita-
tion due to CO3%~ and HCO3 ™ at the electrode vicinity. The concentration
of K* at the electrode surface, which has a beneficial effect on the CO» re-
duction reaction, was found to be independent of the KHCO3 concentration
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within the studied regime. The reported model allows for an accurate rep-
resentation and investigation of mass transport and reaction phenomena
happening in the near-electrode environment but also raises the need for
more advanced electrode structures.

Sub-question no. 2:
How to exploit the advantages of gas diffusion electrodes
in CO, electrolysis?

To tackle this question, a one-dimensional steady-state gas diffusion
electrode (GDE) model was developed to analyze the electrochemical re-
duction of CO» to CO in a continuous flow-through reactor. The model con-
siders various aspects such as gas diffusion, electrolyte properties, elec-
trode wetting, flow conditions, mass transport, and electrochemical reac-
tions. The simulations reveal that increasing the concentration of KHCO3
electrolyte improves the CO, reduction process by enhancing ionic con-
ductivity and buffering of OH™ ions. High electrolyte flow rates facilitate
carbonate ion removal, reducing the risk of salt precipitation. The gas flow
rate affects diffusion and helps to overcome solubility limitations of CO»,
with a trade-off between CO production rate and product purity. The poros-
ity and catalyst loading of the cathode influence gas-phase transport and
COs reduction, emphasizing the importance of optimal design. The insights
gained from this study can contribute to the advancement and commercial-
ization of CO, reduction processes by guiding operation improvements and
electrode structure tailoring.

Sub-question no. 3:
How to model industrial scale electrolyzers and optimize
their operation?

To address sub-question no. 3, a multi-scale modeling approach was
developed. This proof of concept study demonstrates the use of artificial
neural networks (ANNSs) to efficiently model electrolyzer components for
electrochemical CO; reduction at a relevant scale. By training an ANN
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with data generated from a comprehensive continuum GDE model, the
ANN successfully mimics the behavior of the GDE. Notably, the concen-
tration of CO5 in the bulk electrolyte increases along the channel height
but reaches a stagnation point due to a declining driving force for gas-to-
electrolyte mass transport. The partial pressure gradient along the gas
channel is more prominent at elevated potentials with increased CO, con-
sumption rates. Enhancing the gas flow rate can improve mass transport
from the gas phase to the catalyst sites. However, optimizing mass trans-
port in large-scale electrolyzers should consider downstream separation
efforts for cost optimization.

Sub-question no. 4:
What is the optimal process design and operating point
of CO; electrolysis from a holistic perspective?

A process model was developed to optimize the electrochemical produc-
tion of CO and syngas, with downstream processing using membrane gas
permeation. The study compares three ion exchange membranes (anion
exchange (AEM), bipolar (BPM), and cation exchange membrane (CEM))
for low-temperature CO> electrolysis. The results indicate that AEM-based
electrolyzers are best suited for CO production due to low electricity and
capital costs, with competitive CO production costs. The pumping effect
of CO» in the AEM electrolyzer does not significantly affect the process
economics; instead, it offers efficient regeneration of HCO3~ and CO52".
Further research should, therefore, focus on the energetics and long-term
stability of this operation mode. The BPM electrolyzer configuration
shows the lowest production costs for syngas production, primarily due
to lower costs for additional Hy production from water electrolysis. The
optimization reveals that purchasing Ho from water electrolysis, rather than
co-producing it with CO in the CO, electrolyzer, is more economically
promising. Hence, electrochemical membrane reactors for CO, reduction
should be optimized for selective CO synthesis rather than co-electrolysis
to syngas. Membrane-based gas separation is highlighted as a suitable
technology for downstream processing, offering advantages in terms of
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cost, variety of materials, and flexibility in design compared to conventional
separation technologies.

This thesis highlights the importance of investigating and optimizing CO»
electrolysis from a multi-scale and holistic point of view. With local reaction
phenomena and charge transport processes at the electrode surface affect-
ing mass transport within the electrode and the spatial reactant and product
distribution in the electrolyzer and vice versa, interrelated multi-scale mod-
eling approaches are necessary to get a comprehensive understanding of
electrochemical CO; reduction. Furthermore, the profitability of the process
not only depends on the electrolysis process but also its interplay with up-
and downstream processing. Hence, process design and operation need
to be assessed holistically. Therefore, future work needs to combine the
presented models in this thesis to integrate the different length scales and
parts of the electrochemical conversion process. Data-driven approaches,
as introduced in Chapter 5, offer an efficient way to develop more compre-
hensive models for CO. electrolysis and should be pursued.
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A. Appendix

Modeling and simulation parameters

Table A.1.: Modeling and simulation parameters used in modeling the electric dou-
ble layer in Chapter 3.

Symbol Value Unit Ref.
Global conditions
T 298.15 K -
Pco;,gas 1 bar -
CKHCO; 0.1 M -
Charge transfer reactions
lo.co 45.1073 Am-2 -
o.H, 3.0-10°38 Am-—2 -
aco 0.68 - -
o, 0.41 — -
E%, —-0.51 VVvsSHE [Newm2004]
EE,2 -0.4 VVvsSHE [Newm?2004]
EPZC -0.6 VvsSHE
Electrolyte reactions
ki f 6.0- 106 mol~'m3s—1 [Burd2017]
ko f 2.23 mol~'m3s~1 [Burd2017]
ks f 2.4.10°2 molm—3 s~

[Sing2017;

Sing2015;

Atki2014]
kib 1.07 - 106 s [Burd2017]
kob 5.23-10°° s [Burd2017]
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kab 2.4.10° mol-'m3 s~

[Sing2017;

Sing2015;

Atki2014]
Diffusion coefficients
Dco, 1.91.1079 m2 s~ [Newm2004]
Dy- 1.957-10° m2 s~ [Newm2004]
Dy 9.311-10°9 m2 s~ [Newm?2004]
Doy- 5.273-1079 m? s~ [Newm2004]
Drico; 1.185.1079 m2 s~ [Newm2004]
Deoe 0.923.10-° m2 s~ [Newm2004]
Solvation sizes
aco, 0.23.10-9 m [Bohr2019]
a- 0.662-10~9 m [Nigh1959]
ap 0.56-107° m [Nigh1959]
Ao 0.6-10-° m [Nigh1959]
arico; 0.8-10-° m [Bohr2019]
Acos- 0.788 - 109 m [Nigh1959]
an,0 0.3-10°° m [Nigh1959]
Hydration numbers
Wi+ 4 - [Bock1972;

Bock1998]
7 10 — [Bock1972;
Bock1998]

Sechenov’s constants
hee, -0.0172 m3kmol~' [Weis1996]
hgoz —0.000338 m3kmol~" [Weis1996]
hy- 0.0922 m3kmol~! [Weis1996]
how- 0.0839 m3kmol—! [Weis1996]
Pricos 0.0967 m3kmol - [Weis1996]
hcogf 0.1423 m3kmol—! [Weis1996]
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Table A.2.: Modeling and simulation parameters used in modeling a GDE in Chap-

ter 4.

Symbol Value Unit Ref.
Operating conditions

T 298.15 K -

Pcc 1 atm -

9ec 15.5 ml min—' -

9ce 70 sccm -

Yin,co, 0.95 - -

Reactor geometry

Le 0.05 m [Verm2016b]
de 0.02 m [Verm2016b]
Wee 1.5.1074 m [Verm2016b; Whip2010a]
WRef 0.75-10* m [Verm2016b; Whip2010a]
Wge 3.104 m -

GDE properties

Lpwm 325 pm [EI-K2014]
Loy 3 pm Eqgn. 4.28
Mioading 2 mg cm—2 [Verm2016b]
dag 100 nm [Verm2016b]
PAg 10490 kgm—3  [RL2003]
dp.cL 35 nm -

dp.om 1467 nm [EI-K2014]
€cL 0.32 - -

€DM 0.6 — [Jhon2012]
ag’f{l 176 Sm™’ -

0s.DM 272.5 Sm-’ [EI-K2014]
S 0.64 - [Zeny2016]
Charge transfer reactions

E%, —-0.11 VvsSHE [Newm2004]
Ep, 0 VvsSHE [Newm2004]
Io.co 248-102 Am™2 -

iO,H2 1.8-10~% Am2
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aco 0.16 - -

aH, 0.13 — -
Electrolyte reactions

K, 10-6:37 M [Schu2006]
K, 10-1025 M [Schu2006]
Ka 4.3.107 M- [Schu2006]
Ky 5.6-10° M- [Schu2006]
Ky 1014 M2 [Schu2006]
ki 3.71.102 s [Schu2006]
ko 59.44 s [Schu2006]
ks 418.108 M-'s' [Schu2006]
Ka 6-10° M-1s-1  [Schu2006]
Kw 1.4.1073 Ms—? [Schu2006]
Diffusion coefficients

Dco, 1.91.107°% m2s! [Newm2004]
Dy- 1.957-107° m?s’ [Newm?2004]
Dy- 9.311-10° m2s! [Newm?2004]
Doy- 5.273-10° m?s-! [Newm2004]
Duco, ~ 1.185-1079 m2s'  [Newm2004]
Do 0.923-10° m?s~'  [Newm2004]

Dco, co 1.67-10° m2s ' -
Dco, 14, 6.83-10° m2s ! -
Dco, 1o 2.18-10°5 m2s 1 -
Dco-py, 7.96-107° m2s! -

DCO—HQO 2.67-10°° m2 s~ -
n DHg—HgO 9.43.10°° m2 s~ -

Table A.3.: Modeling and simulation parameters for the holistic process optimiza-
tion in the base case scenario in Chapter 6.

Parameter Value Unit Reference
Molar heat capacity kJkmol~" K~ [Dean1999]
Hydrogen 28.84
Carbon monoxide 29.14
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Carbon dioxide
Oxygen

Molar mass
Hydrogen

Carbon monoxide
Carbon dioxide
Oxygen

Membranes
Polyimide permeability
Hydrogen

Carbon monoxide
Carbon dioxide
Pebax permeability
Hydrogen

Carbon monoxide
Carbon dioxide
Oxygen

Matrimid permeability
Hydrogen

Carbon monoxide
Carbon dioxide
PRISM permeability
Hydrogen

Carbon monoxide
Carbon dioxide
Membrane
Membrane cost
Membrane thickness
Membrane lifetime

Compressor
Polytrophic exponent
Efficiency

37.13
29.38

2.016
28.01
44.01
31.998

50

13

32.11
1.39
55.85
4.69

13.53
3.46
0.25

14
5.6
0.25

50
0.5

1.4
95

gmol ™’

barrer

barrer

barrer

barrer

£€m-
Hm

%

[Alga2017]

[Mura2010]

[Davi2011]

[Aitk1992]

[Zhao2009]
[Zhao2009;

He2009]

[Camp2000]
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Scaling of compressor
Reference cost

Reference power

Scaling exponent

Material and pressure fac-
tor

Module factor

Electrolyzer

Conversion ratio

Stack cost

Anion exchange mem-
brane (AEM)

Faraday efficiency CO
Max. current density
Cathode Ag loading

Anode IrO; loading

Cation exchange mem-
brane (CEM)

Max current density
Cathode Ag loading

Anode IrO; loading

Bipolar membrane

Max. current density
Cathode Ag loading

Anode Ni-Foam loading
Catalytic membrane life-
time

Catalyst cost

Silver (Ag)

Iridium dioxide (IrO>)
Nickel (Ni)

Capacity method with de-
gression exponent
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23000
100
0.77
2.9

3.11

20
454

95
520
20
20

160
50
20

200
15
346
2.5

0.685
7.726
0.01294

[Bieg1997]
$
Hp
%
€m? [Inst2013]
% [Liu2018]
mAcm 2 [Liu2018]
gm™2 [Liu2018]
gm™2 [Liu2018]
[Venn2019a]
mAcm ™2
gm™2
gm~2
[Salv2017]
mAcm ™2
gm~?
gm~2
a [Spdr2017]
€g™!
[Boera]
[Molb]
[Boerb]



Fumapem F14100
Fumapem F14100
Battelle 25 kW

Battelle 25 kW

Sustainion X37-50
Sustainion X37-50
Fumatech FBM
Fumatech FBM
Degression exponent
Cost updating factor

1969

2019

Cost update factor

Price of utility j

Electricity

Carbon dioxide (Flue gas)
Carbon dioxide (Air cap-
ture)

Hydrogen

Carbon dioxide emission
cost

2020

2025

Miscellaneous

USD to conversion ration

Annual operating hour
Annualized  depreciation
factor

Project lifetime

Interest rate

Factor for total investment
cost

246

0.06
2656340
4240
221
0.0644
190

0.06
0.83175

119

607.5

5.105

0.09

25

50

1250.6

25

55

0.8971

8000

0.102

20

1.2

$ [Fuelb]

m? [Fuelb]

$ [Inst2013]

m? [Inst2013]

$ [Diox]

m? [Diox]

$ [Fuela]

m? [Fuela]
[Vata2002]
[Scot2020]

€ kwh™! [BMVi]

$t! [Zimm2017]

$t [Zimm2017]

$t [EI-E2019]

€t [Die 2019]

€4

h

a

%
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Factor for fixed operating 0.025 a
cost

Regression models of electrolysis processes

AEM electrolyzer [Liu2018]

FEo[%] = 95 (A1)
VIV] = 0.31/n(j{mA cm~2]) +1.27 (A.2)

BPM electrolyzer [Salv2017]

FEco[%] = 2.36 - 1078(j[mA cm~2])® — 2.39 - 103(jlmA cm~2])2
+2.19.1071(jlmA cm2]) + 84.78
V[V] = 1.60([mA cm~2])°13 (A.4)

CEM electrolyzer [Venn2019a]

FEp,[%] = 4.50 - 10-3(lmA cm2])2 — 2.65 - 10" (jlmA cm™2]) + 18.06
(A.5)

V[V] = 1.85([mA cm~2])°-'2 (A.6)

Calculation of standard Gibbs free energy of mixing

The absolute Gibbs free energy of mixing is calculated from Aspen Plus
V11, using the Peng-Robinson property method.

0 0 0
= AHmix - T ASmix

AGP

mix

(A.7)

AHO

mix

= HYy - Y xiH? (A.8)

156



0 0 0
ASpiy = Spix — Z XS

(A.9)

Table A.4.: Values for the calculation of the absolute Gibbs free energy for the 2:1
and 1:1 (CO,:0,) mixture taken from Aspen Plus V11.

Parameter Value Unit

H?,, -186.80  kJ mol-!

HY, -253.14 kJ mol~!

H802 -381.92  kJ mol~!

ng 8.31 kJ mol~1

S 0.031  kd mol~1 K-

S 0.032 kJ mol-' K1

Sgoz 0.030 kJ mol~! K-

SOO2 0.0058 kJ mol~1 K1
Component HHV; [MJ kg~"] Reference
Carbon monoxide 10.11 [Lins2005]
Hydrogen 141.7 [Lins2005]

Table A.5.: Higher heating values of the product gases.

Supporting results
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Figure A.1.: Averaged concentration of dissolved CO. in the CL on the left axis
and averaged CO, fraction at the CL-GDL interface as a function of the excess
rate at an applied cathode potential of -1.8 V vs SHE and 1.0 M KHCOj solution
for the case of a CO; inlet fraction of 50 % and 95 %.
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Neog = 406 kmol/h

T:

J =70 mA/cm?
FEco =89 % -
s V=28V N =1 838 kmol/h
% A=30830 m?
_ Polyimide PEBAX
Ap = 9.7 bar A= 2660 m? A= 55 424 m?

A 4

N = 364 kmol/h
) > Xco = 98 mol-%
N =2 287 kmol/h Xpp = 2 mol-%

Xco = 21 mol-%
Xy = 17 mol-%

L
N = 84 kmol/h N = 1 838 kmol/h
Xco = 0 mol-% Xco = 6 mol-%
Xppo = 44 mol-% Xppp = 18 mol-%

Figure A.2.: Flowsheet of electrochemical CO production using a BPM elec-
trolyzer for the base case scenario. The water removal unit is not considered
in the flowsheet as only the costs for water removal were taken into account.

Neog = 421 kmol/h

T:

J = 58 mA/cm?
FEco =82 % .
s V=30V N = 1961 kmol/h
L -
! A= 40 586 m?
. Polyimide PEBAX
Ap =8.9 bar A= 3661 m? A= 57 551 m?

N =364 kmol/h
. > > Xco = 98 mol-%
N =2 459 kmol/h X = 2 mol-%

Xco = 19 mol-%
Xpp = 22 mol-%

L »
N = 134 kmol/h N = 1961 kmol/h
Xco = 1 mol-% Xco = 6 mol-%
Xypp = 53 mol-% Xpp = 24 mol-%

Figure A.3.: Flowsheet of electrochemical CO production using a CEM elec-
trolyzer for the base case scenario. The water removal unit is not considered
in the flowsheet as only the costs for water removal were taken into account.
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Neoy = 221 kmol/h

>0 <

J =248 mA/cm?
N = 154 kmol/h s FEco =95 % '
Xco2 = 98 mol-% |;|EJ V=30V N =680 kmol/h
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N = 280 kmol/h N = 875 kmol/h
Xcoz = 67 mol-% Xco = 24 mol-%
= -0/ = 0, .
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m Xop = 5 M0l-% N = 362 kmolth
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DSP | -

l

Xpp = 49 mol-%

N =126 kmol/h N =680 kmol/h Ny, = 168 kmol/h
H2

Xcoz = 72 mol-% Xco = 5 mol-%

Xoz = 28 mol-% Xpp = 19 mol-%

Figure A.4.: Flowsheet of electrochemical syngas (ratio 1:1) production using a
AEM electrolyzer for the base case scenario. The water removal unit is not consid-
ered in the flowsheet as only the costs for water removal were taken into account.
The anodic DSP is only shown as a block because it is not modeled rigorously in
the overall process flowsheet but considered as a surrogate model.

Ncoz = 185 kmol/h

T:

J =66 mA/cm?
FEco = 80 % -
= V=31V N = 1469 kmolh
i A=18092 m?
O
_ PEBAX N = 230 kmol/h
Ap = 5.6 bar A=43333m? Xco = 77 mol-%

Xy =20mol-% N =362 kmol/h
. ®—> x.o =49 mol-%
N =1 698 kmol/h 4 Xup = 49 mol-%

Xco = 12 mol-%
Xyp = 46 mol-%

N = 1469 kmol/h
Xco = 2 mol-% )
X2 = 50 mol-% Ny, = 131 kmol/h

Figure A.5.: Flowsheet of electrochemical syngas (ratio 1:1) production using a
CEM electrolyzer for the base case scenario. The water removal unit is not consid-
ered in the flowsheet as only the costs for water removal were taken into account.
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Figure A.6.: Flowsheet of electrochemical syngas (ratio 2:1) production using a
AEM electrolyzer for the base case scenario. The water removal unit is not consid-
ered in the flowsheet as only the costs for water removal were taken into account.
The anodic DSP is only shown as a block because it is not modeled rigorously in
the overall process flowsheet but considered as a surrogate model.
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T:
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Figure A.7.: Flowsheet of electrochemical syngas (ratio 2:1) production using a
CEM electrolyzer for the base case scenario. The water removal unit is not consid-
ered in the flowsheet as only the costs for water removal were taken into account.
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